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ABSTRACT 
 
Co-produced water re-injection is a mature recovery technique for oil fields. Co-produced 
water that is not re-injected is the largest wastage stream in the oil industry. Handling, 
treatment and management (especially re-injection back into the reservoir) is an expensive 
operation. PWRI is a secondary oil recovery method with a small recovery factor in the range 
of 15-25% and contributes to many surface and subsurface issues, e.g., scaling and reservoir 
plugging, resulting in the decline of water injectivity, and thus lower oil recovery. This 
reduction, of course, impinges significantly on the revenue stream of major oil corporations.   
However, low-salinity (LowSal) water injection is an emerging method that boosts oil recovery 
by reducing the downsides of produced water re-injection. Using forward osmosis to produce 
low-salinity water for injection is a novel idea, in which the co-produced water will be the 
draw solution. In this concept, low-salinity water from water wells (brackish water) is used as 
the feed to dilute the co-produced water. The diluted co-produced water will then be re-injected 
as LowSal water. The obviously cheaper alternative of direct dilution of the co-produced water 
with the brackish water might not produce a water compatible with the oil reservoir in both 
ionic composition and strength.  
Data have been collected from different oil fields with various co-produced water and 
formation characteristics. Different co-produced water treatments were observed in each oil 
field due to differences in co-produced water chemistry. The water sample for analysis were 
tanken at the skim tanks prior to the water injection stage. 
A theoretical resistance-in-series model for the forward osmosis stage is presented, which has 
been adapted from the literature, which incorporates the mass transfer equations, in which the 
boundary layer and thin-film theory for the membrane intrinsic layers are integrated. An 
improved shell mass transfer correlation is introduced in addition to the incorporation of a 
modified reflection coefficient into the resistance-in-series model. The collected data were then 
incorporated into the theoretical model to calculate and evaluate the forward osmosis 
performance and, in turn, the water chemistry before re-injection.   
An forward osmosis rig has been erected to use the latest hollow fibre membrane supplied by 
the Toyobo Company (Japan). Water and solute flux were measured to validate the model 
estimations. The model estimated results were at 95% confidence to the measured values. 
 iii 
 
Analytical investigations (ion analysis) for the membrane filtrate at various flowrates and 
applied pressures were performed to determine the forward osmosis filtrate ion composition. 
The FO filtrate compositions were then simulated using ScaleChem studio software from OLI 
for scaling tendency. The software predicted a remarkable reduction in the scaling tendency in 
the injection water infrastructure (including the oil reservoir) and by more than 50% compared 
to conventional co-produced water re-injection. 
Parallel to the ScaleChem predictions, the FO filtrate water was experimentally investigated 
for scaling using the Differential Scaling Loop rig, in a third-party lab. The DSL results are in 
good agreement with the ScaleChem predictions. The experimental scaling tendency results 
show that the injection of forward osmosis filtrate has the minimum occurrence of scaling both 
in the surface and subsurface.  
This new concept to produce LowSal produced water re-injection has the potential to improve 
oil recovery by minimizing the oil reservoir plugging due to scaling. 
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CHAPTER 1. INTRODUCTION 
1.1 Background on Co-produced Water Injection  
In the US, co-produced water accounts for 98% of the total produced water in oil and gas 
exploration and production industry (Arnold et al., 2004), and about 95% of the total re-
injected water is sourced from mature oil fields (Kaur et al., 2009). These oil fields are 
responsible for more than 60% of the total injected water in the world (Fakhru’l-Razi et al., 
2009). Co-produced water re-injection is a secondary oil recovery technique with an oil 
recovery limitation of about 15-20% recovery factor. This technique has associated drawbacks 
such as: 
➢ Surface and subsurface scale formation (Dahab et al., 1992; van den Hoek et al., 
1996; Moghadasi et al., 2002) leading to oil reservoir permeability and injectivity 
decline (Sullivan, 2007; Rousseau et al., 2008) 
➢ Reservoir pore plugging (i.e. cake filter formation) as a result of suspended solids/ 
scale particles in the injected water   (Mungan, 1965; Rousseau et al., 2007; Buret et 
al., 2008; Rousseau et al., 2008; Buret et al., 2010). However, the Oil in Water 
suspension OiW (in all subsequent section the OiW refers always to the oil in water 
emulsion) is not directly related to plugging without knowing how large the scale 
particle is (Coleman and McLelland, 1994) 
Both drawbacks above lead to a reduction in oil production and an increase in operational and 
maintenance costs (to restore the facilities to normal status). 
Earlier investigation of the water/brine composition were conducted to understand the effect 
of injection water on the oil reservoir regarding permeability decline (Mungan, 1965; Bernard, 
1967; Nam et al., 2014).  
Oil fields use water treatment applications to produce specifically water that is compatible with 
the formation water and contains the characteristics for injection water to meet the downstream 
targets, such as: 
➢ OiW concentration and droplet size (for oil droplet to cause effective blockage, its size 
has to be slightly larger than the oil reservoir pore throat size (Coleman and McLelland, 
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1994; Zhang et al., 1993). Plugging caused during water injection could be due to 
organic (i.e. oil or biological debris) or inorganic matter (Moghadasi et al., 2002). 
➢ Total Suspended Solids (<10 mgm-3 is acceptable in most injection water).  
➢ pH which normally adjusted by chemicals to be compatible with the formation fluids 
compatibility. 
These WI specifications can be summarized in Table Table 1.1 for ‘F’ oil field in Oman. 
Table 1.1: Typical water injection specifications used in F field in Oman  
Properties Target 
OiW (×10-3kgm-3) 10-50 
TSS (×10-3kgm-3) 10 
pH 6.5-8.5 
Hydrogen Sulphide 
(×10-3kgm-3) 
10 
Dissolved Oxygen (ppb) 10 
 
However, cost, footprint (space constraint), process complexity, final rejected stream 
management (environmental issues) and efficiency are major criteria when considering any 
water treatment method. 
Most of the literature highlights that water quality is mainly dominated by Total Dissolved 
Solids (TDS) and OiW, and this eventually affects water treatment selection and, in turn, water 
injection performance. Coleman and McLelland (1994) argue that Total Filterable Solids 
(TFS) is an essential parameter to consider when evaluating water quality. This observation is 
based on the premise that produced water re-injection experiences no plugging or permeability 
as long as the diameter of oil droplet particles is less than that of the pore throat diameter or of 
the reservoir (as previously mentioned by (McAuliffe, 1973)). The plugging issue, was 
conversely argued by (Zhang et al., 1993), who notice that permeability declines as a result of 
plugging, a phenomenon that is attributed even to oil droplets of significantly smaller diameter 
than that of the pore throat.  
 Experimentally, OiW has little impact on permeability reduction, and to support this, 
(Coleman and McLelland, 1994) plot TFS data against OiW for injection-treated water.  They 
found no correlation between the two sets of data, so high OiW does not necessarily indicate 
a higher concentration of solids(Rousseau et al., 2008). 
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To find the efficient method of water treatment, the constituents of co-produced water have to 
be classified and understood. Normally, co-produced water consists of the following (Veil et 
al., 2004; Igunnu and Chen, 2012): 
❖ Dissolved oil components, which may include, but are not limited to: 
➢ BTEX (Benzene, Toluene, Ethylbenzene, and Xylene) 
➢ Phenols 
➢ Aliphatic hydrocarbons 
➢ Carboxylic acids 
➢ Some aromatic compounds 
❖ Dispersed oil such as: 
➢ Less soluble PAHs (polyaromatic hydrocarbons) 
➢ Heavy alkyl phenols 
❖ Dissolved inorganics compounds (Hayes and Arthur, 2004) 
❖ Dissolved minerals  
❖ Injected chemicals at the upstream, e.g., corrosion inhibitors, demulsifiers, etc. 
The removal solutions for suspended and dispersed oil vary according to the separation 
efficiency and downstream sensitivity and criteria. However, membrane technology (e.g., FO, 
RO and NF) gives an indication of how they can be practical and efficient to eliminate any 
solid particles from injection water before being injected into the oil reservoir. For FO 
membrane, high permeability and selectivity, low oil fouling, and high solute rejection are the 
most required specification when considering using such application for oil industry. Table 1.2 
illustrates a quick comparison of different separation applications, based on size of suspended 
solids. 
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Table 1.2: Size of suspended OiW (microns): removal comparison (Argonne National 
Laboratory) 
Oil Removal Technology 
Minimum size of 
suspended solid particles 
removed (µm) 
 
API gravity separator 150 
Corrugated plate separator 40 
Induced gas floatation (no flocculants) 25 
Induced gas floatation (with 
flocculants) 
3-5 
Hydro-cyclone 10-15 
Mesh coalescer 5 
Media filter 5 
Centrifuge 2 
Membrane filter 0.01 
 
Based on the water composition, ‘clean’ water requires 0-100 ×10-3 kgm-3oil in water and 
suspended solids of 0.005 kgm-3(Paige et al., 1995). Therefore, in some instances, pre- and 
post-filtration or treatment is necessary to reduce the impact of oil and other substances to 
facilitate water treatment. Figure 1.1 illustrates an overview about different water treatment 
applications regarding cost and containment filtration efficiency (Courtesy:(Paige and Murray, 
1994)) 
 
Figure 1.1: Various water treatment applications compared to PWRI (labelled Re-
injection) as a solution for oil recovery and waste management 
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1.2 Low Saline Water Injection  
The injected co-produced water, it has to be effective to achieve target oil production from this 
type of secondary oil recovery (water injection). However, if the injected water composition 
and ionic strength are engineered to extract additional oil then this water injection could be 
termed as Enhanced Oil Recovery (EOR). Experimental investigation for the injection water 
concentration through varied TDS,  showed an incremental oil recovery when it was diluted to 
the following concentrations of the oil reservoir’s original brine (formation water): 2%, 10% 
and 100% (Tang and Morrow, 1997). The reduction/dilution of injection water TDS to 
significant level below the formation water salinity is commonly called Low Saline (LowSal) 
WI. Furthermore, in the case of no ionic composition change between the injected brine and 
the formation-connate-water, the LowSal effect – up to 5 kgm-3 – had a clear increment in oil 
recovery compared with injected brine with medium and high salinity. Reservoirs with less 
salinity connate water will have a better response for LowSal WI regarding oil recovery 
(Morrow and Buckley, 2011). 
Based on the injection water composition and strength, proposed mechanism of incremental 
oil recovery as a result of LowSal WI was investigated (Jadhunandan and Morrow, 1995; 
Yildiz and Morrow, 1996; Buckley and Liu, 1998; Morrow et al., 1998; Tang and Morrow, 
1999b; Tang and Morrow, 1999a).   Dominant factors responsible for incremental oil recovery 
due to LowSal WI effect could be:  
➢ The invading water NaCl/TDS concentration is less than the formation water TDS. 
➢ The ionic strength of the injection water composition, e.g., Ca2+ compared to Na+. 
➢ Reservoir rock type (Carbonate (Romanuka et al., 2012) or sandstone (Pu et al., 2008)). 
➢ Reservoir oil composition (e.g., polar components). 
From the information above, injection water can be called LowSal water when it: 
➢ Has the chemistry and composition to mitigate scale formation. 
➢ Reduces plugging tendency. 
➢ Includes the ionic constituents and ionic strength that can enhance oil recovery. 
➢ Has less TDS compared to the resident formation brine.  
The mechanism for LowSal EOR is still under debate (Buckley and Liu, 1998; Morrow et al., 
1998; Tang and Morrow, 1999a; Sharma and Filoco, 2000; Bagci et al., 2001; Maas et al., 
2001; McCarthy et al., 2002; Tang and Morrow, 2002; Robertson et al., 2003; Webb et al., 
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2004). However, wettability alteration from an oil-wet to water-wet surface is the most 
accepted mechanism.  
Selective ion permeate is necessary for the LowSal WI when its effect depends on the injected 
water ionic compositions. Lab and full-scale projects proved that FO application is capable of 
excluding monovalent, divalent and multivalent constituents selectively and so control the 
permeate composition. It can be efficient to eliminate small ions such as Na+, Cl- and K+ with 
less flux hindering compared to the filtration of larger ions as Mg2+, Ca2+, SO4
2- and CO3
2-
(Hancock and Cath, 2009).   
Diluting the co-produced water with brackish water or seawater can be carried out simply with 
normal mixing application to yield lower-salinity WI (using conventional filtration media to 
remove any particulates from the brackish water). However, due to the presence of divalent 
ions in the brackish water, which lead to scaling (e.g., Mg2+, Ca2+, SO4
2- and CO3
2-), a 
conventional filtration application followed by direct mixing, therefore, will not be practical. 
A hypothetical test on mixing waters is performed in Chapter 5 using ScaleChem studio 
software simulation from OLI-3. 
1.3 Membrane Separations and Selections  
Membrane separation is not a new technology; however, various types of membrane are used 
in industrial applications (Paige et al., 1995; Khatib, 1998; Weber Jr and LeBoeuf, 1999; Fane 
et al., 2011; Williams, 2012; Al-maamari et al., 2012; Chung et al., 2012), and specifically for 
oil field co-produced water (Igunnu and Chen, 2012; Alzahrani et al., 2013; Hickenbottom et 
al., 2013a). Nowadays several types of membrane technologies are used to treat various 
sources of feeds: 
❖ High-pressure membrane 
➢ RO membrane: where high pressure is required to overcome the osmotic pressure 
(trans-membrane pressure). 
➢ Nano-filtration NF 
❖ Electrodialysis 
❖ Electrodeionization 
❖ Forward Osmosis (diffusing water through membrane due to osmotic pressure difference) 
❖ Membrane distillation 
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➢  Dual RO: with high pH operation 
➢  Dual RO: with chemical precipitation. 
➢  Dual RO: slurry precipitation. 
➢  Forward osmosis and RO 
In case of RO,  water sources with high TDS, organic species need to be removed/reduced 
upstream of the RO to avoid membrane clogging (Sullivan et al., 2004). Similarly, FO feed 
and draw solutions will require a pre-treatment before being introduced to the membrane unit 
to reduce the membrane concentration polarization and fouling.  
Recently, desalination water treatment process has been adopted to produce injection water to 
meet the oil reservoir condition (compatibility) and LowSal effect criteria. A brief investigation 
for a  combination of Reverse Osmosis (RO) and Nano filtration (NF) carried out by BP  for a 
LoSalTM project in 2016 (Henthorne and Wodehouse, 2012). Installation of RO plant was 
proposed in the Endicott field located on the North Slope of Alaska for the tertiary LoSalTM 
EOR flood. After it has been evaluated for LowSal WI, using a single well chemical tracer test 
supported by software simulation, the plant will utilize the sea water of a 150 Mbd inlet to 
discharge 50 Mbd as LoSalTM injection water (Seccombe et al., 2008).. 
Shell developed two stages water treatment plant consists of NF followed by RO (as illustrated 
in Figure 1.2) to produced LowSal water of less hardness and low salinity (Ayirala et al., 2010). 
The NF is used to reject the scale-forming divalent ions (e.g., Ca2+, Mg2+ and SO4
2-), and allows 
the monovalent ions to pass through.  The NF permeate is directed to RO to further reduces 
the divalent ions and produce LowSal water of TDS less than 5 kgm-3. The RO permeate will 
be fresh water that cannot be injected directly into the reservoir due to incompatibility with the 
resident reservoir brine. Therefore, blending with NF permeate, RO rejection or NF rejection 
will be used to modify the injection water for compatibility with the reservoir water.  
LowSal WI itself does not necessarily imply an increase in capital expenditure (Maas et al., 
2001). This for existing or upgrading projects that looking for more oil recovery and so using 
the chemistry of water to enhance oil production.  
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Figure 1.2: Designer waterTM (developed by Shell) LowSal water production. 
Redrawn from (Ayirala et al., 2010) 
1.4 Problem Statement 
Using LowSal WI is an emerging oil recovery method, though searching for which feasible 
water treatment technology that can produce LowSal water is a fundamental question. Total 
dissolved solids could be the dominant criterion in assessing LowSal WI. In this work, FO was 
considered as a potential candidate to treat co-produced water (using brackish water). Which 
has never been researched in the literature, but a patent on a similar solution was filed by Sharif 
and his group at the University of Surrey (Sharif, 2006). Using co-produced water, as a draw 
solution needs systematic investigation to determine what water quality can be used as a draw 
solution and how LowSal water can be extracted through FO membrane.  
In FO, the osmotic pressure difference between the draw and the feed solution is the driving 
force for water flux to permeate. Whereas, the solute concentration is the driving force for 
solute diffusions. This concentration difference has a direct influence on Concentration 
Polarization (CP), and therefore on the overall assessment of the application. Fouling is a 
consequence of solution particles (e.g., oil) build-up on the membrane surface and, 
consequently, causes a reduction in water permeation. Both CP and fouling will result in a 
further increase in the process OPEX (e.g., membrane replacement, cleaning and water quality 
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issues). Applying assisted pressure to drive additional water permeation could facilitate the 
reduction of fouling and CP by pushing away the foulants and CP solutes away from the 
membrane internal layer when the membrane is in AL-FS mode. . In addition, increasing the 
shell side flowrate in AFO, could enhance the remixing at the membrane surface, improve the 
osmotic pressure difference, and increase the driving force to yield higher water flux. However, 
to what extent can the AFO be optimized to increase the water flux and reduce the fouling and 
CP? And, how can AFO influence the selection of water permeation to produce LowSal water? 
1.5 Research Objective(s) 
FO could be a potential candidate for the treatment of co-produced water (as a draw solution) 
using brackish water (as feed solution) to produce LowSal WI, which has to be compatible 
with the oil reservoir’s resident water.  
Therefore, it is essential to understand and investigate how FO can produce LowSal water 
using brackish water and co-produced water in oil fields. This includes a critical investigation 
of membrane behaviour and appropriate mitigation in long-term treatment processes.  
The principle objectives of this study were as follows: 
1. Experimentally, acquire relevant parameter to construct and validate resistance-in-
series model and test the CP distribution through the membrane sub-layers (using NaCl 
solutions). 
2. Systematically investigate and manipulate the composition of the feed water (mainly 
via the ionic strength), which can yield, through FO, a LowSal permeate using co-
produced water as the draw solution. The brackish water is supplied by aquifer wells 
in the oil fields. Also, the investigation involved the influences of the draw solution 
composition (co-produced water) in the reverse solute flux. ScaleChem software from 
OLI was used to model and predict the scaling tendency of the FO permeate as LowSal 
WI. Both surface and subsurface water injection network were simulated by the 
software to evaluate the FO permeate water regarding scaling tendency. To date, there 
is no published data for modelling FO permeate as WI using ScaleChem software. 
However, a similar simulation using a different water source was used for WI 
(Nengkoda et al., 2008).  
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3. Investigate the contribution of varying hydraulic or Assisted Forward Osmosis (AFO) 
pressure on intrinsic membrane parameters, e.g., Internal CP (ICP), external CP (ECP), 
fouling and flux rate. Membrane properties for water permeability and salt rejection 
Aw and B, respectively, are highly representative of membrane behaviour during AFO 
testing.  The outcomes of this investigation will be used to define and assist the 
selection of FO best orientation (Active Layer facing the Draw Solution (AL-DS) or 
Active Layer facing the Feed Solution (AL-FS)) and the required osmotic (/assisted) 
pressure needed in case of using co-produced water as a draw solution (based on the 
effective osmotic pressure difference with the feed solution). Membrane permeability 
was examined as a result of AFO, which is directly proportional to the water flux. An 
expected drawback for the AFO is membrane deformation during long-term operation 
and energy consumption. AFO can systematically help to investigate how to achieve 
specific composition of the LowSal water permeates.  
4. Investigate the influence of fouling on permeate quality. The investigation is facilitated 
by AFO in which hydraulic pressure will exert more force on the membrane surface 
and pores and, thus, on the solid particles of the solution in contact with the membrane 
surface.  
5. Examine the influence on water and solute flux, fouling and CP, when running the FO 
in AL-DS and AL-FS and eventually compare the results when utilising the (AFO) 
option. 
1.6 Relevance to Beneficiaries 
This research might: 
6. Evaluate FO as a technology to produce LowSal water for downstream usage (Water 
injection, LowSal steam injection, LowSal Microbial Enhanced Oil Recovery, Polymer 
with LowSal), which to date has not been discussed in the literature. 
7. To improve the FO process concerning reducing the dominant drawback of CP 
(ICP)/fouling and, thus, to increase the water flux.  
8. It is known that if the feed and draw solution contain scale precursor ions such as Ca2+, 
Mg2+, SO4
2+ and CO3
2+, and if the feed solution concentration is above the solubility 
limits of some sparingly water-soluble minerals (e.g., CaCO3, CaSO4), then scaling is 
more likely to form at the membrane surface (Achilli et al., 2010). Therefore, the 
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outcome of this research could be to model/investigate the scaling tendency in the 
membrane surface by systematic variation of the ionic composition in the feed solution.  
9. The research could elaborate on the interaction between the membrane and the draw 
solution (co-produced water) chemistry and, as a result, highlight the fouling source as 
well as the CP issues. The outcome of this will investigate whether co-produced water 
is a viable selection for FO draw solution.  
1.7 Dissertation program 
The main goal of this thesis was to demonstrate on how to achieve a LowSal water for EOR 
(i.e. LowSal water injection) which can viably reduce the scaling tendency in the water 
injection and oil production infrastructure. The process is by treating the co-produced water 
with hollow fibre membrane using FO application. The handling of membrane application, 
comes with understanding the behaviour of the membrane at hyper saline solution and its 
performance over the time especially with oil in water contents. Investigating the FO 
membrane was accomplished by first test the membrane over wide range of saline solutions 
(i.e. different NaCl osmotic pressure). This examination extends to spot the behaviour of the 
membrane at various hydrodynamic conditions (e.g., various Re /Sh). More focus was on the 
CP phenomena inside and outside the membrane surface in FO at AL-FS mode. 
The overall approach to accomplishing these objectives involved adaption of a modified 
resistance-in-series model by (Nagy, 2014). The model elaborates on the solute diffusion 
through the membrane, CP formation and prediction and filtrate flux either with FO alone or 
with AFO. This research experimentally tested this model for validity and quantify the 
outcomes with analytical approach. This latter including, SEM, Ion analysis and finally scaling 
pilot testing to examine the filtrate water quality and to validate the scaling simulation with 
ScaleChem software. The ScaleChem results were then validated using third-party scaling rig.  
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CHAPTER 2. LITERATURE REVIEW 
 
In this chapter, a brief previous work is presented to describe the up to date work in this field 
of research including experimental and theoretical approach.  
2.1 Forward Osmosis (FO)  
The early investigations in FO were carried out by (Kravath and Davis, 1975; Loeb, 1976; Lee 
et al., 1981). The FO working principle relies on the difference in osmotic pressure between 
two fluids across a membrane. The water current will diffuse across the membrane from the 
region of low osmotic pressure (lower solute concentration and higher water potential) to the 
higher osmotic pressure (lower water potential) i.e. of higher salinity. The water permeation 
leaves behind a more concentrated solution as waste or rejected or preferable as the retentate 
fluid, whereas the diluted (draw) stream is drawn as permeate or preferable as filtrate. This 
process is spontaneous without the need for external applied pressure (as with a pressure-driven 
RO), and has low fouling potential compared to RO, for instance. The driving force is the 
osmotic pressure required to overcome the osmotic pressure gradient (Δπ) between the feed 
and draw solution.  
The solute in the draw solution in this case is prevented from penetrating or flowing across the 
membrane of the FO to the feed side due to the hydrophobic nature of the FO, membrane 
physical characteristics (e.g., skin layer porosity) and opposite water flux. However, reverse 
solute flux is common in most FO membranes, which is a major drawback for FO technology. 
The higher the draw solution concentration, the higher the driving force and, in turn, the higher 
the water flux, which imply in the reduction of rejection (waste) and consequently better 
environmental consideration for FO application.  
Reduction of the energy requirement is a major merit for FO selection, compared to pressure-
driven membrane applications, e.g., RO, where high pressure is needed to overcome the 
osmotic pressure of the membrane or the trans-membrane pressure. Energy requirement, is one 
of the major advantages when comparing FO with other water treatment applications. The FO 
idea was further improved by (Feng et al., 2005) in the development of a sustainable means of 
energy from the osmotic pressure difference. 
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FO draw solution possess higher osmotic potential due to the presence of the osmotic agents 
(e.g., NH4HCO3, sucrose, MgCl2, NaCl, etc.), which usually need to be regenerated (however 
in this research the draw solution is not going to be regenerated). Several research studies have 
focused on developing and using various draw solutions (or osmotic agents) (Achilli et al., 
2010). Some of these osmotic agents are fertilizer (Phuntsho et al., 2011), fructose, glucose 
(Kravath and Davis, 1975) and inorganic solutions (Achilli et al., 2010; Zhao and Zou, 2011a; 
Qiu et al., 2011). However, this requires a regeneration unit (e.g., RO), to be purchased in 
addition to the need for footprint when considering the regeneration process. One important 
issue with the draw solution is the availability in order to ensure the continuity of the FO 
process.   
Without maintaining the draw solution/agent osmotic pressure, the FO performance is more 
likely to deteriorate and become less efficient. Careful selection of an efficient draw solution 
is a fundamental stage in the FO evaluation. In this research, the co-produced water is the draw 
solution, which is the average concentration after blending all oil field co-produced water in a 
common facility (e.g., dehydration/surge tanks followed by skim tanks to knock out oil carried 
over with the water).  
2.2 FO Performance Governing Parameters and Proposed Solutions 
Using a natural draw solution without the need for regeneration is an attractive idea from the 
perspectives of cost and process complexity. The confluence of feed and draw solution as water 
(at various TDS levels) could have other benefits to reduce the process design and modelling 
complexity. The draw solution characteristics can produce significant effects on the water flux 
and reverse draw solute during the FO operation (Xu et al., 2010). However, further increase 
in the draw solution concentration will result in more severe ICP, resulting in less effective 
differential pressure (ΔP) across the membrane and less flux as a result.    
As mentioned earlier in Section 2.1, in AL-FS mode; the draw solution is the co-produced 
water which contains mainly NaCl as the dominant constituents. Sodium chloride solution was 
examined to cause less ICP compared to other draw solutions, e.g., Na2SO4, MgSO4 and 
sucrose. At the same time, the water flux was also higher at the same osmotic pressure 
difference when using NaCl solution (Zhao and Zou, 2011a). However, to date, co-produced 
water has never been considered and investigated as a draw solution.  
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Since FO operates on natural osmotic pressure difference across the membrane, and because it 
is an emerging technology, then the following are the major parameters that need to adequate 
considertion to overcome low performance and yield higher water permeation flux at low 
OPEX.  
2.2.1 Feed water composition and properties  
Feed water properties, e.g., Total Suspended Solids (TSS), pH, ionic strength/TDS and 
composition and particle types/size are governing factors in membrane fouling/CP and 
generally determine water flux performance.  
The feed solution’s solute and suspended solid particles (i.e. dissolved impurities) can 
progressively – depending on their size and shape – develop a cake layer and consequently 
reduce membrane porosity. Numerous studies have researched the impact of feed solution 
composition on membrane efficiency (e.g., colloidal particles and Natural Organic Matter 
NOM) (Cohen and Probstein, 1986; Yiantsios and Karabelas, 1998; Cho et al., 2000).  
Feed water ionic strength showed a direct influence on fouling development. However, this 
relation is nonlinear and contingent on the compression level of the fouling layer (Singh and 
Song, 2005). They also explained that fouling layer compression (due to increase in ionic 
strength) arised from the increase in double-layer compression around the colloids. However, 
Hoek and Elimelech (2003) claim that the ionic strength could have a linear relation with 
fouling build-up, especially with Cake-Enhanced Osmotic Pressure (CEOP). Ahn et al. (2008) 
used a feed water model containing only Natural Organic Mater (NOM) and Ca2+ to investigate 
fouling tendency and severity on membrane operation. Ca2+ was found to cause more fouling 
than Na+ and Mg2+.  
On some occasions where the fouling hinders the water permeation flux, one has to look to the 
aggravation of the feed water quality (Hancock et al., 2011). Similarly, relating the solution 
properties to FO process limitation was investigated by (Zhao and Zou, 2011a). Therefore, to 
overcome the solution properties that limit FO operation, feed water properties will be 
manipulated to quantify the feed water composition that yields an optimum permeate TDS and 
ionic compositions in line with LowSal WI objectives.  
Regarding molecular weight (MW) compounds, Nayak et al. (2011) show that the ICP and 
ECP for low molecular weight compounds in the feed solution (less than 1000gmol-1) will be 
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less severe than for higher molecular weight (>30,000 gmol-1) ones. In addition, the driving 
force will be lower compared to higher MW solutions. This phenomenon was linked to the 
membrane orientation, where AL-DS was found to be the most appropriate, with a higher 
driving force and less CP when using a low and high mix of feed solution compounds 
compared to the AL-FS mode. In contrast, AL-FS mode is better with low MW compounds.  
Thus, the need for systematic investigation of the feed composition is essential to elaborate on 
the fouling and flux behaviour through ionic and composition alteration.  
2.2.2 Draw solution specifications 
Since FO works on solution chemical potential (i.e. driving force) to permeate water, selection 
of the draw solution, then, should be carefully examined and evaluated. Early research on the 
selection of draw solution or osmotic agents was carried out by Batchelder (1965). He proposed 
the addition of sulphur dioxide to seawater or fresh water to form a mixture capable of 
facilitating the desalination of seawater. The osmotic agent or solution will then require a 
further regeneration process (heating/ stripping) after diluting the draw solution. However, 
fresh water was extracted only in an experimental lab.  
Glucose and fructose were used as osmotic agents to draw fresh water from sea water through 
cellulose acetate membrane (Kessler and Moody, 1976). The energy consumption during the 
regeneration was quite high and the recovery rate was small. 
KNO3 and SO2 were tested as draw solutes in two FO stages (McGinnis, 2002). The water is 
recovered from KNO3 and then from SO2 using a precipitation method. High energy is needed 
during the recovery operation. 
According to one patent, ammonia and carbon dioxide gas were used to form ammonium 
bicarbonate (NH4HCO3) as a draw solution in order to extract fresh water from saline water 
through FO semi-permeable polymeric membrane (McCutcheon et al., 2005). The researchers 
heated the ammonium bicarbonate to about 60°C to separate the ammonia from CO2 and then 
recycled the draw agent in order to obtain the fresh water.  
Achilli et al. (2010) developed a screening protocol for the appropriate selection of draw 
solutes. In his investigations, about 14 inorganic osmotic agents were investigated.  
Most of the literature emphasises the following attributes in a draw solution: 
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1. Available to sustain the process and minimize regeneration, which leads to less CAPEX 
and OPEX. 
2. Minimum toxicity and lower cost (Ge et al., 2013). 
3. The osmotic pressure should be higher than the feed solution. 
4. Should be inert to the selected membrane and not hazardous during handling.  
5. High solubility in water and fully dissociable. 
In addition to the five conditions above for good draw solution, the selection should consider 
a low molecular weight with low viscosity. This is because a low solute diffusion coefficient 
(Ds) for the draw solution contributes to significant CP, where the Ds is inversely proportional 
to the molecular weight and viscosity of the draw solutes; therefore, it is crucial to have a less 
viscous and low molecular weight draw agent (Ge et al., 2013). 
Co-produced water could meet the above criteria, though further lab investigations will be 
carried out in this research. Another advantage here is the abundance of the co-produced water 
and the final destination of re-injection with no regeneration and, therefore, less CAPEX and 
OPEX.  
Figure 2.1 depicts the osmotic pressure calculated for various draw solutes as a function of 
concentration at 25°C using an OLI stream analyser.  
 
Figure 2.1: Osmotic pressure of various draw solutes at 25°C, osmotic pressure 
obtained  using OLI-2(Cath et al., 2006) 
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2.2.3 FO membrane orientation 
Water flux through FO membrane by virtue of the small osmotic pressure difference is 
expected to be less compared to pressure-driven membrane (Tang and Ng, 2008; Phillip et al., 
2010; Field and Wu, 2013; Phuntsho et al., 2014). However, AL-DS is believed to yield higher 
water flux than AL-FS (Field and Wu, 2013). Pressure Retarded Osmosis (PRO) – applying 
pressure in the draw solute to basically extract power where the membrane orientation is AL-
DS – was used for treating brackish water with significantly higher flux than AL-FS (Zhao et 
al., 2012). 
AFO will also be tested in AL-FS for comparison. Normally, in FO desalination and 
wastewater treatment, the active layer of the membrane faces the feed stream, whereas the 
porous support layer faces the draw solution (Cath et al., 2006). 
AL-DS mode was already validated in plate and frame-type membrane because it produced 
higher performance (Jung et al., 2011) than AL-FS. Jung et al. also found a lower CP tendency 
with the AL-DS orientation.  
In addition to the membrane orientation, the flow pattern could also have some merit on the 
permeation rate and CP development. The flow of feed and the draw solution across the 
membrane has two possible patterns (i.e. counter-current and co-current flow). Counter-current 
flow was found to be more effective than co-current flow in terms of water flux through the 
membrane (Shim and Kim, 2013).  
From the perspective of membrane structure and the method of foulant and CP development, 
the foulant deposition in the AL-DS is more difficult to remove than in AL-FS (Zhao et al., 
2011). According to water analysis in various fields (Appendix A), brackish water has the 
advantage of fewer foulant and deposition materials compared to wastewater sources 
(compared to literature data). This implies the cleaning process and the cost-effectiveness of 
each membrane orientation operation. 
FO membrane lifespan could range from 3-7 years before the next replacement is required, and 
this is subjected to the feed stream condition and other process malfunctions such as ICP, ECP 
and fouling. Membrane is the key factor to the enhancement of the FO process and its viability. 
Thus, membrane selection has to be made according to: 
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1. High permeability for water and solute rejection (Wei et al., 2011; Qi et al., 2012), which is 
known as membrane selectivity (ratio between the water flux and reverse solute flux) (Hancock 
and Cath, 2009). 
2. Resistance to fouling. 
3. Strength to overcome the differential pressure (ΔP) exerted on the membrane sides in order 
to avoid membrane deformation.  
2.2.4 Concentration Polarization (CP) 
During normal membrane operation, CP is expected due to membrane porosity and selectivity 
with which solute and dissolved impurities/retained species are allowed to permeate through 
the membrane. The solvent will pass through the membrane, whereas some solutes will be 
retained or rejected at the membrane active (skin) layer- in AL-FS- to develop concentration 
polarization, as illustrated in Figure 2.2. 
 
Figure 2.2: Concentration polarization at the feed boundary layer of AL-FS mode 
From Figure 2.2, CF,m is the feed solute concentration at the membrane surface, CF,b is the feed 
solute bulk concentration. The thickness of the concentration polarization at the feed side δF 
was represented by dx. 
The Figure above can be elaborated using convective velocity, which is a result of total water 
flux into the total concentration, whereas the diffusion velocity is the relation between the 
diffusivity to the boundary layer thickness (Hwang et al., 1975). Hwang (1996)  related the CP 
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to Peclet number (the Peclet number is simply the ratio of convective transport Jw to the 
diffusive transport 
δ
D
within the boundary layer) as: 
velocity Diffusive
velocity fluid Convective
Pe   2.1 
 
From Figure 2.2, express Equation 2.1 as: 
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Where, Jw is the water flux, Ds is the solute diffusivity and δ is the feed boundary layer 
thickness. 
An analytical approach was presented by Jousse et al. (2005) which can calculate the boundary 
layer thickness at a given time. Similar numerical work was offered to estimate the shell side 
boundary layer characteristics by Parand et al. (2010). 
Also, the mass transfer coefficient, k it can be called as kF if the feed is flowing in the shell side 
(as discussed in chapter 4), is related to the diffusion coefficient by: 
F
s
δ
D
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2.3 
This can be equal to: 
h
s
d
Sh.D
k 
 
2.4 
where, dh is the hydraulic diameter and Sh is the Sherwood number (detailed discussion about 
this parameter in chapter 4) 
FO membrane has different terminologies when the membrane is exposed in different modes. 
Due to the asymmetric membrane, the intrinsic layer of porous support material that causes CP 
is called the Internal CP (ICP). Provided that the active layer is casted at the outer layer of the 
porous layer, then if the fresh water is drawn from the feed (here is the less saline water) that 
is flowing in the shell side, towards the draw solution inside the fibres, then the membrane 
orientation is called Active Layer Facing Feed Solution (AL-FS). The boundary layer that is 
facing the draw solution is called dilutive boundary layer (i.e. Dilutive External Concentration 
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Polarization DECP). The boundary layer facing the feed side is called the Concentrative ECP 
(CECP) due to the water flux direction, which push the solute toward the membrane active 
layer. Due to the water flux direction, a Dilutive ICP is experienced inside the porous layer as 
showing in Figure 2.3.  
If the draw solution is flowing by the shell side and the less saline water in the fibre side  
(AL-DS) then Figure 2.4 depicts the different layer conditions.  
 
 
Figure 2.3: Water (represented by the brighter blue arrow) and reverse draw solute 
(represented by yellow arrow) flux in FO-AL-FS mode, with ICP and two ECP 
boundary layers. The effective osmotic pressure represents the driving force 
across the skin layer. 
The feed solution denoted by a brighter blue arrow in a counter current to the darker blue arrow 
representing the draw solution. The feed is in the shell side and the draw inside the fibres. The 
direction of the Jw creates a concentrative and dilutive boundary layer in both the feed and 
draw sides, respectively. Whereas, the ICP is dilutive based on the water flux direction too. 
∆X 
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The Js (yellow arrow) is in the direction from the higher concentration to the lower 
concentration solution side.  
 
Figure 2.4: Water and reverse draw solute flux in FO-AL-DS mode with ICP and ECP 
across the asymmetric composite membrane. 
The active layer in this mode is facing the draw side, which is to the shell side. Whereas, the 
less salinity is in the fibre side.  
The CP index (I)  can rate the severity of the CP (Hwang, 1996): 
b
m
C
C
I   2.5 
Where, Cm is the solute concentration at the membrane surface and Cb is the solute 
concentration in the bulk feed. Further discussion about CP index is in chapter 4, Section 4.4. 
CP occurs in dense and symmetric membrane as: 
1. CECP at the membrane facing the feed side (AL-DS) 
2. DECP at the draw solution side as the water permeates to dilute the concentrated 
solution 
3. DICP for AL-FS  
∆X 
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For an asymmetric membrane (refer to Figure 2.3 and Figure 2.4), ICP occurs when the dense 
–active or skin layer- membrane layer retains the solute and accumulate as a result. DICP 
occurs when solute flux is flowing towards the active membrane layer and there is a dilution 
in the draw solution, or there is an undesirable concentration in the feed stream facing the 
support layer of the membrane (Field and Wu, 2013). Technically speaking, ICP occurs due to 
membrane resistance to diffusion (Zhou et al., 2014).   
For pressure-driven membrane (e.g., RO), CP was described as the balance between the 
convective velocity towards the membrane surface and the diffusion rate away from the 
membrane (Cheryan, 1998).  
Investigation showed that CP formation will dramatically reduce the water flux (McCutcheon 
et al., 2006; Xu et al., 2010). If the CP is increased, then a hydraulic pressure will be required 
to overcome the osmotic pressure difference reduction (Song and Elimelech, 1995). In order 
to sustain the Δπ across the membrane, (Loeb and Bloch, 1973) propose a counter-current flow 
across the membrane. However, ICP seems difficult to tolerate by simple hydrodynamic 
mitigation as the flux rate or turbulence. 
Membrane characteristics are important to the reduction of the CP and the enhancement of the 
water flux. Sulphonated polymer membrane with a hydrophilic nature could significantly 
reduce the ICP and facilitate higher water flux (Widjojo et al., 2013; Puguan et al., 2014; 
Duong and Chung, 2014b). Recently, (Zhou et al., 2014) demonstrated that membrane with 
sulphonated poly (phenylene oxide) (SPPO) has a tendency to produce internal osmotic 
pressure due to the charged polymers in the substrate layer, which generates counter-ion 
movements. However, this movement could alter the ICP tendency or severity and, thus, the 
water flux. 
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2.2.5 Fouling  
The development of concentration polarization promotes fouling, which is considered as the 
first stage  in the water flux decline (Marshall et al., 1993). In other term, fouling is resulted 
from the deposition of solute or solution suspended particles in the membrane pores. Fouling 
can be found as: 
• Deposition: where the solute/solids deposit layer over layer to cause further hydraulic 
resistance, thus reducing the flux.  
• Gel formation: as in the case of proteins where the CP is used in gel formation. 
• Pore blockage: this is a common aspect of recurring fouling during membrane 
filtration. 
Mathematically, the membrane resistance can be expressed as: 
ΔP
J
R wm


 
2.6 
Where, Rm and ΔP are the intrinsic membrane resistance and the differential pressure across 
the membrane, respectively.  
The fouling rate is normally governed by parameters such as the feed and draw solution nature 
and membrane characteristics (e.g., pore distributions) (Field, 2010). By measuring intrinsic 
membrane resistance and comparing it with the fouling layer resistance (by measuring the 
deposit mass as explained in (Hoek and Elimelech, 2003)), then the overall fouling influence 
on water flux can be evaluated (Lee et al., 2005). Fouling has a direct effect on the reduction 
of permeate flux due to pore blocking, gel formation or deposition. 
In the other hand, hydraulic pressure can cause the fouling layer to be more compacted and 
difficult to clean, especially in the AL-DS with CECP and CICP. Therefore, since FO 
membrane works in low hydraulic pressure, it is easier to resolve the membrane fouling than 
for an RO membrane or pressure-driven membrane (Mi and Elimelech, 2010).  
Water flux reduction in FO was compared with RO by Lee et al. (2010), during fouling 
formation, in which FO was experiencing more flux decline than RO, which consequently 
reduces the net driving force for water flow. The flux hindering in both applications was mainly 
attributed to solute type and size. Due to the low or absence of hydraulic pressure, the fouling, 
particularly the organic type (e.g., alginate), tends to be reversible due to a lower compact 
fouling layer on the membrane surface (Kim et al., 2014). They also investigated the rule of 
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applied pressure on the membrane and how it makes the fouling irreversible. In the case of 
higher osmotic pressure difference (or in case of assisted FO), a higher flux is experienced, 
which further compacts the fouling layer.  Also, if further flux is generated, then the permeation 
flow reaches the "critical flux" after which the foulant become irreversible (Zhu and Elimelech, 
1997). Alternative definition for the critical flux is when the water permeation flows at no 
fouling deposition chance to form (Guglielmi et al., 2007). In the other hand, gel layer is a 
consequence of membrane pore blocking and therefore considered as irreversible, and might 
be partially reversible depends on the compaction strength (Chang et al., 2002) 
The reversible salt flux from the draw solution to the feed side will result in the accumulation 
of salt on the membrane surface as a CECP (Boo et al., 2012). Therefore, it is believed that 
CECP is the cause of FO flux decline during fouling build-up. However, this was only 
investigated under osmotic pressure influence and can be altered with the manipulation of feed 
physiochemical and AFO effects.  
Moreover, fouling deposition and accumulation can be affected by the water permeation flux 
(drag force resulting from the convective water flow) and the membrane orientation – AL-FS 
or AL-DS (Mi and Elimelech, 2008).  The increase in permeation flux will cause the 
fouling/cake layer permeability to decrease. Investigations showed that the attempt of 
increasing the permeability of the fouling cake layer by increasing the pore size will 
consequently ends up with higher internal adsorption(Le-Clech et al., 2006). 
Membrane specification and properties play a crucial rule in fouling formation and tendency. 
Fouling was found to be more likely in hydrophobic membrane compared to its slower 
development in the hydrophilic type (Laine et al., 1989; Howe and Clark, 2002). Selection of 
membrane material in FO is critical to avoid hard surfaces and other morphology-fouling-
related issues (Li et al., 2007). 
Generally, ICP, ECP, water flux and solute flux are the dominant FO parameters in which FO 
performance is evaluated. Based on these factors, and despite the membrane orientation, the 
ICP is the major drawback,which hinders the water flux. In addition to the fouling, which 
reduces membrane lifespan and affects permeate quality (Nagy, 2014; Wijmans and Baker, 
1995; Hwang, 1996; Singh and Song, 2005; Gray et al., 2006a; McCutcheon and Elimelech, 
2006; Singh and Song, 2007; Zhao and Zou, 2011a).  
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Fouling could also alter the permeate water quality and, consequently, overall FO performance. 
Severe fouling will result in higher OPEX and the subsequent need to replace the membrane 
or clean them and additional energy to overcome the reduction in the flux permeation (Beyer 
et al., 2010; Guo et al., 2012). 
2.2.6 Influence of shell side hydrodynamic on FO performance 
The effect of shell side hydrodynamic including; Re, velocity, volumetric flowrate and shell 
side mass transfer coefficient, is a key factor in evaluating the osmotic distillation and 
desalination process specifically with hollow fibre membrane type. In support of this, 
understanding the behaviour of transport phenomena in the boundary layer and the mass 
transfer could explain the rest of water permeation performance and effect in the extent of CP, 
as well as the membrane overall efficiency over the time.  
Due to the uncertainty for the flow along/across random (i.e. packing density) fibres, shell side 
mass transfer is quite a problematic parameter to be calculated. Axial flow along hollow fibre 
modules was investigated for the effect of fibre packing density in the extraction of oxygen 
from water (Costello et al., 1993). They found that some inconsistence in the fibres cross 
Section along the module and some flow splitting occurred at regions of lower packing 
densities. The investigation points out that, loose modules classified by turbulent flow and tight 
modules have laminar regime flow. At 1 ms-1 shell side velocity, a pressure drop of 
approximately 20 kPa (g) was reported for 75.8% packing density comparing to 0.7 kPa (g) 
with 31.9% packing density module. Consequently, this latter packing density enjoyed a higher 
mass transfer coefficient than 75.8% packing density (at the same velocity). However, their Sh 
correlation is designated for the gas extraction process and most probably will vary with water 
extraction. Also, when compared to other correlations, this one significantly over-predicted 
most of the other’s data with less influence for the packing fraction.  
Thanedgunbaworn et al. (2007) varied the shell side velocity to investigate the effect of Re on 
the mass transfer. For shell side mass transfer coefficients, a similar result were agreed with 
Costello et al. (1993), for low mass transfer at high packing density. They explained that this 
was due to the uneven distribution of the flow around the fibres and the decrease of mass 
transfer in dead zones region (i.e. tight packing) due to low velocity and lower mass transfer 
area.  
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Other studies reaffirm the results of above conclusions (Iversen et al., 1997; Viegas et al., 1998; 
Gabelman and Hwang, 1999; Gawroński and Wrzesińska, 2000; Zheng et al., 2003; Zheng et 
al., 2004; Zheng et al., 2005). Most studies agreed on the assumption (which was 
experimentally validated) that fluid channelling around loose or tightly packed fibres 
dominates the mass transfer behaviour in the fibres shell side of the fibres (Costello et al., 
1993; Lemanski and Lipscomb, 1995; Costello and Industrial Chemistry, 1995; Rogers and 
Long Jr, 1997). 
Wang and Cussler (1993) attributed that mass transfer in the boundary layer adjacent to the 
membrane is the more important limiting factor than the membrane intrinsic permeability and 
own mass transfer resistance. Their investigation covered the fibre length and diameter effect 
on the mass transfer rate, by using different module geometries or designs. Implementation of 
baffle to redirect the flow path and to reduce the fibres bypassing had shown a higher 
magnitude of mass transfer for counter-current flow and without these baffles, the flow is more 
or less a crossflow pattern with less efficiency. Baffles re-directed the flow to reach most of 
the shell side points and so reduce the bypassing issue and improve the mass transfer rate 
(Sengupta et al., 1998; Zheng et al., 2005). 
Likewise, a comprehensive investigation by Shen et al. (2010) carried out in four randomly-
packed modules with co-current and counter-current operation mode. However, their module 
was equipped with a baffle and internal collection tube, which makes their correlation not 
accurately applicable to this research membrane type.  
Even though most of these correlations are adapted and cited by many other researchers, 
manufacturing imperfections (as shown in SEM imaging Section) and uneven flow distribution 
along the module and between the fibres, have to be considered for error analysis 
(Asimakopoulou and Karabelas, 2006c). 
Therefore, in this research a modified shell mass transfer correlation is incorporated in the 
mathematical modelling Chapter 4, which considers the packing density for the available 
module and the hydrodynamic conditions.  
Table 2.1 represents the literature FO theoretical models. Each model presents different 
approach on predicting the mass transfer and the concentration at the membrane layers.  
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Table 2.1: FO mass transfer theoretical models with various boundary conditions 
Item Work done Reference 
1 Modelling CICP 
(Lee et al., 1981; McCutcheon and 
Elimelech, 2006; Gray et al., 2006a; 
Zhao and Zou, 2011a) 
2 Modelling CECP & DECP (McCutcheon and Elimelech, 2006) 
3 
Modelling ECP/boundary layer as an 
effect of shell side Sherwood number. 
(Gabelman and Hwang, 1999; 
Bringas et al., 2009) 
4 FO modelling by 2-D model (Sagiv and Semiat, 2011) 
5 Modelling DICP (Zhao and Zou, 2011a) 
6 
Modelling Oil fouling at the membrane 
surface. 
(Hickenbottom et al., 2013a; Duong 
and Chung, 2014a) 
7 
Modelling resistance-in-series for FO 
process 
(Yip et al., 2011; Nagy, 2014) 
 
However, many of the models have assumed a negligible ECP. This assumption affects the 
overall membrane evaluation. Therefore, Table 2.2 elaborate on those models, which consider 
the external mass transfer coefficient in various applications. Sherwood number was first 
obtained, then incorporated in the shell mass transfer Equation 2.4.  
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Table 2.2: Shell side mass transfer correlations in hollow fibre membranes in different applications. 
Reference/Author 
Packing densities 
(%) 
Reynolds number 
range 
Correlation 
D
dk
Sh hshell
 
Comments 
Yang and Cussler (1986) 3, 26 0.5<Re<500 
330
930
251 .
.
h Sc
L
d
Re.Sh 






 
Empirical correlation 
Gas-Liquid system 
Dahuron and Cussler (1988) 15 Laminar flow 
3308 .h Sc
L
d
ReSh 






 
Channelling and splitting around fibres 
Liquid-Liquid system 
Empirical correlation 
Prasad and Sirkar (1988) 4,8,20,40 0<Re<500 Sh = F   












L
d
Φ1 h Re
0.6Sc0.33 
F=5.9 for hydrophobic 
F=6.1 for hydrophilic 
Liquid-Liquid system 
Empirical correlation 
Wickramasinghe et al. (1992) 2, 8 & 11 
>2.5 
<2.5 
Sh = 0.15Re0.8Sc0.33 
Sh = 0.12Re1.0Sc0.33 
Helically wound module 
Cylindrical module 
Gas-Liquid system 
Empirical correlation 
Costello et al. (1993) 31.9  to 75.8 21<Re<350 Sh =(0.53- 0.58Φ)Re0.53Sc0.33 
Splitting and remixing 
Gas-Liquid system 
Empirical correlation 
Schöner et al. (1998) 
N = 9950, 
31600,33800 
0.02<Re<10 Sh = 1.76Re0.82Sc0.33 Experimental and empirical 
Bao et al. (1999) 0.26< <0.575 100<Re<250 Sh =1.38(2.35Φ-0.07) 3
1
3
1
3
1
ScRe
L
dh 




  Empirical 
Wu and Chen (2000) 8 to 70 32<Re<1287 Sh=(0.3045ϕ2  0.3421ϕ+0.0015)Re0.9Sc0.33 Empirical correlation 
Gawroński and Wrzesińska (2000) 21,28,52,55,65 0<Re<10 Sh =0.09(1-Φ)Re(0.48+0.16Φ)Sc0.33 
Empirical correlation 
Liquid-Liquid system 
Asimakopoulou and Karabelas (2006a) 0.05<

<0.45 3<Re<78   3
1
ScRe
L
d
1.7Φ0.61.615Sh 3
1
3
1
o 






 
Liquid-Liquid system 
Asimakopoulou and Karabelas (2006c) 0.05<

<0.45 20<Re<75 
0.330.33
0.33
o ScRe
L
d
1.45Sh 






 
Liquid-Liquid system 
Shen et al. (2010) 0.32<

<0.45 0.1<Re<250 Sh = 0.055Re
0.72Sc0.33 Experimental 
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2.2.7 Assisted Forward Osmosis (AFO) 
Based on FO water permeation’s main driving force, which is the osmotic pressure difference 
between the draw solution and the feed, the low water flux, then, is expected to be a major 
drawback for FO. Reverse solute flux (from the draw to the feed side) is another issue, which 
contributes to ICP and ECP on the membrane internal and external surface, respectively. In 
order to overcome these problems, applied hydraulic pressure or AFO can be a solution to 
increase the water permeation flux and reduce the reverse solute flux. A similar investigation 
was carried out by (Coday et al., 2013) for different types of membranes and similar results 
were observed in that there was a reduction of reverse solute flux at AFO, with a significant 
increase in water flux through the membrane.  
It is believed that increasing the hydraulic pressure (by applying external pressure to the feed 
solution as illustrated in Figure 2.5) will reduce the osmotic pressure difference and, 
correspondingly, the salt concentration difference across the membrane. This fact was 
investigated by Blandin et al. (2013) in both FO; AL-FS and AL-DS modes. When applying 
AFO, membrane orientation in AL-DS mode exhibited higher water flux than AL-FS (Blandin 
et al., 2013). This water incremental was attributed to lower severity of ICP in AL-DS mode.  
However, there is a limitation as to what pressure the FO membrane can withstand and the 
boundary (pressure difference with the osmotic pressure) of converting the FO into RO 
industrial applications. 
Figure 2.5 below depicts the difference between conventional FO and RO and when using 
AFO. It illustrates that FO mainly depends on the solution chemical potential (i.e. ∆π) to draw 
fresh water until the flux reversal point ∆P = ∆π, then RO takes over.  
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Figure 2.5: The difference between FO and RO and AFO/PRO as a function of applied 
pressure to the membrane osmotic pressure difference (adapted from (Lee et al., 
1981)). 
At the grey dot, the FO is running under the osmotic pressure driving force, then the green line 
denotes the FO operation when the osmotic pressure is less than the external applied pressure, 
until the both pressures are equal at the middle line (orange dot). The red line represents the 
RO operation when the external applied pressure is higher than the difference in osmotic 
pressure across the membrane.    
PRO in most of the literature indicates the applied pressure on the draw solution side, and there 
is slight confusion between PRO and the membrane orientation in AL-DS mode. PRO 
technical meaning can be applied in AL-FS. Which is in other words, AFO. In Figure 2.5, one 
could add power consumption as energy requirement to indicate the operating cost variation 
between FO, AFO and RO. To make FO application even more attractive, feed solution (in the 
shell side) can be pressurized to draw more fresh water and reduce ICP. This exerted pressure 
is still less than the osmotic pressure difference between the feed and the draw solution and so 
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the operation is in the AFO/PRO region. Figure 2.6 demonstrate the exerted pressure in the 
feed side to gain more water flux than in FO case.  
 
Figure 2.6: Forward Osmosis (FO) and Assisted FO principal. In AFO mode, the 
applied pressure in the feed side shows a wider water flux arrow, which implies a 
higher water flux than in FO mode.  
AFO is practically between RO and FO, so the water flow in the operation can be described 
according to the following Equation (Merten, 1963): 
Jw=Aσ (Δπ-ΔP) 2.7 
Where, σ is the reflection coefficient (detailed discussion about this parameter is in chapter 4). 
The applied hydraulic pressure (however, Δπ >ΔP, unlike RO where ΔP>Δπ, and conventional 
FO is zero or close to zero). 
In this research, AFO will be applied to investigate the flux behaviour of brackish water when 
using co-produced water as a draw solution. Similarly, AFO will examine the selectivity of 
feed water composition by manipulating the feed water constituents and ionic strength. As 
mentioned earlier in the fouling Section (2.2.4), the higher the applied pressure as in RO, the 
higher the strength formed in the fouling layer, unlike the FO, where very low hydraulic 
pressure is needed to draw the water across the membrane. However, in the case of AFO, 
fouling behaviour will change and is going to be subjected to the amount of applied pressure, 
so this might alter the solution chemistry and, as a result, the permeate water specification.  
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2.3 Scaling  
The FO filtrate will be a new solution to be examined in the oil field as LowSal water, and part 
of this examination is to evaluate its scaling tendency through the surface infrastructure down 
to the oil reservoir. It is quite difficult to predict the type, location, and extent of the scaling, 
especially when injected water is mixed with formation water.  
Like any water handling process, during conventional water injection (co-produced water re-
injection with a minimum OiW content) a growth of scaling colonies is usually observed at 
some locations of the water injection and oil production process. This includes the surface and 
subsurface infrastructure (Sorbie and Mackay, 2000). Scaling formation has been encountered 
in many industries (heat exchanger, water treatment/desalination, sewage treatment plants, 
etc.) and in domestic applications as well (Mehta et al., 2015). However, in the oil field water 
injection system, the problem is investigable and a more serious and economic concern.  
The deposition of scaling minerals is believed to lead to an oil reservoir perforation blockage 
or generally a reservoir plugging (Zhang and Dawe, 1998). This in turn, reduces the 
productivity of oil producers, is a costly restoration process and well-work over will be 
essential to recover and restore the well to its normal production status (Khatib, 1998; 
Moghadasi et al., 2003). 
Common oil field scales are summarized in Table 2.3. 
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Table 2.3: Most common scales in oilfields (Moghadasi et al., 2004). 
Name 
Chemical  
Formula 
Primary Variables 
Calcium carbonate 
(Calcite) 
CaCO3 
Partial pressure of CO2, 
Temperature, Total dissolved  
salts 
Calcium Sulphate: 
Gypsum (Most common)            
Hemi–Hydrate        
Anhydrite 
 
CaSO4.2H2O       
CaSO4.1/2H2O         
CaSO4 
Temperature, Total dissolved 
salts, Pressure 
Barium Sulphate BaSO4 Temperature, Pressure 
Strontium Sulphate SrSO4 Total Dissolved salts 
Iron Compounds: 
Ferrous Carbonate 
Ferrous Sulfide 
Ferrous Hydroxide 
Ferrous Hydroxide 
 
FeCO3 
FeS 
Fe(OH)2 
Fe(OH)3 
Corrosion, dissolved gases, pH 
 
During scaling analysis in the North of Oman oil fields (which are using co-produced water 
for re-injection as a secondary oil recovery method), CaCO3 is found to be the dominant scale 
in most of the equipment scaling depositions, with a few barite scalings, which is a 
consequence of mixing aquifer water with the formation water during water injection 
(incompatibility issue). 
2.3.1 Scale crystallisation  
The formation of any scale (especially CaCO3 and CaSO4) can be quantified as a presence of 
crystallization. The process to form crystals of scale is briefly one of nucleation, growth and 
recrystallization (Buckley and Walker, 1951; Van Hook, 1961). These processes are elaborated 
in the following Sections. 
 
 
 
 
 34 
 
2.3.1.1 Nucleation  
Due to electrostatic interactions between the dissolved cations and anions in the solution, there 
is a tendency for ion-pairs to form. These ion-pairs are more likely to form ‘aggregates’. The 
growth of these aggregates is the nucleation of solid particles. This nucleation process can be 
either primary or secondary (Sudmalis and Sheikholeslami, 2000). Primary nucleation is 
subdivided into homogenous or heterogeneous nucleation. The former is not likely to occur as 
it refers to the nucleation in the absence of foreign bodies (Melia, 1965; Olajire, 2015), whereas 
heterogeneous nucleation depends on foreign bodies with a chemical potential between the 
solid and dissolved states (Melia, 1965). In heterogeneous nucleation, the solute is adsorbed to 
the solution impurities, which will act to form crystals. In other words, the homogenous 
reactions are within the aqueous fluid phase, whereas the reactions of the fluid phase with the 
solid mineral forming at the pore surface are called heterogeneous reactions (Civan, 2016). If 
the level of the supersaturation increases, then the potential will be higher for the dissolved 
solute to accelerate the homogenous nucleation.  
2.3.1.2 Growth 
Brice (1986) suggests that this growth step could be in the form of: 
1. Direct ion build-up in the crystal particle.  
2. Secondary nucleation at the crystallite surface.  
3. Particle agglomeration. 
2.3.1.3 Re-crystallization 
This stage represents the change of state for the mineral scales. The transition of various scale 
shapes from one polymorph to another could require a long duration, as is the case with CaCO3 
during the dehydration period. It quickly forms calcite and then slowly shapes to aragonite 
after achieving equilibrium with the surrounding conditions (Plummer and Busenberg, 1982). 
The kinetics of nucleation and growth to form calcite were largely influenced by the aqueous 
concentration ratio of Ca2+ and CO3
2− (Temmam, 1999; Gómez-Morales et al., 1996; van der 
Weijden et al., 1997). However, calcite saturation state, pressure, and temperature are the 
dominant driving forces or controlling factors for the calcite nucleation and growth kinetics 
(Clarkson et al., 1992). Benning and Waychunas (2008) explained the crystal formation 
process with nucleation energy Equations and different theories for each process. A detailed 
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model by Liu et al. (1997b) expressed the rate of precipitation and dissolution of the mineral 
as well as changing the grain radius as a result of various precipitation/dissolution reactions.  
Interestingly, the Cl  seems to be incompatible with calcite formation due to its ionic radius, 
namely 1.81Å (Shannon and Prewitt, 1969) and monovalent charge (Temmam, 1999). 
However, the calcite incorporated with Cl is explained as entrapment of solid inclusions and 
sometimes due to interstitial incorporation of the crystal defects (Staudt et al., 1993). This 
leaves more options on how to produce LowSal water and which boundary conditions we 
should avoid for certain scaling.  
2.3.2 Scaling causes  
Generally, for any solution to have the potential to form precipitates it should have the 
following properties: 
• Contain ions which can form solids at exceeded solubility limit/pressure, temperature, 
or pH changes.  
• Physical or composition alteration in the solution which will lower the solubility below 
the current concentrations.  
The above two conditions could be elaborated using the conditions of hydrocarbon reservoir. 
During crude oil (oil, water, and gas) extraction from the reservoir, the solutions are in 
thermodynamic equilibrium with the potential scaling minerals. However, if any, or more than 
one of those dissolved minerals (e.g.,

3HCO , Ca
2+, Mg2+, Fe2+, Fe3+, Na+, K+, ) exceeds 
the solubility limit in the formation water (or in a solution) under equilibrium conditions of 
pressure and temperature, this makes scaling more likely to occur.  
For instance, CaCO3 is formed when the brine is produced, along with the oil, as a consequence 
of the reservoir pressure drop, thus allowing the dissolved CO2 to be released (broken out from 
the brine) and increase the pH. This alteration for the carbonate equilibrium will allow the 
water to become supersaturated with CaCO3 (i.e., calcite) and promote the scaling formation 
(Zhang and Dawe, 1998).  
The process of calcite deposition is a result of the following reaction: 
Ca2++ CO
2
3 → CaCO3 2.8 
Cl
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When the formation solution is in equilibrium, there is a considerable amount of dissolved 
carbonic acid after the carbon dioxide dissolves in the formation water. The amount of 
dissolution depends on the CO2 partial pressure in the gas phase, that is:  
CO2 (aq) + H2O ↔

32  COH  2.9 
The carbonic acid can dissociate into a hydrogen ion and a bicarbonate ion: 
  3HCOHCOH 32  
2.10 
The bicarbonate ionisation can be described as follows: 
  HCOHCO3
2
3  
2.11 
Anggara et al. (2013) urge that the calcite precipitation may occur during CO2 gas injection 
(tertiary oil recovery) when the CO2 pressure declines away from the injector well and with 
the presence of calcium or bicarbonate water: 
CO2 + H2O + Ca
2+ ↔CaCO3 + 2H+ 2.12 
This means that CO2 is a key player (along with pressure, temperature, and water compositions) 
in determining the amount of calcite precipitation.  
Similarly, during water injection, the precipitation of calcite is due to the combination of 

3HCO
and Ca2+, and with external physical (pressure or temperature) or chemical alteration processes 
(e.g., pH and ionic strength change): 
2

3HCO + Ca
2+ ↔Ca(HCO3)2 2.13 
This could take another form of calcite precipitation: 
Ca(HCO3)2 ↔CaCO3(s) ↓ + H2O+CO2 2.14 
As with pressure and temperature, the pH factor was experimentally tested to alter the 
bicarbonate into carbonate, leading to calcium carbonate precipitation. Supersaturation of the 
minerals at specific conditions of pH, temperature and pressure is the major driving force for 
scaling formation (Hoang et al., 2007; Dyer and Graham, 2002b). Conversely, Duan and Li 
(2008) based their model on the assumption that pH will decrease as the pressure and 
temperature increase. They found that the coexisting calcite in the solution would act as a 
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buffer for the pH to slow its reduction during the decreased CO2 concentration in the aqueous 
solution.  
Regarding the temperature effect, Hoang et al. (2007) urge that some minerals have more 
sensitivity for scaling at elevated temperature, such as calcium sulphate. They found that the 
amount of scaling contributed by CaSO4 (and its various solid phases as gypsum, 
hemihydrates, and anhydrous) is higher at increased temperature. They addressed this increase 
of scaling at high temperature due to energy expended by the temperature to overcome the 
activation energy of the precipitation reaction that assists the rate of scaling, as shown in Figure 
2.7 
 
Figure 2.7: Influence of temperature on the CaSO4 scaling growth with a Ca
2+ 
concentration of 0.075 M (Hoang et al., 2007).  
However, Figure 2.7 was not reliable to predict accurate gypsum solubility because above 
40ºC, the solubility starts decreasing and the scaling tendency prediction for anhydrite is taken 
over from gypsum at a deeper point at an elevated temperature (Moghadasi, 2002).  
Unlike other scale minerals, CaCO3 becomes less soluble at higher temperatures. This is more 
obvious at the reservoir temperature, which is more often higher than the surface temperature, 
prompting the calcite scaling in the wellbore and plug around the perforations. Generally, the 
predominant forms of calcium sulphate deposition are gypsum (CaSO4.2H2O), which can 
deposit from room temperature to 40–90ºC (Zhang et al., 2015a), and anhydrite (CaSO4), 
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which can precipitate below 100ºC, whereas hemihydrate (CaSO4. 
1
2
H2O) dominates above 
102ºC (Sudmalis and Sheikholeslami, 2000). However, these temperature ranges are not 
always rigid in many occasions. Similar to barite, calcium sulphate deposition can be a result 
of injection of incompatible fluids (Vetter and Phillips, 1970; Leone and Scott, 1988; 
Moghadasi et al., 2002). In some reservoirs, the decreased pressure caused by fluid production 
will allow the hydrocarbon gas to expand and cause the hot brine phase to evaporate. This 
allows the dissolved solutes to precipitate as their concentration is now above the solubility 
level. The most common type of this precipitation (evaporation subsequence) is halite 
(Crabtree, 1999; Frenier and Ziauddin, 2008b).  
Temperature shows a larger effect on supersaturation than pressure (Dyer and Graham, 2002a). 
The solubility of CaCO3 decreased with increased temperature and higher concentration, as 
shown in Figure 6 by Duan and Li (2008). They also showed that the solubility increased at 
elevated pressures.  
Haarberg et al. (1992) pointed out the influence of pressure and temperature in their proposed 
equilibrium model on gypsum (generally sulphate and carbonate salts) precipitation. The 
formation of sulphate scale due to appreciable differential pressures was in the produced wells 
or around the wellbore, whereas this effect decreased as the temperature increased (Moghadasi, 
2002). Injection conditions of pressure, pH and temperature are believed to be the dominant 
parameters to control the occurrence of scaling deposition. However, scaling could be found 
at atmospheric pressure and temperature (Jing et al., 2013). 
2.3.3 Ionic Strength  
Water injection ionic strength was one of the related factors in scaling formation (Sudmalis 
and Sheikholeslami, 2000). Brine evaporation could lead to salt concentration within the 
aqueous solution and so prompt the mineral scales to precipitate (Mackay et al., 2004). 
However, Vetter and Phillips (1970) showed that the concentration of brine is proportional 
with CaSO4 at low pressure.  
For instance, anhydrite formation decreases with increasing NaCl concentration. Therefore, 
for each NaCl concentration, there is a specific pressure at which the solubility of CaSO4 
becomes more in the water than in the brine. This pressure decreased with increased NaCl 
concentration.  
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One of the methods proposed to reduce the scaling tendency is to inject aquifer water, since it 
always has less ionic strength than formation water. Analysis shows that aquifer water can 
specifically minimize the sulphate scaling (Ramstad et al., 1999), due to its lower ionic strength 
and its compatibility with the reservoir.  
2.3.4 Scaling measurement 
The saturation ratio (Sr) is a parameter that is used to indicate the potential of scaling tendency. 
It represents the saturation level of water in a mineral phase. It can be expressed as for calcite 
example as:  
   
 







 


PT,sp
COCa
r
K
aa
S
2
3
2
, 2.15 
where a is the activity of the ion at its equilibrium state and  Ksp is the solubility product of the 
scale forming mineral (CaCO3 in above Equation) which is a function of temperature, pressure 
and ionic strength (Oddo and Tomson, 1982). 
Hence, Equation 2.15 further explains the product of the anion and cation activities. The 
activity is a function of pressure, temperature, and ionic strength or concentration for the 
solution when the dissolved and undissolved ions are in equilibrium.  
The saturation ratio is an indication for the scaling to occur based on the saturation degree, but 
it does not predict the amount of deposition. Consequently, if Sr = 1, this means that the solution 
is saturated (for predominant scaling, this means scaling is possible) and the water is in thermal 
equilibrium. If Sr > 1, then the solution is supersaturated and scaling precipitation can occur 
from the solution. However, if Sr < 1, the solution is under-saturated and scaling is not likely 
to occur. Sometimes, this condition is called the dissolution condition.   
In some occasions, Sr is replaced by the saturation index (or Scaling Index) (SI) and it is the 
product of Log Sr (Zhang et al., 2015a). Then, if SI = 0, this indicates that the solution is 
saturated but it is in thermodynamic equilibrium with the scale mineral. As a result, scaling 
deposition can occur in the safe margin.  
If SI > 1, then the solution is supersaturated and the mineral scale will probably form. If SI < 
0, the solution is under-saturated and the mineral could still dissolve in the solution without 
forming any scaling precipitation.  
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2.3.5 Hydrodynamic influence in scaling precipitation 
Flow, Re has a proportional influence in scaling inhibition. At high Re, the scaling deposition 
was linear in the surfaces of stainless steel and aluminium substrates (Quddus and Al-
Hadhrami, 2009). The effect of flow velocity was examined with the heat exchanger at high 
velocities within the laminar and transient regime, and the fouling deposition was higher and 
faster than that observed in turbulent flow, where the flow velocity has less impact on the 
fouling severity (Wang et al., 2016). The hydrodynamic influence was investigated for calcium 
sulphate deposition in oil wells and no significant effect was reported and the rate of 
crystallization was driven by the surface reaction and nucleation sites (Vetter and Kandarpa, 
1970; Vetter and Phillips, 1970; Moghadasi, 2002).  
2.3.6 Scaling as a result of water mixing 
When co-produced water re-injection is insufficient to fill the oil reservoir void left after the 
crude production due to low water cut (Bader, 2006b), there is an urgent need for an alternative 
supply to avoid production declines due to the low water injection rate. Aquifer wells are 
usually available in most oil fields (e.g., Arab Gulf countries); however, they cannot be a 
standalone source to cover some larger field requirements. Sea water is most available as an 
alternative supply source; however, mixing formation water (of higher Ba2+) with sea water 
(rich in 
2
4SO ) can trigger mineral scale precipitation of BaSO4. During production, reduction 
of pressure and temperature can lead to barite formation because this leads to reduced solubility 
of the barite, and water re-injection should be simultaneous with the production to maintain 
the equilibrium of the mineral. The nature of water displacement, mixing, and sweeping 
efficiency could explain more about Ba2+ mineral-associated scales (Sorbie and Mackay, 
2000). Consequently, mixing water of higher 2
4SO  with water of higher Ba
2+ (even from the 
same reservoir, but from different production zones) (Zhang et al., 2015a) leads to BaSO4 and 
CaSO4 scaling precipitations. Therefore, for co-produced water treatment, ion selectivity for 
these two ions should be carefully considered.  
The location, type, and extent of the scale are part of the forecast when considering the water 
injection and mixing process in the reservoir. Common scaling locations were addressed based 
on water composition, reactions, pressure, temperature, pH, and ionic strength (Vetter and 
Kandarpa, 1980; Bader, 2006a) during sea water injection (or mixing with formation water). 
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Namely, calcium sulphate scales and calcite scaling locations were predicted using models 
considering temperature, pressure, and partial pressure changes (Vetter and Phillips, 1970; 
Vetter and Kandarpa, 1980).  
The incompatibility issue is a chemically and thermodynamically complicated subject. Even 
the same formation water is produced and re-injected into the same reservoir. The 
characteristics of the native water (formation water) is altered during production due to the 
change in pressure, temperature, or pH within the reservoir. In addition, the native water is 
altered even at various locations in the production string and gathering station (BinMerdhah et 
al., 2010). The problem becomes more complicated and worst for one field gathering all co-
produced water from various oil producers in a common tank and then re-injecting this 
skimmed water into different water injectors to support oil producers. In this case, this injected 
water varies from the parent formation water. The scaling tendency will vary according to the 
extent of the injected water TDS and compatibility with the parent formation water. 
Figure 2.8 depicts the water injection loop at various pressure and temperature ranges. This 
could explain the scaling potential at each location. The results for the scaling tendency at each 
location, which been simulated and experimentally investigated, are provided in Section 5.5 
(Chapter 5). 
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Figure 2.8: Expected locations for scaling in water injection and oil production system.
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2.3.7 Scale mitigation and management  
Scaling intervention means simultaneously increasing the operating cost of the oil production 
and water injection application. In most cases, the well needs to be shut-off which causes oil 
deferment (considered as unscheduled deferment if the scaling was not predicted at the early 
stage of the oil production and during the selection of the water injection quality). If the scaling 
is severe, then conventional chemical treatment (e.g., acid stimulation) is not adequate; then, 
mechanical intervention (e.g., pulling out the tubing) is required to restore the oil production. 
Acid injection can corrode the production tubing (Tomson et al., 1998). Sometimes, if the 
chemical solution is given adequate time to react and to dissolve the scales, then the inhibition 
could be effective (Frenier and Ziauddin, 2008b). Scale type, severity, and location are the 
fundamental tools to plan any scaling control strategy. 
Mackay et al. (2003) addressed the scale strategy by the following techniques based on the 
above factors: 
• Modify the injected water chemistry and its compatibility with the used material and 
formation equilibrium state. This includes the treatment of injected water (e.g., treating 
sea water for SO4 concentration or removing the carried out OiW content to the desired 
water injection target).  
• Use a scale inhibitor similar to a corrosion inhibitor or oxygen scavenger. For example, 
adding some acids to the scale precipitation (e.g., CaCO3) can dissolute the solid. This 
process is simply reverses Equation 2.11:  
CaCO3+ 2H
+→ Ca2++CO2 (gas) + H2O 2.16 
 
• Provide mechanical intervention by removing the scale (e.g., pulling out the 
production/injection well tubing) and so reducing the damage (Frenier and Ziauddin, 
2008a). 
The scale inhibitor method is the major scale control prevention method. These scaling 
inhibitor chemicals work by preventing the mineral scale nucleation and growth (J. Cowan, 
1976). 
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Detailed discussion about chemical scale inhibitors can be found in several reports (Frenier 
and Ziauddin, 2008a; Kelland., 2010; Olajire, 2015; Zhang et al., 2015a; Fink, 2015). The scale 
inhibitor mechanism has also been further elaborated (MacAdam and Parsons, 2004; Liu et al., 
2012). The mechanisms are summarized by Zhang et al. (2015a) as the following: 
1. Threshold effect: adsorbed the chemical ion into the scale nuclei to stop the nucleation 
and growth process. 
2. Crystal distortion: changed the scale crystal shape or morphology prompting the 
deposition/adhesion of scale to the surfaces.  
3. Dispersion: reduced the settling time for suspended solids to deposit/precipitate. This 
improves the surface kinetics to accept fouling.  
From this point of the scaling problem and the proposed treatment, FO or AFO is introduced 
in this research to provide ion-modified LowSal WI which can reduce the scaling tendency 
and improve the oil recovery with less expenditure.  
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CHAPTER 3. EXPERIMENTAL METHODS 
3.1 Introduction 
As per the research objectives outlined in Section 1.5, this chapter is divided into two phases. 
The first phase aims to provide the experimental methods for obtaining the necessarily 
parameters for the construction and validation of the mathematical model in Chapter 4. 
The second phase is to investigate the FO potential to produce a LowSal water by treating co-
produced water with brackish water.  
3.2 Materials  
3.2.1 Membrane 
Three sets of sulphonated random copolymer HF membrane (provided by Toyobo LLC, Japan) 
represented as NF-FO type, were used throughout the experimental investigations. These 
membranes are selected due to their highly chlorine-tolerant compared with the cellulose 
triacetate CTA membrane. NF-FO membrane has also the ability for divalent and multivalent 
salt rejection because of electrostatic repulsion. The membrane physical characteristics are 
listed in Table 3.1. 
Table 3.1: Hollow fibre NF-FO membrane characteristics 
Item Value 
Module  
Total module length (m) 0.45 
Effective module length (m) 0.275 
Module internal diameter (m) 0.013 
Material housing PVC 
Membrane area (m2) 0.0639 
No. of Hollow fibres 400 
Fibre outer diameter (µm) 190 
Fibre inner diameter (µm) 85 
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Both ends of the fibres are moulded by epoxy resin. Each fibre consists of a porous layer cased 
with a very thin (100 nm) skin, which is the active-layer firmly attached to the porous layer. 
The active layer is facing the shell side, as described in Figures 2.3 and 2.4.  
3.2.2 Chemicals  
Table 3.2 lists the chemicals used to perform the experimental investigations. Distilled water 
was provided using a water distiller. Whereas, ultra-pure water of 18 Ωm was supplied by 
Milipore S.A.S 67120 Molsheim, France.  
Table 3.2: Chemicals used in the experimental investigations 
Product Purity 
MW 
(gmol-1) 
Supplier 
Sodium Chloride (NaCl) >99% 58.44 SIGMA-ALDRCH 
Magnesium Chloride 
anhydrous (MgCl2) 
>98% 95.21 SIGMA 
Sodium Sulphate 
anhydrous (Na2SO4) 
>99% 142.04 Fisher scientific-UK 
Calcium Chloride 
dehydrated (CaCl2) 
>97% 110.99 Fluka 
Sodium Bicarbonate 
(Na2HCO3) 
>99% 84 SIGMA ALDRCH 
Magnesium Sulphate 
anhydrous 
>98% 120.366 SIGMA ALDRCH 
Citric acid (for membrane 
cleaning) 
C6H8O7 
>99.5% 192.12 SIGMA ALDRCH 
 
3.2.3 Experimental setups and measuring instruments  
Figure 3.1 illustrates the FO experimental rig equipped with HF membrane mounted in a 
counter-current flow pattern. The FO rig layout can be modified according to the investigation 
objectives and required parameters.  
The schematic depicts the FO rig placed in the AL-FS mode; however, the AL-DS mode was 
also investigated using the same rig.  
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Figure 3.1: FO rig to test the membrane in AL-FS mode. Feed and draw are maintained at 25 °C.
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Based on Figure 3.1, the following Table describes the apparatus and instruments utilized for 
the experimental investigations.   
Table 3.3: Tools and experiment’s apparatus specifications used in Figure 3.10. 
Instrument/apparatus Manufacturer Model Range 
Pump 1 FLOJET PT426943 
Head = 
50 m 
Pump 2 FLOJET PT416989 
 Head = 
40 m 
Pump 3 (for 5 bar (g) and 
3.33×10-5 m3 s-1) 
PEDROLLO PKm60 
 Head = 
5-40 m 
Pressure gauge (bar (g)) A NROME I itap 0-10 
Temperature gauge (ºC) A NROME I.S.P.E.S.L 0-120 
Level indicator Scaled sight glass   
Flow meter (Rotameter) LPM ELETTROTEC TFM01VL4/PS 0.5-4 
Conductivity meter Mettler Toledo SevenMulti  
Conductivity measuring probe 
(mS/cm) 
Mettler Toledo lnLab 730 
0.01-
1000 
Built-in heating element (with 
thermostat) (ºC) 
THERMOWAT 
ITALY 
R-T-M 0-80 
External heater (immersed coil-
type) used in case built-in heater 
is out of order (ºC) 
POLYSTAT Cole-Parmer -20-100 
Temperature indicator (K) 
TEMPCON 
instrumentation K 
Type 
3750 K  
Analytical balance (g) KERN PCB  0-6000 
External stirrer (rpm) IKA RCT basic 0-1500 
Draw pump outlet Q LPM Nixon NL-3905 TE 0-1 
 
3.2.4 Experimental conditions 
The practical aspects of this research involved experimental set-ups for a hollow fibre 
membrane, as illustrated in Figure 3.1. Using relevant chemicals from Table 3.2, the hollow 
fibre rig was used to acquire most of the relevant parameters for the mathematical model (e.g., 
Aw, B, Jw, etc.). These parameters were then used in the mathematical model to compute and 
compare the predictions with the experimental results. The predicted values of membrane 
sublayers concentration were used to model the FO membrane performance and mass transfer 
across each membrane layer.  
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More specifically, the FO rig (with installed HF membrane), proposed to accomplish the 
following goals: 
1. Measure water permeability (Aw) and salt permeability (B), in batch experiments (each 
run is considered after the rig is thoroughly cleaned and both solutions (draw and feed) 
are restored to their pre-determined concentrations. In addition, the experiments are 
carried out once the membrane is cleaned as described later in 3.4.6. 
2. Investigate the FO membrane performance under both orientations, namely AL-DS 
and AL-FS modes, to determine the best orientation that yields the highest 
performance. For this purpose, the experimental rig was placed in the FO mode, with 
minimal shell pressure and 0.7 bar (g) at the fibre suction, to overcome the fibre’s 
hydraulic resistance. 
3. Use various ∆π (by increasing the NaCl solution concentration (mainly in the draw 
solution), to investigate the influence of the osmotic pressure difference across the 
membrane considering the ion transfers, Jw and Js. Concentrations of 0.5, 1 and 1.5 M 
NaCl draw solutions were used prior to investigating the synthetic field water. Feed 
solution began with distilled water, then 2 kgm-3-1 was introduced.  
4. Investigate the effect of varying the shell (feed) flowrate from 1 to 4 LPM  at each 
osmotic pressure condition (the investigations are to couple shell hydrodynamic 
conditions, mainly Re/Sh to the membrane performance with respect to Jw, Js, ICP and 
ECP). 
5. Introduce Assisted FO (AFO) by steadily increasing the feed pressure (shell side) up 
to the maximum shell side feed pressure recommended by Toyobo, in the range of no 
more than 5 bar (g), with a maximum of 2 bar (g) on the fibre side (since the membrane 
manufacturer suggests 0.7 bar (g) pressure is required to overcome the fibre hydraulic 
resistance). The applied pressure test is to examine the influence of AFO on the 
permeate flowrate and the solute. The AFO membrane filtrate is analyzed for ion 
composition using Ion Chromatography IC5000 and the titration method using Auto-
Titrator plus 848, from Metrohm. The analysis is to determine the type of diffused ion 
across the membrane and its concentration.   
6. Simulate the scaling tendencies (ST), using analysed water compositions, using 
ScaleChem Studio 9.2 from OLI-3 software, and validate with the experimental results 
from a third-party scaling rig laboratory (using the FO filtrate characteristics).  
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7. With synthetic field water, introduce 100 and 1 kgm-3 lamp oil into the draw solution 
to test the membrane for fouling. The results will evaluate the membrane efficiency in 
treating the co-produced water and test the membrane filtrate for the oil in water 
concentration. UV/VIS spectrometer is then used to measure the oil concentration.  
3.3 Toyobo Membrane Performance Evaluation 
3.3.1 Scope of work 
The purpose of this Section is to assess the membrane performance and to measure its intrinsic 
parameters, Aw and B. Then, these two parameters are compared with the values provided by 
the membrane manufacturer. Both Aw and B, are essential to calculate the theoretical water 
flux and salt permeation through the membrane sub-layers. Determining the structural 
parameter, S, also requires the value of Aw. Furthermore, very detailed calculations about the 
concentration polarization, CP needs reliable values of Aw and B to validate the experimental 
results with the mathematical model (Chapter 4). 
Before proceeding with the Aw and B measurements, the membrane water flux was initially 
measured and evaluated using the Hagen-Poiseuille law, which is described in the next 
Section.   
3.3.2 Preliminary evaluation 
A preliminary evaluation of the membrane was performed by applying a two-meter static 
height of distilled water to test the flow of distilled water (with a conductivity of 2-4 mS) 
along the fibres (tubes). The test was carried out for about 19 hours, using membrane no. 3, 
as shown in Figure 3.2. 
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Figure 3.2: Initial investigation to calculate the membrane volumetric flowrate along 
the fibres using static head pressure. 
This basic experimental test was used to confirm the theoretical flowrate, which is related to 
the pressure drop along the pipeline of known internal diameter (e.g., hollow fibre internal 
diameter). For Re < 2100, the differential pressure is calculated as: 
i
f
2
m
d
4L
CρU
2
1
ΔP 
. 
3.1 
Substitute Cf with 
Re
16
to obtain: 
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This is the Hagen–Poiseuille law for laminar flow (Re < 2100), where the flow velocity 
through the pores can be determined by rearrangement of Equation 3.3 to yield: 
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Whereas, for N hollow fibres inside the membrane module/shell (N= 400): 
4
π
*
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
. 
3.6 
 
Initial results for membrane no. 3, using the setup as shown in Figure 3.2, and the above 
equations, are shown in Table 3.4. However, due to high discrepancies generated from 
membrane no. 3, similar tests using the FO rig in Figure 3.1 via P01, membrane no. 2 showed 
better results, as illustrated in Table 3.4. During this test, the static head P , was maintained 
at 2 m. The calculated head for 2 m height was 0.196 bar (g). 
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Table 3.4: HF membrane flow investigation through the fibre side, using various 
hydrodynamic conditions 
 
Parameter 
Membrane no. 
3 
Membrane no. 
2 
Value 
N (fibres) 400 
di (m) 9.50×10
-5 
L (m) 0.27 
Density (kgm-
3) 
996 
Viscosity 
(Pa.s) 
0.00089 
Pi 3.14 
Temp (°C) 25 
Circulated 
water 
Distilled water 
P (bar (g) 
Membrane no. 3 Membrane no. 2 
0.196 2* 0.2* 0.7* 1.8* 
Jw,Estimate 
(m3m-2.s-1) 
5.92×10-8 5.25×10-7 5.26×10-8 1.81×10-7 4.73×10-7 
Jw,exp 
(m3m-2.s-1) 
4.32×10-9 1.24×10-7 2.36×10-8 3.75×10-8 9.17×10-8 
Error 92.7% 76.4% 55.1% 79.6% 80.6% 
Jw,Estimate 
(m3m-2.s-1) 
  
Using 1 M NaCl solution pumped at 0.7 
bar (g) 
  4.73×10-7 
Jw,exp 
(m3m-2.s-1) 
  1.13×10-7 
Error   38.8% 
          *Using Figure 3.1, with only fibre inlet flow via P01. 
It is shown in Table 3.4 that a higher membrane water flux and smaller error was obtained 
with saline water than with distilled water. Introducing the NaCl solution with an osmotic 
pressure of 74 bar (1 M) and 1.056 kgm-3 density, could have altered and enhanced the 
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mechanical structure of the fibres. More details about the possible fibre behaviour caused by 
the solution chemistry is presented in Section 5.1.1. The results with saline water showed 40.6 
% enhancement in the water permeability compared to distilled water, at a fibre suction 
applied pressure of 0.7 bar (g) 
Table 3.4 also displays the variation in the water flux between the theoretical/estimated and 
experimental values for similar received membranes. The variation could be attributed to the 
manufactured defects as fibre blockage (which can also be caused during the experimental 
testing), and inconsistencies in the fibre’s internal diameter, along the tube length. The low 
water permeation could be due to low membrane hydrophobicity, which is mainly due to the 
manufacturing material such as polysulphone supported materials (e.g., in the porous layer) 
(McCutcheon and Elimelech, 2008). In the membrane morphology (Section 5.5), Scanning 
Electron Microscopy (SEM), Reflected Light Microscopy, and Stereo Microscopic images, 
illustrate many fibre deformations, manufactured defects, and fibre blockages.  
3.4 Calculating Water and Salt Permeability in the RO Mode 
Intrinsic membrane properties, namely water permeability, Aw and salt (NaCl) permeability, 
B, as well as the salt rejection, R, were examined using an RO mode test.  
The membrane manufacturer’s reported Aw and B values are as follows: 
Aw = 0.361×10
-6 m3m-2s-1.bar-1 
B = 7.3×10-6 m3m-2s-1  
The following Section describes our approach to replicate the above two parameters using the 
set-up in Figure 3.1. 
3.4.1 Measuring water permeability (Aw) using the RO test mode  
Using the experimental rig in Figure 3.1, the water permeability measurement was performed 
similar to the protocol for RO membranes (Phillip et al., 2010; Cath et al., 2013). Prior to the 
investigation, the membrane was kept immersed with a de-ionized water to maintain the 
membrane integrity and to provide additional means of hydration.       
Distilled water of TDS < 0.006 kgm-3  and conductivity of 3-7 µScm-1 was pumped into the 
membrane shell side at varied pressures from 1 to 5 bar (g), as suggested by Mulder (2012). 
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The flow was controlled via the manual isolation valve downstream P01 in the recycle line 
back to the feed tank. The fluid’s temperature was maintained via a heat transfer process that 
took place within the water bath through inline stainless steel heating coils in both tanks (feed-
in and draw-in). The temperature was continuously monitored via extended temperature 
thermocouple K-type sensors, with an LCD display monitor. An operating temperature of 
298.15±1 K was chosen. The filtrate water was collected from the fibre side ports and 
measured using an analytical scale. The total permeation was considered from the total 
volume at the end of each run. The change in mass as a function of time was determined as 
the water flux across the membrane fibres. An one-hour test period was selected as the total 
run time (Yip et al., 2010). Table 3.5 describes the testing conditions to measure Aw and B in 
RO mode.  
Table 3.5:  Operating conditions for RO mode to determine Aw and B (counter-current 
pattern) 
Parameter Unit Description 
Feed pressure 1-5 bar (g) 
1 to 5 bar (g) was used to determine the Aw since 
the shell side can withstand up to 5 bar (g) (based 
on Toyobo recommendations) 
Feed water 
conductivity 
3-5µScm-1 Distilled water of < 0.006  kgm-3 was used 
Draw solution 1.5-2 kgm-3 
Prepared by dissolving NaCl in distilled water 
For the measurement of B 
Feed & draw 
temperature 
298.15±1 K 
Maintained by build-in heating element/external 
heating coil 
 
The Aw value was determined using the RO equation for water flux (Jw), expressed by 
Equation 2.6: 
 ΔPΔπσ AJ ww  .  
Distilled water was used as the testing solution at zero osmotic pressure. In this case, the 
reflection coefficient was assumed to be unity (almost negligible amount of solute in the 
water), and therefore, Aw is given as: 
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ΔP
J
A ww 
. 
3.7 
Hydraulic pressure was gradually applied to the shell side, from 1 bar (g) to a maximum of 5 
bar (g), for a 1-hour pressure interval.  
Figure 3.3 depicts the measurement setup used to measure the water and solute permeability. 
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Figure 3.3: Experimental set-up to measure Aw and B in RO mode, using varied shell hydraulic pressure at 25 °C.
 58 
 
The test was repeated to confirm the confidence of the reading and to obtain comparable 
results to the manufactured Aw reading. The repeated results are provided in Section 8.1 
Appendix 1. 
The value of Aw is the slope of water flux (Jw) as a function of the differential hydraulic 
pressure P (bar (g)), as shown in Figure 3.4, and based on collected data in Table 8.4 Section 
8.1 Appendix 1. 
 
 
Figure 3.4: Jw as a function of P during the RO experiment performed to determine 
Aw. Feed solution was deionized water and the temperature was 25 ºC. 
Figure 3.4, represents the average water permeability coefficient at the lowest intercept 
between other water permeability tests. Therefore, water permeability considered as  
2.89×10-7 m3.m-2s-1.bar-1 compared to that of Toyobo (Aw =3.61×10
-7 m3.m-2s-1.bar-1). As 
expected, the water flux increased linearly with the applied pressure from 1 to 5 bar (g). The 
slight variation of Aw between our investigation and the Toyobo results could be due to the 
testing environment of the equipment and the membrane imperfections, as discussed in 
Section 3.3.2. Further suspected causes for the Jw variation is the lower R value reported by 
Toyobo of 56% compared to the R values in Table 8.4.  
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3.4.2 Calculating osmotic pressure (π) at various ionic strength 
 For solute permeability and future investigations, various NaCl concentrations were prepared 
to determine the solution’s osmotic pressure, π, and possibly obtain a common correlation 
(using OLI-3 software) 
 
Figure 3.5: Osmotic pressure of NaCl solution at various concentrations (M) at 25ºC, 
using OLI software. 
The value of π = 3.367C2 + 43.4C + 0.0492 from Figure 3.5, can be used to calculate the 
osmotic pressure at given NaCl concentration.  
3.4.3 Measuring solute permeability (B) 
For salt permeability B, the NaCl solution was prepared as shown in Table 3.6. Stream 
Analyzer sotware from OLI-3 was used to calculate the solution osmotic pressure, as 
illustrated in Figure 3.5. The solution was pumped through the shell side of the membrane, 
gradually from 2 to 5 bar (g), whereas the filtrate was collected in a graduate cylinder at the 
end of the fibres outlet, as illustrated in Figure 3.3. Each run continued for one-hour intervals.  
Table 3.6: NaCl solution preparation for salt permeability, B, measurement 
Chemical 
Required 
concentration ( 
kgm-3) 
Final 
M 
P  
bar (g) 
Temp 
°C 
Qshell m
3s-1 
NaCl 1.5 0.026 1-5 25 1.66×10-5 
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Salt permeability is calculated following a similar  method to Loeb et al. (1997): 
  
R
PRA
B
 

1
, 
3.8 
where R is the solute rejection, and is calculated using the rejection Equation: 







F
P
C
C
1R
, 
3.9 
where CP and CF are the filtrate and feed concentrations, respectively.  
Rearranging Equation 3.9 gives: 
wA
B
.
PR
R
 

 11
, 
3.10 
where the osmotic pressure difference,  is the difference between the osmotic pressure in 
the draw solution of 1.5 kgm-3  TDS (equivalent to π =1.21 bar using OLI software) and the 
osmotic pressure in the filtrate side.  
From Table 8.7 (Section 8.2 Appendix 1), Equation 3.10 was used to calculate B, as shown in 
Figure 3.6, where 
wA
B is the slope of the graph, as shown in Figure 3.6. 
 
Figure 3.6: Calculation of salt permeability, B using the graphical method of linear 
fitting of (1 − R)/R vs. 1/ (∆P-∆π). 
From Figure 3.6, the slope (B/Aw) = 0.915, and 
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Aw = 2.89×10
-7 m3.m-2s-1.bar-1 
B = 2.65×10-7 m3 m-2.s. 
The measured value for B implies a significant difference with the reported value by Toyobo, 
i.e. 7.3 ×10-6 m3 m-2.s-1. Hence, most of the received membranes gave the similar value of B 
at the same testing conditions. One of the suspected reasons for this difference is the variation 
in the rejection values. In Figure 3.6, the rejection results varied from 56, 66, 70 and 77% at 
2, 3, 4 and 5 bar (g), respectively. However, by looking to the manufacturer’s value of B, their 
reported rejection was 53%.  
Summarized results for investigations compared to the Toyobo results are listed in Table 3.7. 
Table 3.7: Hollow fibre RO performance using water and solute permeability 
Toyobo Uni of Surrey test 
Condition Parameter Value Item/parameter Value 
RO test 
Aw 
m3m-2.s-
1.bar-1 
3.6×10-7 Aw 2.89×10
-7 
B 
m3m-2.s-1 
7.3 ×10-6 B 2.65×10-7 
 
3.4.4 Experimental investigation  
As briefly mentioned in Section 3.1, the experimental investigation was divided into two 
phases: 
1. Test the membrane performance using various NaCl osmotic pressures, specifically, 
Jw, Js, ICP and ECPs. Meanwhile, the mathematical model is used to predict the 
concentration profile across the membrane sublayers at each osmotic pressure test. 
2. Investigate the feasibility of the FO membrane to produce LowSal water by treating 
co-produced water with brackish water.  
The results from 1 and 2 above were used to construct and validate the mathematical model 
developed in Chapter 4. 
To accomplish phase 1, NaCl solution was selected based on the following considerations: 
 62 
 
• It is the dominant constituent in oil field water (the ionic strength of NaCl solutions 
was prepared to simulate the osmotic pressure of the oil field water), 
• Highly soluble in water, 
• Non-toxic, 
• Available in high purity, and relative to other chemicals, it is less expensive, 
• Provides high osmotic pressure, as shown in Figure 2.1. 
Oil field data were collected over a year to obtain the co-produced water TDS minimum and 
maximum readings, temperature, and oil in water concentrations. The collected data were then 
averaged due to the variation of water characteristics and compositions. For this research, 
samples from brackish water wells of low salinity (8-15kgm-3 TDS) were analyzed, as shown 
in Table 8.8 in Appendix 1. Similar methods were carried out for the analysis of co-produced 
water. Following the NaCl solution experiment, synthetic field water was then introduced.  
As a summery for the experimental conditions and runs, the following Table demonstrates the 
conditions for each experiment. 
 Table 3.8: Experimental conditions at various draw and feed concentration and flowrates. 
Draw solute 
Concent. 
Feed 
Concent. 
Membrane 
Orientation 
Draw 
P 
bar 
Feed 
P 
bar 
Flowrate 
×10-5 m3s-1 
0.5 M = 23.1 
bar 
0.034 M 
= 1.61 
bar 
 
 
AL-FS 
0 1 1.67 
0 2 3.33 
0 3 5 
0 4 6.67 
1 M = 48.5 
bar 
0.034 
 
 
AL-FS 
0 1 1.67 
0 2 3.33 
0 3 5 
0 4 6.67 
1.5 M = 74.0 
bar 
0.034 
 
 
AL-FS 
0 1 1.67 
0 2 3.33 
0 3 5 
0 4 6.67 
1.62 = 84.1 
bar 
0.161 M 
= 7.83 
bar              
AL-FS 0 1 1.13×10-7 
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3.4.5 Evaluating Jw and Js at various draw and feed water solutions  
Distilled water was used to prepare NaCl solutions of various osmotic pressure. The 
preparation of the solutions involved using chemicals from Table 3.1 and for tools and 
associated instruments listed in Table 3.2. All solutions were prepared at 25°C. The osmotic 
pressure for each solution was calculated using the stream analyser from OLI-3.  
Table 3.9: Specifications for feed and draw solutions 
Molarity 
(M) 
π (bar) Comment 
0.00067 0.032 Feed (distilled water) 
0.026 1.61 
Feed (shell side) 
0.0346 1.91 
0.5 23.1 
Draw (fibres) 1.01 48.5 
1.5 74 
 
For all solutions in the FO-mode experiment with AL-FS orientation, the following 
experimental descriptions are common.  
Distilled water was chosen as the initial feed to test the membrane performance and to 
investigate the solute diffusion across the membrane. Having distilled water in the feed side 
as opposed to salty solutions on both sides of the membrane could better demonstrate the ECP 
influence and the mass transfer in the external boundary layer of the feed side. 
As shown in Figure 3.1, the diaphragm pump (P-01) from Flojet, was used to circulate the 
solution through the membrane shell side (assuming AL-FS mode) and back to the feed tank 
in a closed loop. The required operating pressure and flowrate were maintained by adjusting 
the throttling valve downstream from the feed pump to the feed tank using the recycle line. 
The build-up of feed water concentration developed from the reverse solute transfer across 
the membrane (i.e. Js), was measured using a conductivity meter with an InLab 730 measuring 
probe. Differences in TDS/conductivity readings between time zero and the end of the 
experiment (i.e. after one hour) were then recorded (considering the steady state condition) to 
calculate the membrane performance with respect to the solute rejection, as indicated in 
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Equation 3.10. The feed tank temperature was maintained by a built-in heating coil thermostat. 
However, an external heating element was also submerged in the feed tank for efficient 
heating and a precise temperature setting. The temperature was monitored with a K-type 
thermocouple connected to a temperature indicator. The feed and draw water levels were 
measured and recorded at the beginning and at the end of the experiment to calculate Jw and 
Js. Differential pressure across the membrane was recorded using the membrane upstream and 
downstream pressure gauges (PG), for the transmembrane pressure calculation. Shell side 
flowrates of 1.67, 3.33, 5 and 6.67 (×10-5 m3s-1) were applied at each draw solution molarity, 
to investigate the hydrodynamic influence in the membrane performance under each draw 
solution concentration. 
In the draw solution side, the experiment was first conducted with 0.5 M NaCl solution, and 
prepared as shown in Table 3.9. 
Table 3.10: NaCl draw solution specifications prepared at 25 °C, π = 23.1 bar. 
Chemical M 
Fibre inlet 
Pressure 
bar (g) 
Temp 
ºC 
π (bar) 
NaCl 0.5 0.7 25 23.1 
 
The draw solution was pumped by the diaphragm pump (P-02) to the inlet of the membrane 
fibres. Desired pressure and flowrate were maintained by adjusting the throttling valve in the 
draw tank recycle line. An inline pressure gauge (PG), temperature gauge (TG), and a 
flowmeter were used to continuously monitor the draw solution discharge to the membrane. 
Draw tank temperature was monitored with a K-type thermocouple connected to a 
temperature indicator. Scaled sight glass was used to read the draw tank level.  
At the end of the experiment, samples were collected from the filtrate and the feed water tank 
to determine the salt diffusion behaviour and the membrane solute rejection.  
3.4.6 Membrane cleaning protocol  
Following the experimental runs, Jw was gradually decreased and effective intervention 
should be efficient to restore the original membrane performance. Water flux restoration was 
achieved through effectively cleaning the experimental rig. Accumulated solute could ruin 
the gauge’s response, build an external scaling in the heating elements, block the pump’s 
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strainer, and most importantly, cause membrane ECP and ICP, which decreases the overall 
performance. Therefore, the cleaning protocol was performed promptly after each run (or at 
least one set of experiments).   
Details for the cleaning procedure are provided in Section 8.2.2 (Appendix 1). Following the 
cleaning protocol, Figure 3.7 illustrates the performance of chemical cleaning, followed by 
distilled water flushing. The cleaning was carried out after performing the first run of distilled 
water feed solution and 0.5 M draw solution. 
 
Figure 3.7: Results for cleaning the membrane with sodium hydroxide, followed by 
flushing with distilled water. 
Figure 3.7 demonstrates the duration and efficiency of chemical cleaning to disperse the 
accumulated solute of 1.1 kgm-3 inside the fibre to about 5×10-3 kgm-3 mgL-1 in about 15 hours. 
Distilled water was used to flush the fibres thoroughly, following the chemical cleaning. As 
the fibre outlet conductivity approached 0.05kgm-3, this indicated the fibres were almost 
cleaned. At this stage, the membrane was ready to be used for the next experiment with a 
different condition. The cleaning also considered the restoration for the water permeation, as 
indicated in Chapter 5 in Figure 5.31. 
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During the weekend and where manual cleaning is not possible, to minimize the usage of 
cleaning chemicals, the author suggests to leave a high osmotic pressure solution in the shell 
side, with a less osmotic solution in the fibre’s side. Such a set-up promotes natural water 
convection into the draw side. During the fresh water permeation, remaining solutes inside 
the porous layer as well as ECP’s will be diluted and travel away to the shell side. However, 
the efficiency of ‘osmotic cleaning’ is not effective as chemical cleaning. 
3.4.7 AFO Investigations and Filtrate Analysis 
This section represents the experimental phase 2, as mentioned in Section 3.5. Co-produced 
water was synthetically prepared as the draw solution, whereas the brackish water was 
prepared as the feed solution (in AL-FS mode). The preparation of each solution is based on 
the ion concentrations (Table 3.10), which was prepared to give the same osmotic pressure 
found in oil field solutions. An example of arranging ions to make a molecule is shown in 
Section 8.1.2 (Appendix 1). 
Table 3.11: Constituents of oil field brackish water (feed) and co-produced water (draw 
solution) 
Ions 
Feed 
kgm-3  
Draw 
 kgm-3 
Na 2.90 27.42 
HCO3 0.145 0.21 
SO4 1.74 0.098 
Cl 4.81 58.4 
Mg 0.092 1.23 
Ca 0.776 7.17 
Total Dissolved 
Solids (TDS) 
9.37 94.4 
 
The experimental procedures outlined in 3.4.5 were performed using the draw and feed 
solution conditions used in Table 3.10. The same experimental rig, as illustrated in Figure 3.1, 
was utilized in a counter-current flow pattern as in the FO experiments. Except in AFO, the 
shell pressure was varied from 1 upwards to 5 bar (g). The purpose for the applied pressure 
was discussed in Section 3.2.4. 
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3.4.8 Ions analysis using Ion Chromatography (IC) 5000 
The use of IC to analyse the co-produced water was reported by (Liu et al., 1997a). They 
argue that the problem of high ion concentration (e.g., Na+ and Cl-) could limit the use of this 
application. Kadnar and Rieder (1995) and Kadnar (1998) investigated the detection of minor 
components in co-produced water using IC suppressed method unit, when the ratio of Cl ions 
to the minor ions are in the range of > 1000:1. They found that IC results for minor ions could 
be detected at a level of 1×10-3 kgm-3 compared to a high concentration of Cl ions for the same 
solution. In the suppressed method, ionic substances of opposite polarity to the ions of interest 
are removed by a ‘suppressor’ after the eluent passes the analytical column. The electro-
conductivity of the eluent will then be reduced and it would thus be possible to precisely 
detect the anions (Buchberger, 2001; Douglas et al., 2002; Lopez-Moreno et al., 2010). 
Therefore, a dilution of 10:1 for the feed and 100:1 for the draw is required for reliable results.   
Živojinović and Rajaković (2011) reported a precise and quick analysis of the IC suppressed 
method for detecting various corrosive anions in a conditioned-water steam cycle. IC was also 
used to analyse the oil field co-produced water to determine the scaling prediction using OLI 
software (El-Said et al., 2009).  
In this research, filtrate and feed solutions (after each run), were analyzed for ion identification 
using IC5000 (Dionex, Sunnyvale, CA, USA) with two different columns (anion and cation). 
The instrument was first calibrated to accommodate the samples minimum and maximum 
expected concentrations. This was based on the feed and draw solution’s initial constituent’s 
analysis. The calibration was performed using an individual ion standard solution. The latter 
was made by adding ultra-pure water (18 Ωm). The preparation of the standards was described 
in Section 8.2.3. 
The standards were prepared using 1:2, 1:5, 1:10, 1:25, 1:50, 1:100 and 1:1000 dilution 
factors. Cation and anion calibration curves were investigated separately. Cation analysis was 
performed first, followed by anion. The peak area (µS*min) versus sample concentration 
(after dilution) were plotted to determine the slope. The slope equation was then rearranged 
to calculate the concentration of the ions.  
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3.4.8.1 Cation and anion calibration  
The original draw solution of Na+ concentration is 27.4 kgm-3. Then, using C1V1 = C2V2, the 
new Na+ concentration was calculated. The seven dilution samples were prepared, as shown 
in Table 8.10 (Appendix 1). 
By plotting the peak area (µS*min) (A) measured by the IC unit against the prepared standard 
concentration, Figure 3.8 depicts the Na+ calibration curve. 
 
Figure 3.8: Na+ calibration with peak area (µS*min) vs concentration (kgm-3) in 
IC5000.  
The curve calculation for Mg and Ca ions was identical to that of the Na ion method, and the 
results for the three cations are shown in Figure 3.9. 
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Figure 3.9: Calibration curve for the cations in IC5000.  
The Na ion occurs first after almost six minutes, followed by Mg ion at 12 minutes and finally 
the Ca ion after 17 minutes. The analysis for cations last for 30 minutes. A similar method 
was used for the anions, in which a sample of 3 ml was injected in the anion analysis 
compartment. After 15 minutes, the results were interpreted in separate graphs for Cl and SO4 
ions. Concentration equations for individual ions are listed in Section 8.2.4 (Appendix 1). 
3.4.8.2 HCO3  ion measurement 
The titration method was used to measure the concentration of bicarbonate in the water 
sample. The determination of HCO3 ion is based on the Alkalinity principle, namely how 
much volume of acid is needed to reduce the sample pH so as to convert all bicarbonate and 
carbonate to carbonic acid ( 32COH ). This can be illustrated by the following reactions: 
  3
2
3 HCOCOH , 3.11 
323 COHHCOH 

. 3.12 
For this purpose, Auto-titrator 848 plus was used after initial alkalinity calibration was 
conducted. The calibration was set to achieve an endpoint (EP) at which the above reactions 
were achieved at pH of approximately 3.8-4.5 (as an average). 
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3.5 Investigating the Effect of OiW in the Membrane Performance  
As mentioned earlier in the literature review, the co-produced water contains a considerable 
amount of oil, which could drastically reduce the membrane performance due to fouling. In 
order to simulate carried-out OiW, the experiment was modified to accommodate the new 
objective. The investigation involved analysing the oil content in the filtrate as well as in the 
feed side (in case of oil diffusion with the reverse solute flux to the shell side). These analyses 
are crucial to determine the FO membrane capability to produce a filtrate containing oil of a 
concentration that meets the water injection target (i.e. about 10-50 ppm). To facilitate this 
experiment, a mechanical static mixer was installed downstream P-02, as shown in Figure 
3.10, to provide: 
• A homogenous and even mixture of oil and water.  
• Avoid oil droplets coagulation into larger droplets which might foul the membrane 
quicker than smaller droplets. 
• Break down the oil water emulsion.  
In addition, two sample points are provided to evaluate the membrane durability via 
measurement of the oil droplet’s size and concentration in the filtrate.   
According to the previous mixer usage, its outlet particles were in the range of 15-85 µm. 
Based on Table 3.1, the fibre’s internal diameter is about 85-90 μm, which means if the oil 
droplets coalesce within this range, then the membrane is more likely to become clogged, thus 
reducing the mass transfer rate. 
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Figure 3.10: Modified arrangement to investigate the OiW fouling and affects in FO performance.
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Based on the field data collection, downstream of the skim tank prior to water injection, it 
exhibited the maximum concentration of OiW of 0.1 kgm-3 for 12 months. Therefore, synthetic 
co-produced water of 0.1 kgm-3oil was initially prepared. For laboratory health and safety 
reasons, and due to the membrane size scale, lamp oil from Langlow (UK) with a specific 
gravity of 7.9×10-4 kgm-3 was used to simulate oil contents in the co-produced water. A 
commercial FO membrane of larger size, could be tested in the real OiW case. 
The oily water sample was prepared by following the simple calculation: 
 
(g/mL)density  oil Lamp
(mL)  volumeoilppm)or  (mg/L concent.solution  required
mLsolution  draw of Volume

  3.13 
 
The experiment was conducted in AL-FS mode, with an exerted pressure of 2 bar (g) in the 
shell side, and 0.7 bar (g) in the fibre side. Details about the experimental procedure and 
measurements are in Section 3.4.4. 
During the experiment, two samples were drawn from upstream and downstream of the static 
mixer. This is to determine the effectiveness of the mixer breaking down the oil droplets and 
avoiding coalescence, and reducing any membrane plugging. Samples were taken immediately 
to a Coulter Counter for analysis, thus to avoid oil coalescence in the sample. Explanation 
about the Coulter Counter is presented in detail in Section 3.6.3.  
Additional samples were drawn from the feed and the filtrate, which were then analyzed by a 
UV/VIS spectrometer to determine the oil concentration. Details about this procedure are in 
the followingsection. 
3.5.1 Effect of OiW in the membrane water permeation 
To investigate the membrane durability and performance when oil was introduced to the water, 
the experiment was allowed to run continuously for 96 hours. The feed water (flowing in the 
shell side) was replaced every 24 hours to maintain a consistent osmotic pressure and to reduce 
the effect of oil build-up in the shell side of the membrane. Samples were drawn every 12 hours 
to monitor the water flux, and every 24 hours to study the OiW behaviour.  
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The draw solution concentration and oil content were kept constant with fixed experimental 
operating parameters. Both feed and draw solution temperatures were maintained at 25 ±1 ºC. 
The membrane was then examined with  1 kgm-3 OiW. The new concentration was to provide 
a means of maximum operating limit and to simulate the field during process upset where OiW 
could peak to more than 0.1 kgm-3.  
3.5.2 Ultraviolet-Visible (UV/VIS) spectrometer  
Ultraviolet-Visible spectrometer, or spectroscopy, is a common instrument to measure the 
reflection/adsorption of lights of various wavelengths. It provides an accurate method of 
quantifying concentrations of a particular substance in a solution (Denney, 1987).  
in S principle is  providedetails about the UV/VIFurther d  Section 8.2.6 (Appendix 1). To 
measure the concentration of OiW upstream and downstream of the membrane, a concentration 
of diluted lamp oil in Hexane of 0, 4, 10, 100, 250, 500 and  1 kgm-3 were prepared to plot a 
calibration curve using a Ultraviolet/Visible (UV/VIS) spectrometer Lambda 2 unit with UV 
WinLab software (from Perkin Elmer). This method is also called the FastHex, referring to the 
use of Hexane to absorb/extract oil droplets from the original solution (Belope and Thorpe, 
2007; Miguel-Angel, 2010). Hexane has good solubility in water and possesses a high 
transparency in low UV regions, which enables the detection of oil droplets (Thomas et al., 
1996). In addition, Hexane has a low cut-off wavelength in the UV region of 199 nm. 
The unit functions based on the Beer-Lambert law, the final form of which gives a linear 
relationship between the absorbance and concentration of a sample: 
pAbsor CLA  , 3.14 
where Absor is the absorbance,  A is the molar absorption coefficient (absorptivity), C is the 
concentration of the sample, and Lp is the path length of the cell. Rearranging Equation 3.14 to 
determine the sample concentration, C using the following relation:  
pA
bsor
L
A
C


 
3.15 
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Using Equation 3.15, plotting absorbance versus concentration constructs a calibration curve. 
Pure Hexane was used as the reference blank. Quartz cuvettes (cell) were used (from Hellma 
Analytics high precision Cell QC) in this experiment due to their improved accuracy in light 
absorption compared with plastic or glass cuvettes. Quartz cuvettes also do not absorb light 
below 380 nm, which does not interfere with the data analysis. They can also handle a wide 
range of materials. The transparent side of the cuvette was placed to the optical path. The 
threshold values were specified by using different ranges of wavelengths to determine the peak 
values. The cut-off wavelength for Quartz cuvette is around 225 nm. Therefore, at very low 
concentrations, the magnitude of absorbance is expected to be very small and can lead to some 
discrepancies. The appropriate wavelength for our oil concentration results was found by 
testing individual samples between 200 to 400 nm. More details about the calibration 
preparation can be found in Section 8.2.6 (Appendix 1). 
3.5.3 Oil droplet size distribution and characterization 
As shown in Section 3.5, to avoid oil coagulation in the membrane, the draw solution was 
routed through the static mixer to break down the oil droplet size and make the solution more 
homogeneous.  
For each condition of pressure and flow, draw solution samples were drawn from the mixer 
upstream and downstream. To count and determine the oil particulate size distribution from 
the different sample points, a Coulter Counter® Cell and Particle Counter Z2 (from Beckman 
Coulter) were used. As illustrated in Figure 3.11, oil particles are drawn into the aperture (small 
orifice). Around this aperture, a DC current zone is created that makes the aperture a sensing 
zone. The flow of each suspended oil particle through the sensing zone displaces an equal 
volume inside the aperture tube. Consequently, an impedance is created that results in a voltage 
flow across the circuit of anode and cathode, proportional to the particle size and concentration. 
This flow of current or voltage is like pulses in nature, and the amplitude of pulses is 
proportional to the number/volume of particles passing through the orifice. The external 
electrode can be an anode immersed in the electrolyte that is analyzed inside the cuvette, 
whereas the cathode is inside the aperture tube. Normally, each aperture can read from 2-80% 
of its nominal diameter. In this experiment, a 100 µm aperture was used.  
 75 
 
.  
Figure 3.11: Coulter counter principle work. 
Details of oil droplet calculation using Coulter counter, are in section 8.2.7 in Appendix 1. 
3.6 Membrane Examination by Scanning Electron Microscope 
(SEM) 
Following the experimental investigation with the NaCl solution at various osmotic pressures 
(in FO or in AFO), the membrane deteriorated, resulting in a drastic decline in the performance. 
The membrane with the lowest performance was examined using Scanning Electron 
Microscopy (SEM). 
Scanning Electron Microscopy is one of the methods that can quantify the condition of 
membrane fibres down to the nanometre scale. It is advisable also to view the sample with a 
Stereo Microscope (SM) and Reflected Light Microscope (RLM). 
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3.6.1 Sample preparation for SEM and RLM procedure 
The shell-side solutions were completely drained and the module was kept for drying at room 
temperature for 24 hours, before it was cut into sections . The cutting stage was done carefully 
to minimize any damage to the fibres and to avoid external material sticking to the fibre 
surface.  The membrane was divided into seven sections between the draw solution inlet and 
the filtrate outlet.  
The pieces were then encapsulated in Epoxy resin (Struers Epofix), and carefully mixed to 
avoid bubbles. The samples were then left to dry for 48 hours.  Afterwards, the faces of the 
sections  that were to be examined, were prepared by polishing to a 1 μm "mirror finish".  This 
was done using a Struers LaboPol-21 machine with Silicon Carbide grinding papers and 
polycrystalline diamond polishing compounds on cloth surfaces. 
 In order to examine the sections using the SEM, the faces were carbon-coated to give a 
conductive surface to neutralize the charging effects of the electron beam SEM for the cleaned-
membrane. 
3.7 NALCO Experimental Scale Investigation 
A collaboration between petroleum development of Oman (PDO) and NALCO chemical 
company (specialized in chemical and scaling in the UK), granted us to carry out further scale 
experimental investigations. FO filtrate samples, including co-produced and brackish water, 
were supplied to NALCO scaling laboratory in Aberdeen.  The scale experimental rig is 
illustrated in Figure 3.12, and in more detail in Figure 3.13. 
The experimental rig is a Differential Scale Loop (DSL) type. Which is a fully automated 
laboratory system that can analyze scaling precipitation in pipelines. The data is directed to the 
control software WinDSL for controlling of the tests, data acquisition and visualisation.   
The experiment consists of two brine feeds (anionic and cationic) and an inhibited brine 
(cationic with inhibitor), which are then mixed by three HPLC-Pumps. The anionic and 
cationic brines are first pumped through the heating coil to reach the required process 
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temperature (i.e. reservoir temperature of 70ºC), it is then mixed with cationic inhibited brine 
before it is directed into the scaling test capillary coil.   
When the pressure inside the capillary coils build up, this is an indication that scaling is 
restricting the flow. The pressure is monitored via a pressure transducer and surplus pressure 
can be released via a bypass and finally a pressure relief valve. 
Scaling can then be cleaned using a cleaning solution and eventually flushed with distilled 
water to prepare the rig for another sample.  
 
Figure 3.12: Differential scale loop with WinDSL data acquisition view and control. 
 
In Figure 3.12, to keep scaling cations and scaling anions separate, composite brines were 
prepared. The freshly prepared brines were filtered and degassed through a 0.45 µm membrane, 
under vacuum, before use. The brines pass into heating coils within the oven, set at the required 
test temperature. At a T-junction, the brines are mixed in a 50:50 ratio and passed into the 
scaling coil. Details of the water chemistries used are given in Table 5.27. The differential 
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pressure (DP) is measured across the scaling coil and will rise once scale formation and 
adhesion to the coil wall causes a blockage. Differential pressure is recorded as a function of 
time.  
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Figure 3.13: Dynamic Scale Rig used for investigating scale precipitation with various brine compositions at different 
pressure and temperature.
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CHAPTER 4. FO AL-FS MATHEMATICAL 
MODELLING  
4.1 Model selection criteria  
Many articles in the literature (as discussed in Chapter 2, the literature review) have reported 
on the FO process and the approach to model its performance. However, most of the models 
focus on the ICP, water flux, ECP, and fouling in isolation (De and Bhattacharya, 1999; Tan 
and Ng, 2008; Phillip et al., 2010; Tang et al., 2010; Shim and Kim, 2013; Suh and Lee, 2013; 
Tan and Ng, 2013; Tiraferri et al., 2013), and only a few authors coupled the fouling and the 
ICP (Lee et al., 1981; Hwang, 1996; Tang et al., 2010; Park et al., 2013). Other groups of 
researchers link the mathematical model construction to the solution properties, which include 
ionic strength, electrolyte constituents, and physical properties to obtain a more dynamic 
results (Singh and Song, 2005; Singh and Song, 2007; Zhao and Zou, 2011a).  
It has been outlined by others that the membrane characteristics is critically important to the 
flux, ICP, and general FO performance (Loeb et al., 1997; Babu et al., 2006; Wei et al., 2011; 
Yip et al., 2011; Duong and Chung, 2014a), but these models were mainly used to calculate 
the water permeate, the solute reverse diffusion, ICP, and ECP severity.  
Very few literature provides details on how to model the FO performance through the ionic 
composition of electrolyte transfer using a charged membrane (Chaabane et al., 2007; Mattaraj 
et al., 2008; Ingole et al., 2014).  
However, some models were found to have the following deficient areas: 
1- Many (earlier) models assume that either feed or draw solution bulk concentration is at 
the same concentration to that at the adjacent membrane surface (for the bulk) (Cath et 
al., 2006; Gray et al., 2006b).  This could neglect the appropriate model of permeable 
and impermeable modelling. Therefore, colloidal fouling/filter cake formation 
equations were used to represent the film thickness (at the active layer).  
2- Many FO mathematical models adopted those from previous literature Sh (Table 2.2), 
which in many cases are irrelevant or not applicable, and this could cause some 
discrepancies.  
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Nagy (2014) elaborated more on the resistance-in-series model for which all four membrane’s 
sub-layers (feed boundary layer, active layer, porous layer, and draw side boundary layer) and 
solute mass transfer rates have been predicted. This includes the solute concentration at the 
interaction between each of the above sub-layers and measurable values for ECP and ICP 
severities (CP index). Therefore, Nagy’s model was adapted here with some minor 
modifications, especially in the external mass transfer coefficient and membrane structural 
parameter (S).  
Additionally, the current approach takes into consideration the porous layer as an unstirred 
boundary layer and as a permeable layer. The active layer will serve as an impermeable layer 
(practically semipermeable layer), and the appropriate mass transfer equations were applied to 
each layer, in order to facilitate the use of the resistance-in-series model to predict the 
membrane profile concentration and the overall mass transfer flowrate (water and solute) 
through appropriate integration across individual boundary layers.  
The following assumptions are considered based on the experimental condition and membrane 
type: 
1. In Figure 4.1, above the thin boundary layer (δ), the flow is mixed well in a tangential 
and longitudinal direction to the membrane, so the concentration is assumed to be 
constant in a homogenous solution.  
2. The water permeation is perpendicular to the membrane. The porous layer is more 
permeable than the active layer (skin layer).  
3. The membrane is an asymmetric type that is not considered homogenous (except the 
dense layer).  
4. The physical properties of the components are assumed to be constant. Solution 
temperature could directly influence the CP by affecting both the viscosity and density 
of the compositions (Mulder, 2012). Temperature also has a direct influence on the 
diffusivity of the ions; thus, the experiment temperature was maintained at 25 ±1ºC. 
 
The purpose of the modelling exercise is to validate Nagy’s FO model experimentally. 
Also, to predict the concentration polarization at each sub-layer of the membrane and 
so to visualise the membrane performance at various conditions.  
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4.2 Model Construction 
The resistance-in-series model is derived by dividing the mass transfer into four segments as 
depicted in Figure 4.1, the feed side boundary layer adjacent to the active layer, the active 
layer, the porous layer and the draw solution boundary layer adjacent to the porous layer.  
This research FO mathematical model is presented to accommodate the following: 
1. Water flux from the feed to the draw solution (in AL-FS mode). 
2. The solute reverse draw flux.  
3. The internal concentration Ci and the internal concentration polarization (ICP) 
profile.  
4. The concentration distribution across the external concentration polarization (ECP) 
(boundary layers at the active layer and porous layer), meanwhile calculate the 
CD,m(y) and CF,m(y). 
5. The effect of AFO in both Jw and Js. 
 
Figure 4.1 depicts the flow of reverse solute (Js) through each sublayer of the membrane in a 
reverse simultaneous flow of water (Jw). The individual sublayer mass transfer coefficient is 
incorporated in the schematic to illustrate the total resistance-in-series model. 
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Figure 4.1: Membrane concentration boundary layers in AL-FS mode. The yellow 
arrow denotes the solute flux and the brighter blue arrow across the membrane 
represents the water permeation.  
Using the pilot scale FO rig in Figure 3.1 (Chapter 3), varied NaCl solutions concentration 
were used to acquire the necessarily parameters to calculate and validate the mathematical 
model results. The final theoretical approach for calculating the water flux by means of solute 
flux and intrinsic membrane concentrations is illustrated at the end of this chapter in Figure 
4.5. 
The fluid governing equations through the membrane are mainly integrated from diffusion and 
convection classical approaches. 
For draw solute to permeate into the feed: 
Starting with the membrane thermodynamic condition of pressure and concentration (at 
constant temperature), the overall driving force for the molecular diffusion of water across the 
membrane is the pressure difference or concentration difference (by means of osmotic pressure 
difference). The above driving force can also called the chemical potential gradient (μi) 
(Wijmans and Baker, 1995). Thus, the flux is expressed as: 
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dy
dμ
J ii  , 4.1 
where  is a coefficient of proportionality between the driving force, iμ  with the flux Ji for 
component i (where i refers to the solute, s).  In an analogy, this can be the same form of Fick’s 
law  
y
C
DJ ss


 . 4.2 
From Fick’s law, the draw solute must be diffusive, and the minus sign represents the direction 
of diffusion, which is opposite to that of increasing concentration). 
With respect to the driving force, Figure 4.1 shows that the osmotic driving force (the osmotic 
pressure difference across the dense layer) is lower than the osmotic pressure difference 
between the bulk draw solution and bulk feed solution. 
The solute is transported in the direction towards a lower concentration solution due to the 
chemical potential gradient across the membrane sides. Whereas, due to osmotic pressure 
difference, the water is permeated away from the region with a lower osmotic pressure (i.e. 
from lower salinity water towards higher salinity).  
Therefore, through the membrane, the solute concentration at any point should satisfy the 
species conservation (i.e. diffusion) law (Song, 1998): 
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4.3 
 
The above general differential mass balance equations can be used across the external 
boundary layer.  
The axial convective velocity 







x
C
J
X
in an unstirred region (i.e. porous layer) can be 
neglected due to the wall effect (van den Berg et al., 1989). In addition, according to Loeb et 
al. (1997), the axial diffusion has been neglected due to the large value of axial (in x-axis) Pe  
in most membrane systems. This implies that the gradient of concentration in the x direction is 
negligible compared to that in the y-direction, therefore the term 










2
2
x
C
D can be omitted.  
Here, Jy represents the superficial fluid velocity, equivalent to the water permeate flux Jw.   
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After considering the above conditions, the differential solute mass balance equation for the 
laminar boundary layer is: 













2
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sw
y
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The negative convective term represents the reverse flow of water to that of the solute, and y 
represents the space coordinate, perpendicular to the membrane surface (m) (Nagy, 2014). 
According to Nagy (2012b), when there is electrical neutrality for the solution at any point in 
the membrane, for the flux of electrolytes (i.e. anions and cations), the behaviour will be as a 
single ion (i.e. diffusion as one component, Js.). This is in parallel to the assumption made by 
(Phillip et al., 2010) to treat Js as a single entity (even later brackish and co-produced water 
consist of complex strong electrolytes). 
4.4 is a simplified version of the second law of Fick’s law of diffusion. The solution diffusion 
model is a widely accepted mechanism in the literature for a non-porous membrane solution 
transportation process (Lonsdale, 1982). It can be re-arranged as: 
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4.5 
If y is substituted by a dimensionless, coordinate,
δ
y
Y   where δ is the boundary layer 
thickness, then:  
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4.6 
The boundary layer diffusive mass transfer coefficient, kδ can be simplified as
δ
Ds  according 
to Equation 2.3 (Chapter 2).  
Pe is the product of the convective fluid velocity over the diffusive velocity, and is accessible 
once k (defined in Equation 2.4 in Chapter 2) is calculated from Sh, as in Section 4.4, then, Pe 
can be defined as:  
s
hww
D Sh
dJ
k
J
Pe 

 4.7 
Equation 4.6 is solved using the integration factor (Nagy, 2012a):  
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4.8 
Where M and N are generic constants of integration. Their values were obtained by the 
boundary conditions shown in Figure 4.1. For the DECP layer (δD): 
At 0Y   bD,CC   
At 1Y   mD,CC   
Thus, the concentration distribution across the DECP boundary layer yields (Nagy, 2014): 
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4.9 
Where kD is the diffusive mass transfer coefficient in the draw side boundary layer (calculated 
in the subsequent section). The water flux Jw is obtained from the experimental results.  
Similarly, the concentration distribution across the porous layer is integrated at the porous layer 
boundary:  
At 0Y   mD,CC   
At 1Y   iCC   
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where Kps is the diffusive mass transfer coefficient in the porous layer (calculated in the 
subsequent section). 
Similarly, for CECP, the concentration distribution across the δF is integrated using the 
boundaries: 
At 0Y   
F,mCC   
       At 1Y         
bF,CC   
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where kF is the diffusive mass transfer coefficient in the feed side boundary layer (calculated 
in the subsequent section). 
The following section demonstrates the development of the new shell, Sh model, as well as the 
adoption of literature accepted tube side, Sh.  
4.3 Calculating the Mass Transfer Coefficients 
As described in Section 4.2, each of the membrane four layers (refer to Figure 4.1) exhibits its 
own mass transfer resistance, and the inverse sum of them is known as the membrane total 
mass transfer coefficient, which is an oversimplified view describing the flow of solvent and 
solute through the membrane layer. The total mass transfer coefficient is mildly solute/solvent-
dependent due to the concentration of polarization and counter-diffusion effects. The following 
sections, namely 4.3.1 and 4.3.2 are different than the approach used by Nagy, 2014. This 
difference is based on the author preference to the mass transfer across layers for a similar type 
of membrane.  
4.3.1 External/shell side Sh for shell mass transfer coefficient, kF  
The external mass transfer coefficient is essential for calculating the membrane sublayer 
concentrations and the ECP severity. A detailed literature review about the importance of kF 
and an up to date review on this subject is provided in Section 2.3.1.  
kδ (which can be kF or kD) can also be obtained from the Sh model in a laminar flow of Re ≤ 
2100, the value of kF is calculated by re-arranging Sh in Equation 2.4 (Chapter 2), presented 
by Colburn and de (1933): 
s
h
D
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Sh 
 
The Sh is calculated empirically when k is not available, as: 
  cb
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
 
, 
4.12 
where a, b and c are constants obtained experimentally and are geometry dependent.  
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As for above Sh correlation, the value of dh is expressed by Asimakopoulou and Karabelas 
(2006c) as: 
outh dd



1
 
4.13 
To calculate dh, Zheng et al. (2005) calculate the fibre packing fraction ( ) to describe the 
density of the membrane module filled with fibres. This value is essential to elaborate on the 
hydraulic diameter and the nature of Re: 
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4.14 
where do is the fibre outer diameter, di is the module inside diameter, and N is the number of 
fibre.  
Since OLI can give the individual ion diffusivity, then the average diffusivity of NaCl is 
estimated, based on Asimakopoulou and Karabelas (2006c): 
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4.15 
where Z is the ion charge, and Davg = Ds 
Equation   4.15 can be used for synthetic oil field water, when assuming NaCl is the dominant 
molecule and the rest of the ion’s diffusion coefficient is almost negligible to NaCl diffusivity, 
so that Z1 = Na and Z2 = Cl or vice versa.   
 
To calculate the external mass transfer coefficient, appropriate hydrodynamic equation are 
used to offer better prediction based on the membrane geometry and flow conditions. In regard 
to the membrane geometry, Bacchin et al. (2002) account for the membrane diameter to 
calculate Re as: 
b
shell
πRμ
ρ2Q
Re  . 4.16 
However, to involve the hydraulic diameter and to account for all fibres, the Re number can be 
elaborated as Equation 4.17, after detailed arrangement in section 8.3 (Appendix 1): 
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where N is the number of fibres.  
For the Schmidt number: 
sD
Sc
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4.18 
The value of the external mass transfer coefficient, defined by Zydney (1997), as the ratio of 
the diffusion flux at the boundary layer of the membrane surface to the overall concentration 
difference (or osmotic pressure difference) across the fibre (i.e. between the feed and the draw 
side). 
For the liquid-liquid extraction process (solvent-solute) in the hollow fibre membrane, under 
the following conditions: 
• The flow in the shell side is axial and parallel to that in the tube side.  
• No influence of baffles. 
• Low fibre packing fraction ϕ and randomly packed. 
• High Schmidt number. 
Considering the above conditions, a correlation was created by Asimakopoulou and Karabelas 
(2006b) for ϕ <0.1 using Happel (1959) for a flow through a cell considered to be equal to the 
flow through the entire membrane shell side of parallel fibres. The flow around each fibre/tube 
is assumed to be surrounded by an annular fluid ‘cell’ with an outer diameter called the 
hydraulic diameter dh.  
Asimakopoulou and Karabelas (2006a) presented a Sh expression developed from an earlier 
theoretical approach by Koo and Sangani (2003). This Equation is averaged over length, L 
(fibre length): 
  
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d
ScRez.Sh outshellshell)x(shell 
. 
4.19 
The values of z  as a function of ϕ for random arrays of parallel fibres (assume from the 
physical shape of the module that the fibres are arranged randomly) are given in Table 8.12 
(Appendix 1) and plotted in Figure 4.2. For a random array, Figure 4.2 shows a linear 
relationship between βz and ϕ, (  z =1.02x + 0.389, where x is the packing fraction).  Using 
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this linear relationship, the corresponding z value for the Toyobo membrane, which 
according to the specifications has a fibre packing faction of   =0.081, was found to be 0.485 
as noted in the Figure.  
 
 
Figure 4.2: Linear relation between the membrane fibre fraction and the z   constant. 
 
After reforming Equation 4.19 with the new  z value, Sh becomes: 
3
1
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ScRe.Sh oshellshell
. 
4.20 
However, the membrane outer diameter, do is replaced by the hydraulic diameter, dh which 
represents the transverse flow through the fibres. This modification was made contrary to 
(Asimakopoulou and Karabelas, 2006a).  
Hence, Equation 4.20 will become: 
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. 4.21 
In Equation 4.21, it assumes: 
• The flow is laminar and axial (the exponent of 0.33 indicates the flow in the shell side 
is a fully developed velocity profile and has an even concentration distribution profile 
(Costello et al., 1993) and in the laminar regime (Colburn, 1964). 
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• The fibre packing fraction is low so that the concentration polarization layer in one 
fibre does not interrupt the other fibres.  
• The flow is isothermal. 
• The wall concentration along the fibre is constant and the mass transfer is mainly in 
axial convection.  
Equation 4.21 can be used to calculate the shell side mass transfer coefficient as in Equation 
2.4. 
4.3.2 Tube (draw) side Sh correlation for kD calculation 
Inside the fibre, the flow is assumed to be fully developed, and that the concentration along the 
fibre (L) wall is as indicated in Figure 4.3. 
Prasad and Sirkar (1988) correlate the tube side Sh as: 
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where Sc is calculated as per Equation 4.18, Re is calculated based on Equation 8.14 in 
Appendix 1, using the mean velocity inside the fibre, developed by Valenzuela et al. (2002): 
N
d
Q
u
i
F
avg 2
2








. 
4.23 
 
 
Figure 4.3: Tube side flow behaviour and boundary layer 
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The tube side Re is calculated using the conventional expression: 
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ud
Re  . 4.24 
The kD is then calculated using Equation 2.4 (Chapter two). The diffusivity is calculated 
using OLI for each draw solution concentration.  
Once the Shell and tube Sh are available, then using Equation 2.4 (Chapter 2), both kF and 
kD can be obtained. 
4.3.3 Calculating the membrane solute resistivity through the 
porous layer Kps 
In order to determine Kps (for Equation 4.10) and consequently S, Bui et al. (2015) 
developed a model in Equation 4.25, which can accommodate both kF as well as kD. It also 
includes the water and the solute permeability (Aw and B, respectively):  
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Once Kps is determined, then S can be calculated using: 
s
ps
D
S
K 
. 
4.26 
At this stage, Jw is given by the experimental value of Jw. The Aw and B are previously 
determined from Chapter 3. Whereas, kF and kD are calculated from Equations 4.21 and 
4.22, respectively. From the solution’s osmotic pressure, 
bF ,
 and bD ,  are obtained using 
OLI software.  
 
As illustrated in Figure 4.1, the total membrane mass transfer resistance is calculated based 
on the resistance in the series model (Bui et al., 2015). The overall membrane resistance 
considers the mass transfer in each membrane sublayer. Using the calculated mass transfer 
coefficient and the solute permeability, then the total resistance can be calculated using: 
 4.27 
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4.3.4 Reverse solute mass transfer  
The overall solute mass transfer through all the membrane sub-layers is calculated by adding 
the solute mass transfer through each sub-layer. At this stage, water flux, Jw is the 
experimental value. Later, Jw will be compared with the predicted value of Jw in subsequent 
sections.  
For the solute mass transfers through the DECP layer (Js,δD), refer to Figure 4.1, and as 
discussed in Section 2.2.4 in Chapter two, that the mass transfer across the external boundary 
layer considers the sum of its diffusive-convective flow where the solute flux through the 
DECP (boundary layer) is expressed by Lee et al. (1981) as: 
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4.28 
The minus sign for the Js came after the solute reverse flux opposite to the water permeation. 
Expressing Equation 4.28 by means of Equation 4.9, one can obtain the solute mass transfer 
rate, through the dilutive external boundary layer, δD (similar solution found in (Phillip et al., 
2010; Yong et al., 2012; Nagy, 2014): 
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4.29 
The value of kD is calculated as in Section 4.3.2. The CD,b is given as the initial solution 
concentration, Jw is the experimental value. 
Whereas, for solute mass transfers through the sponge or porous layer, Js,ps, -at this stage- the 
Jw, Js and Ds are assumed to be independent of y, and are constant across the porous layer 
thickness.  
Following similar approach by Lee et al. (1981), who used the salt transport Equation across 
the porous layer by using Equation 4.28, but considering the membrane porosity (ɛ) as: 
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4.30 
In analogous to the calculation in the ECP, Equation 4.10 and 4.25 are expressed in Equation 
4.30 as shown below: 
 
 
  psw
psw
KJ
imD,KJ
w
ps,s
eC-C
e1
J
J-


. 
4.31 
The value of Jw was determined experimentally as in chapter 3, whereas, Ci and CD,m are 
calculated in the subsequent sections.  
Referring to Figure 4.1, the solute transfer through the active layer is calculated using 
Equation The solute flux diffusing through the active layer, is described by Lonsdale et al. 
(1965) as in the RO membrane: 
 mF,is C-CBJ-  . 4.32 
Both concentrations, Ci and CF,m are calculated later.  
For the solute mass transfers through the concentrative ECP (CECP), the same method with 
DECP and the membrane porous layer was followed. The solute reverse flowrate across the 
CECP is calculated using Equation 4.28 by means of Equation 4.11, and using the modified 
shell mass transfer Equation kF (Equation 4.21): 
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4.33 
Once all sub-layers solute mass transfer coefficients have been defined, then the resistance-
in-series-model for the overall solute flux can be determined.  
In agreement with (Nagy, 2014), the overall reverse solute flux considers the boundary of the 
membrane from the bulk draw solution concentration, CD,b  till the feed bulk concentration, 
CF,b, as shown in Figure 4.1.  This is carried out by expressing Equations 4.29, 4.31, 4.32 and 
4.33 as: 
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With the overall convection-diffusion coefficient expressed as: 
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4.35 
where, βoverall is the diffusion-convection mass transfer coefficient for all sub-layers of the 
membrane (i.e. the draw and feed side CP layers, active and porous support layers). 
 If there is a bidirectional solute flux across the membrane due to ion concentration 
differences, then simultaneous modelling of the solute flux from the draw to the feed (against 
the water permeation) and another solute flux from the feed to the draw solution (along with 
the water permeation) can be predicted as demonstrated by (Hancock et al., 2011).  
4.3.5 Calculating the membrane interface layer’s concentration  
 
To determine the severity of ICP, CECP and DECP, individual interface concentration should 
be identified.  
The membrane skin layer concentration facing the feed solution, CF,m is expressed by 
expressing the partial mass transfer rate from Equation 4.33 and using its equality to the 
overall mass transfer rate (Equation 4.34): 
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4.36 
One can obtain the value of CF,m:  
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4.38 
bD,
F,m
C
C represents the CECP index to evaluate the extent of the external polarization at the 
shell/feed side. The value of 
overallβ   is determined by Equation 4.35. 
Assuming the Van Hoff equation is applied where the osmotic pressure is proportional to the 
concentration; then, to calculate the theoretical water flux, the concentration at both sides of 
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the porous layer, namely CD,m and Ci , need to be calculated using the partial mass transfer 
for the draw side boundary layer and overall solute mass transfer.  
For Ci, this is done by expressing the driving force between the porous layer and boundary 
layer using Equations 4.29 and 4.31. Having obtained the transfer rate, then the equality of 
the result to Equation 4.34 yields:   
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4.40 
Equation 4.39 refers to the ICP formation by means of measurable internal concentration of 
the active layer. This value can be used to express the ICP severity (ICP index). This 
parameter is useful to discuss and evaluate the membrane performance as well as it can give 
an indication on how the feed and draw solution constituents interact with the membrane 
characteristics and selectivity.  
To determine the value of 
m,DC , the same method for CECP was used, by expressing the 
partial mass transfer rate from Equation 4.29 and using its equality to the overall mass transfer 
rate Equation 4.34): 
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The term 
bD,
mD,
C
C is used to evaluate the severity of the dilutive ECP inside the tube 
facing the draw solution.  
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4.3.6 Calculating the theoretical water flux, Jw  
Equation 2.7 shows the water permeation calculation in general mode when the osmotic 
pressure is higher than the applied pressure; however, in AL-FS mode (in FO mode alone), 
literature (Spiegler and Kedem, 1966; Su and Chung, 2011) suggest:      
 mF,iww ππσAJ  . 4.43 
Equation 4.43 defines the flow permeation of water at no external CP boundaries, and this is 
based on the flow across the active layer.  
To account for the ICP and shell CECP (considering the AL-FS mode at which the water flux 
is from the shell side towards the fibres) as well as the applied pressure (Nagy, 2014): 
 ΔP
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4.44 
From previous sections, we have acquired all parameters to calculate the water flux; thus, 
enabling the comparison between the experimental and the predicted Jw.   
The reflection coefficient,  , as described by Phillip et al. (2010)  is important for evaluating 
the member solute rejection; however, most literature agreed that   is unity for NaCl 
solutions in FO operation, but here the author argue to use its calculated value, because the 
membrane solute permeability (B) has been considered during above calculations and during 
the evaluation of the membrane in Chapter 3. The reflection coefficient  was investigated by 
Su and Chung (2011) for the concentration polarization calculation for membrane sublayers.  
The modified  , which will be used in this model is outlined by Bui et al. (2015), which 
considers all the membrane’s sublayers mass transfer coefficients, including the membrane 
solute resistivity, Kps: 
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4.45 
It should be emphasized here that if  > 0.98, then it can be rounded to unity as is the case 
with most NF membranes (Bhattacharjee et al., 2001), and if less than unity, it should be 
involved in the calculation for more accuracy (Murthy and Gupta, 1997).  
The membrane hollow fibre contactor (as shown in Figure 4.4) is similar to the shell and tube 
heat exchanger unit. Therefore, the process operation and performance of individual hollow 
fibre is assumed to be identical to the rest of the tubes, as they possess similar geometry 
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(Table 3.1) and transport properties. The development of the boundary layer is taking place 
between solid (membrane active layer) and fluid (bulk draw solution side) interface.  
Using Equations 4.34 and 4.44, one can calculate the Js/Jw ratio, the specific reverse solute 
flux, which is an indicator for the membrane efficiency in terms of selectivity and how much 
water is extracted across the membrane, and therefore the solute being knocked out (Hancock 
and Cath, 2009).  
 
Figure 4.4: Hollow fibre membrane cross section side. 
 
Figure 4.5 demonstrates the mathematical sequence to calculate Jw in the FO AL-FS 
orientation. This includes the feed parameter from the experimental results, in addition to 
obtaining the solution’s physical specifications from OLI and field data. The model was 
solved in a spreadsheet, with all provided data from the membrane specifications, chemical 
and physical properties of solution and the experiment conditions. 
The model final result of Jw is checked against the input experimental Jw if the results are 
close to each other (convergence) then the model is said to be reliable with less error.  
 99 
 
 
 
Figure 4.5 Resistance-in-series algorithm to calculate Jw and individual membrane sublayer 
solute flux. 
 
Use experimental 
water flux Jw and 
cross flowrates u (to 
calculate Re) 
Input the field collected data for both 
feed and draw solution physical 
properties (i.e. Oil suspension value 
and TDS) and OLI calculated values 
of densities and viscosities. 
Use the 
membrane 
characteristics 
(from Table 3.1) 
and Aw, B and 
calculated S, ε) 
Calculate Shshell  using Equation 4.21 & substitute in 
equation 2.4 to find kshell 
Calculate Shtube using Equation 4.22, and substitute 
in equation 2.4 to find ktube  
Calculate CFm using Equation 4.37 
Calculate Ci from Equation 4.39 
Calculate Jw using Equation 4.44 
for AFO 
Calculate Js,overall using Equation 4.34 
 
Check for convergence between assumed 
(experimental in this case) Jw and calculated 
(estimated) Jw 
Model is OK and 
EXIT 
Check input 
data, 
especially 
Jw,exp as the 
initial guess. 
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CHAPTER 5. RESULTS AND DISCUSSION  
This chapter addresses the majority of the research aims and objectives. The main results focus 
on the following: 
1. The membrane behaviour when using NaCl solution in FO to establish the initial 
performance of water flux, reverse solute flux, and rejection percentage.  
2. The membrane reaction to higher osmotic pressure solutions and various 
hydrodynamic conditions. 
3. The results after introducing the synthetic co-produced water and synthetic brackish 
water in AL-FS mode. 
4. Ion analysis and scaling prediction (via simulation and experimental investigation). 
The results of this chapter are tabulated in Appendix 1, and the results are normally expressed 
in terms of graphs. 
It should be emphasized, that for each experimental run, a relatively steady state was first 
established before the timing was considered. The typical delay in achieving steady state 
allows for membrane hydration and to enable shell-side and tube-side solutions to establish a 
steady mass transfer. The membrane was soaked in distilled water to allow membrane-wetting 
to occur at least 24 h prior to the experiment. Soaking allows the active layer to be sufficiently 
wet for effective water transport (McCutcheon and Elimelech, 2008). The transport of solute 
can induce the CP and fouling, which hinder the water permeation. Therefore, to account for 
the relatively steady state condition (considering the developed fouling), ∆π was continuously 
checked over time; hence, when both ∆π and the water flux are about to yield consistent 
readings, then the process is said to be in the steady state. From the experiments, approximately 
45 min was determined to be sufficient to establish a steady state.  
Considering that the membrane is hydrophilic, the self-wetting property assists to establish the 
hydration process. The filtrate volume, shell-side feed solution level and draw tank level, and 
feed and draw tank TDS, were measured after one hour to compute the membrane Jw, CP, JS, 
and concentration profile through the membrane sublayers.  
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5.1 Investigations using NaCl Solution as Draw and Distilled Water 
as Feed in a Minimal ∆P FO 
The aim of these tests was to evaluate the membrane performance with different operating 
modes (i.e. AL-DS and AL-FS), at various flowrates and solution’s osmotic pressure 
differences. The prime driving force for water permeation is the osmotic pressure difference. 
Whereas, the applied pressure in the fibres was just to overcome the hydraulic resistance in the 
flow channels. An adequate fibre pressure of 0.7 bar (g) – 1 bar (g), recommended by Toyobo, 
is to inflate the fibres (and to overcome the hydraulic resistance) and to keep the flow along 
the fibres continuous for facilitating effective mass transfer and water extraction.  
5.1.1 FO performance in AL-DS and AL-FS orientation 
AL-DS orientation was considered for an initial test, to decide which FO mode the experiment 
yields the highest flowrate through the membrane. Distilled water was pumped into the fibre 
side at approximately 0.7–1 bar (g). The draw solution, as shown in Table 5.1, was circulated 
with 1.67×10-5 m3s-1 through the shell side (in a closed loop). Of the three identical membrane 
specifications received from Toyobo Ltd, an experiment was first conducted with membrane 
no. 1.  
Table 5.1: 1 M NaCl-draw solution characteristics (module inlet) 
Chemical 
Required concentrate-ion ( 
kgm-3) 
Final 
(M) 
P 
(bar (g)) 
Temp (°C) 
π 
(bar) 
NaCl 58.440 1.00 0.75 25 48.5 
 
The results in Table 5.2 shows the accumulated permeate every one-hour test. The experiment 
was kept running continuously to monitor the water permeation, while the solute diffused into 
the fibre side (the filtrate was recirculated to the draw tank). As an observation, when the draw 
solution was left without being maintained at its baseline osmotic pressure (i.e. Table 5.1), and 
the membrane was not cleaned after each run, the water permeate declined, as shown in Table 
5.2. 
Effective water permeability 







w
eff
J
A  was introduced to determine the water permeation 
trend over the test period. Similarly, Aeff was used by Lay et al. (2012) to evaluate the 
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performance of various membranes of different water permeability coefficient and without 
considering the potential of fouling/CP. The equation also provides an assessment for the use 
of osmotic pressure difference as the prime driving force.   
At the end of the run, the membrane was cleaned, as explained in Section 8.1.1, and the draw 
solution was restored to its agreed strength in Table 5.1.  
Table 5.2 depicts the reduction in the calculated osmotic pressure, based on the initial draw 
solution condition of 48.5 bar (by OLI-3). The rest of the rig set-up and measurements follow 
those described earlier in Section 3.3.1. The filtrate was calculated, based on the final condition 
of the draw tank at the end of each run. The fibre outlet was treated as a rejection and not 
circulated to the feed tank. The reduction in the osmotic pressure was considered, based on the 
conditions at the end of the experiment. 
Table 5.2: Performance of FO in AL-DS orientation using membrane no. 1 and π = of 48.5 bar 
driving force in continuous running test, with 1.67×10-5 m3s-1shell flowrate 
Draw solution 
Time (h) 
Filtrate 
(mLh-1) 
TDS 
(kgm-3 ) 
π 
(bar) 
π 
reduction 
(%) 
Aeff (×10
-8)  
(m3m-2.s-
.bar-1) 
09:35 192 56.500 46.8 3.45 1.78 
10:35 154 56.200 46.5 4.08 1.38 
11:35 115 54.600 45.1 7.00 1.03 
12:35 76.0 53.600 43.4 10.5 0.681 
After membrane was thoroughly cleaned for 4 hours  
17:35 188.0 56.500 45.8 5.54 1.69 
 
From Table 5.2, the maximum achieved dilution in the draw-side (drawn water from the feed 
to the draw tank) within the experimental duration was only 10.5%. The reduction from the 
initial osmotic pressure (at 08:35) was increasing with time. Meanwhile, more solute passed 
into the fibre side and raised the rejection salinity. At this stage, the feed-side water convection 
was not practically affected; however, the feed solution salinity increased and rose the solution 
osmotic pressure, which reduced the mass transfer of fresh water into the draw-side due to a 
reduction in the osmotic pressure difference. The rejected stream’s TDS (the lumen outlet) was 
at 33.400 0.033 – 0.4 kgm-3 after the first hour of the test, and reduced to 30.100 kgm-3 after 
four hours of the continuous experiment after water transfer to dilute the draw tank. The 
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reduction in the fibre side TDS depicts the effect of osmotic pressure depletion with time in 
the continuous experiment. The fibre’s outlet TDS boosts the struggle for the rejection waste 
management following the saline water disposal policy and environmental regulations. 
Otherwise, further treatment could be carried out to reduce the rejection salinity for safe 
handling.  
In Table 5.2, the value of Aeff shows a declining trend, which represents a non-steady state 
condition. The declining trend arose after a significant reduction in the water filtrate, which 
could be after the weakening of the driving force due to the dilution effect. Nevertheless, this 
dilution amount does not fully prove to be the main reason for the reduction in the water 
permeation.  
Interestingly, the performance was reclaimed after a thorough cleaning of the membrane. In 
addition, the module was stored with distilled water inside and outside the fibres to keep the 
membrane wet. 
In order to elucidate the performance decline in Table 5.2, another test was performed with 
membrane no. 3, which has similar specifications to membrane no. 2 (and membrane no. 1). 
Table 5.3 describes the membrane performance using the same testing conditions used in Table 
5.2. In this mode, the draw tank concentration was constant.  
Table 5.3: AL-DS performance using membrane no. 3 at initial ∆π = 48.5 bar, shell flowrate =  
1.67×10-5 m3s-1 
Time 
(h) 
Filtrate 
(mLh-1) 
Draw solution 
Aeff (×10
-8) 
(m3m-2.s-1.bar-1) π 
(bar) 
π reduction 
(%) 
14:45 60 47.0 3.09 0.538 
15:45 63 46.4 4.33 0.565 
16:45 65 45.7 5.77 0.583 
17:45 62 45.1 7.01 0.556 
18:45 63 43.6 10.10 0.565 
 
The Aeff value indicates the steady state reached after an hour from the beginning of the test. 
Significant filtrate reduction was observed between the two membranes, in the identical testing 
conditions. Although both membranes contain similar physical properties; however, fibre 
 104 
 
deformations and manufacture imperfections are widely accepted justifications in mini-
membrane modules (Blandin et al., 2013; Oh et al., 2014). 
Due to the results obtained from Table 5.2 and contradictory results displayed in Table 5.3, 
AL-DS mode showed less preference than AL-FS to carry out further tests. However, after a 
year and while checking the results, a retest was performed, using membrane no.1, as shown 
in Table 5.4. The initial draw osmotic pressure was 51.2 bar. 
Table 5.4: AL-DS filtrate performance at 1 Lmin-1 in the shell-side with applied pressure of 
0 bar and 0.8 bar in the fibre inlet, using initial ∆π = 51.2 bar 
Time 
(h) 
Filtrate 
(mLh-1) 
Draw solution 
TDS 
(kgm-3 ) 
π 
(bar) 
π reduction 
(%) 
Aeff (×10
-8) 
(m3m-2.s-1.bar-1) 
11:30 49 61.200 51.0 0.391 0.416 
12:30 43 60.700 50.6 1.17 0.365 
13:30 42 60.400 50.3 1.76 0.357 
14:30 40 60.200 50.1 2.15 0.340 
15:30 42 59.800 49.8 2.73 0.357 
16:30 40 59.000 49.0 4.30 0.340 
17:30 42 58.800 48.8 4.69 0.357 
 
Table 5.4 shows that the values of the filtrate are much less than the previous test results for 
the same membrane in Table 5.2 (and even Table 5.3 for membrane no. 3). The source of the 
reduction in flux of about 33% resulted from the fibres condition after continual use and 
cleaning over a year of investigations. The membrane most probably deteriorated by a factor 
of four (at its best performance). However, unlike the reduction of Aeff observed in Table 5.2, 
Table 5.4 exhibits a steady state condition after the first hour of the experiment. Minor 
fluctuation in the filtrate and in Aeff was a result of experimental error. These results suggest 
the membranes were not performing consistently and it is not practical to evaluate them after 
a year. Therefore, the author assumed the AL-DS results in both membranes are healthy.  
Following the investigations and results from Table 5.2, the rig was then cleaned and adjusted 
to test the membrane in AL-FS mode (Figure 3.1), using membrane no. 1. Table 5.5 represents 
the results of the investigation carried out with a similar draw solution concentration as in 
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Table 5.1. The distilled water feed had similar hydrodynamic conditions as those used in 
previous investigations with AL-DS. The trend of TDS and osmotic pressure reduction are for 
the solution facing the active layer. Consequently, in AL-DS, the TDS and osmotic pressure 
should follow the draw solution, whereas in AL-FS, they should indicate the conditions for the 
feed solution. Thus, in AL-DS, the feed was assumed constant, while in AL-FS, the draw 
solution TDS and π are almost constant.  
Table 5.5: FO performance in AL-FS mode using membrane no. 1 with initial ∆π of 48.5 bar 
Feed solution 
Time 
(h) 
Filtrate 
(mLh-1) 
TDS (kgm-3 ) 
π 
(bar) 
Aeff (×10
-8) 
(m3m-2.s-
1.bar-1) 
14:20 300.0 0.500 0.410 2.69 
15:20 340.0 1.100 0.890 3.05 
16:20 345.0 1.777 1.44 3.09 
17:20 340.0 2.0 1.61 3.15 
 
After the one hour test run (run refers to the filtrate in one hour considering the steady state 
condition), the resulting data presented in Table 5.5 shows that the solute passed from the draw 
solution (flowing inside the fibres) to the shell-side in a one hour interval run. The increase in 
salinity from 0.0344 kgm-3  at the initial status, to 2.000 kgm-3  after four hours, resulted in a 
slight diffusion reduction in the water permeating to the fibre side by 2.63%. 
The effective water permeability results indicate that the steady state was reached after the first 
hour of the test with remarkably higher water permeation comparable to the results displayed 
in Table 5.2. The membrane set-up orientation was a key factor for these membranes to harvest 
higher performance. Steady state was achieved within the first hour of the test, which guides 
the decision about the viability of the membrane mode and the general condition following a 
drastic reduction during the AL-DS test.  
The amount of driving force was slightly reduced as a result of TDS build up in the feed tank 
over the time period, which then reduced ∆π (i.e. the driving force) at 17:20, ∆π = 48.5-1.61 = 
46.9 bar. Therefore, in AL-FS mode, the driving force was marginally reduced.  
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During the retest of the results in Table 5.2, similarly, Table 5.5 was subjected to a retest after 
one year, to investigate the membrane performance, similar to that with AL-DS. The test 
procedures were identical, including using similar solutions characteristics, thus, to fix the 
driving force factor.  
Table 5.6 demonstrates the membrane response to the same osmotic pressure as previously 
used, and at the same shell and tube flowrates and pressure. 
Table 5.6: Repeated test for AL-FS filtrate performance using membrane no. 1 with initial 
∆π of 48.5 bar. 
Time 
(h) 
Filtrate 
(mLh-1) 
Feed solution 
TDS (kgm-3 ) π (bar) 
Aeff (×10
-8) 
(m3m-2.s-1.bar-1) 
11:30 67 0.016 0.0133 0.601 
12:30 85 0.040 0.033 0.762 
13:30 86 0.101 0.0833 0.771 
14:30 87 0.141 0.166 0.780 
15:30 86 0.179 0.147 0.771 
16:30 85 0.232 0.191 0.762 
17:30 87 0.274 0.244 0.780 
  
Table 5.6 shows less reverse solute flux compared to that in Table 5.5 by 96.8% in the first 
hour, and about 92.9% after four hours (a detailed explanation about the reverse solute by 
virtue of water permeation is provided in Section 5.2). However, the membrane could achieve 
an effective permeability coefficient after one-hour duration. The filtrate showed a roughly 
constant trend.  
5.1.2 Membrane material interaction with the solution  
Membrane no.1 lost about 75% of its potential after a year, which resulted from frequent testing 
in different solution’s strength. Membrane deterioration can also explain the reduction in the 
solute mass transfer. During these investigations, and due to its low performance, membrane 
no. 3 was taken for SEM investigations to explore the membrane condition after exposure to 
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the oily stream, and to reveal the influence of applied pressure in the membrane structure. 
However, the effect of oil and applied pressure are two separate causes and require separate 
SEM investigations.  
With a closer look at the used membrane under SEM images (SEM in Section 5.4), obvious 
shrinking or swelling was observed after frequent tests. A detailed microscopic investigation 
on synthetic polymer (including sulfonated styrene gels from polyvinyl compounds) with 
solvents showed the discontinuous volume transition in the reversible case (Horkay and Lin, 
2009). This means that the membrane material swells under conditions of solvent strength, 
temperature or internal osmotic pressure. The material shrinks if these effects are diluted or 
gradually reduced, a condition called the phase transition, and it is believed to be a universal 
effect of polymer materials at the appropriate ionic strength, solvent composition, temperature 
and pH (Phuntsho et al., 2013), and this was indicated in Table 3.4 with initial draw solution 
of  NaCl at 1M. The term ‘transition’ in this investigation refers to a gradual change in the 
membrane shape. The swelling pressure is referred as Internal Osmotic Pressure (IOP). If the 
membrane substrate contains ion-exchange polymer, then this IOP can be generated similar to 
the phase transition which allows AL-FS orientation to possess a higher driving force, and 
hence a higher water flux than the AL-DS mode (Zhou et al., 2014). Further elaboration about 
the performance of AL-FS is provided in Section 5.2.  
The osmotic deswelling explains another suspected factor for the above results trend in Table 
5.2, Table 5.3 and Table 5.4. Deswelling is also known as ‘osmotic dehydration’ (Mehta and 
Loeb, 1978). An alternative term for osmotic dehydration is ‘dewatering’, which promotes the 
draw of water from the fibres to the shell-side (due to osmotic pressure difference). The 
deswelling takes place during the AL-DS mode when the draw solution of higher salinity 
extracts or dewater the lower salinity water from the fibre. Simultaneously counter current 
solute mass transfer turns to the fibre side from the shell of higher concentration to the fibre 
side of lower concentration using the solute gradient (Mizrahi et al., 2001).  
According to Toyobo, the membranes retain hydrophilic nature, meaning the osmotic 
dehydration is more likely to be established. The author argues that the polysulphonate 
polymer, which is involved in the membrane material, could possess high interaction with the 
solutions naturally. Contraction of the membrane occurs because of membrane polymer 
interaction with the medium solute and due to the osmotic pressure difference between the 
feed- and the draw-side, and thus, the membrane material could be under shrinkage. The 
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shrinkage process is puzzling in the HF membrane, but as rough estimates, when ∆π is large, 
the draw of fresh water (moreover, solute reverse diffusion) could promote contracting the 
porous layer of the membrane. A similar discussion about this phenomena was outlined by 
Eichler et al. (1997). 
A comparison between the results in AL-FS to those in AL-DS, found them to contradict those 
found in the literature (Cath et al., 2006; McCutcheon and Elimelech, 2008; Chung et al., 2012; 
Lay et al., 2012; Heo et al., 2013) for preferring AL-DS to AL-FS, due to the higher water 
flux. This performance could be due to the draw solution mass transfer, which is dominated by 
low Re, since the flow inside the fibre is too slow to establish a steady chemical potential (i.e. 
Δπ) across the membrane featuring higher water draw from the shell/feed side. Similarly, Zou 
and He (2016) experienced 48% higher water flux in AL-FS compared to that in the AL-DS 
mode. The difference in water permeation was attributed to the concentrative ICP in the AL-
DS mode, which lowers the effective osmotic pressure difference. This ICP is dilutive in the 
case of AL-FS and thus provides less resistance for water permeation.  
On the basis of the above evidence, it seems fair to suggest that the membrane performance is 
subjected not only to the set-up orientation, but also to the physical and chemical properties of 
the membrane and the hydrodynamic conditions controlling the process. 
The following section propounds the view that effective hydrodynamic conditions could 
enhance the overall membrane performance. After revealing the performance associated with 
the membrane orientation, all subsequent experiments are in AL-FS mode, unless otherwise 
stated. 
5.1.3 Effects of shell-side flowrate on the solute mass transfer 
The effect of shell flow rate on the solute mass transfer was investigated to determine the 
influence of shell-side hydrodynamic conditions in the total membrane filtration efficiency.  
Membrane no. 3 was mounted in AL-FS mode using the draw solution prepared in Table 5.1. 
The distilled water, as a feed, was directed through the shell-side at a minimal pressure and 
variable flow rate (both solutions were at 25 °C). 
The data presented in Table 8.13 (Appendix 1) yielded a proportional salt immigration to the 
feed tank following the increase in the shell flowrate, represented as TDS with a variable 
magnitude. The amount of measured salinity induce the behaviour of mass transfer across the 
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membrane as a function of water permeation and dilution effect at the filtrate. The increase in 
salinity in the shell-side of the membrane has been outlined in the literature to hinder the water 
flux as a cause for Δπ reduction across the membrane (although it possessed less effect than 
the water flowrate magnitude). Equation 4.43 and 4.44, describe the proportional relation 
between Δπ and Jw. Similarly, McCutcheon et al. (2006) argue that the increase in the feed 
concentration as a result of reverse solute flux will hinder the final membrane filtrate. Shim 
and Kim (2013) presented further evidence to claim that the increase in the feed concentration 
(at a fixed draw solution concentration) prompted the reduction in the water flux. The higher 
feed solution concentration can also reduce the water extraction capacity (Lkg-1) (Phuntsho et 
al., 2014). 
The results in Table 8.13 (Section 8.3.1 in Appendix 1) are plotted in Figure 5.1, supports the 
relation between shell flow rate and Jw, when 1.16 M NaCl draw solution was used (π = 58.1 
bars), and distilled water was a feed, at various flow rates. At lower flow rate, the mass transfer 
led to less water flux, whereas the highest water permeation was experienced at higher shell-
side flow. To recapitulate, Yang et al. (2009) varied the shell cross flow rate during the 
extraction of Zn (kgm-3 ) from the lumen, and the results showed better mass transfer when the 
cross flow rate increased. The Figure also depicts the simultaneous increase of Js, Estimate 
calculated by the mathemathical mode. The reverse solute flux curved propotional to the 
flowrate hydrodynamic condition. 
Figure 5.1 presents the increase in water flux resulting from the increase in shell flow rate, 
until it reached a plateau of about 260 mLh-1 when the feed flowrate exceeded 3.33×10-5 m3s-
1. The slight water flux decline was associated with the development of bypassing the shell-
side flow regime around the fibres, especially at 6.67×10-5 m3s-1 , as shown in Chapter 2 
(literature review). Table 8.13 shows that the experiment was run at 6.67×10-5 m3s-1for another 
3 hours continuously to observe the Jw interaction with Js over time. The increase in solute flux 
by means of feed tank TDS, explains the membrane performance decline after six hours, even 
though this decline was not severe, in which the fresh water continued to permeate in less flux. 
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Figure 5.1: Effect of shell side flow rate on Jw and reverse solute Js using membrane no. 3, 
using π = 58.1 bar NaCl draw solution and distilled water as feed solution in AL-
FS mode (feed and draw was maintained at 25 °C). 
In contrast to the results discussed in Section 5.2, better performance was yielded by membrane 
no. 2, as shown in Table 8.13 (Section 8.2.1 in Appendix 1), when using a NaCl draw solution 
of 0.5 M (π = 23.1 bar) and a feed of distilled water, as illustrated in Figure 5.2. The subscript 
2 refers to the condition when membrane no. 2 was in use. The experiment was performed to 
verify the inconsistency even between similar membranes of the same characteristics.  
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Figure 5.2: Performance comparison of Jw and Js between membranes no. 2  at fixed operating temperature of 25°C and ∆π = 23 bar.
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With even less osmotic pressure difference across the fibres, membrane no. 2 showed a 
higher water flux than membrane no. 3, and better solute rejection represented in the feed 
tank TDS2 (as in Table 8.14, Appendix 1). In Section 5.4, SEM images demonstrate the 
internal fibre deformation, blockage, and inconsistency in the fibres’ radius, which explains 
the issue of different performance behaviour within similar membranes.  
The increase in the shell flow rate in membrane no. 2 produced a higher water filtrate 
volume than that in membrane no. 3, as indicated in Figure 5.2 and Figure 5.1. The exerted 
shear force on the membrane surface to improve the water flux passage can elaborate this 
increase of water flux. Similar results of higher water flux by increasing the feed flow rate 
was found by Phuntsho et al. (2014).  
The solute behaviour when using membrane no. 2 showed less difference between the 
model calculation and the experimental measurement, than membrane no. 3. The higher 
solute build up in the shell side when using membrane no. 3 could be a result of fibre 
leakage, which could drastically increase the TDS in the shell-side.  
A dependent experiment was performed to test the resultant pressure in the fibre surface 
from increasing the shell- side flow rate to 8.333×10-5 m3s-1 (by mounting a new electronic 
display flowmeter that can read higher flow rates than the existing rotameter).  
At 8.333×10-5 m3s-1, the membrane shell-side’s ∆P reached 1 bar (g), and at 1.000×10-4 
m3s-1, the ∆P reached 1.5 bar (g). This pressure demonstrates the size of the shear force 
exerted by the flow rate in the membrane surface while increasing the shell velocity.   
Further assessment for the membrane intrinsic parameters with a draw of π = 23.1 bar and 
0.0527 bar feed was evaluated using the mathematical model, and the results are shown in 
Table 5.7. 
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Table 5.7: Calculation for membrane no. 2 performance modelling for draw π = 23.1 
bar, feed π = 0.0527 bar, and 3.33×10-5 m3s-1shell flowrate. 
Js (kgm
-2.s-1) 2.078×10-6 
CF,m (kgm
-3) 0.079 
Ci (kgm
-3) 10.4 
CD,m (kgm
-31) 27.2 
Jw (m
3m-2.s-1) 1.91×10-6 
439 
mLh-1 
Reflection 
coefficient, ϭ 
0.823 
  
Table 5.7 shows a negligible amount of CECP (derived from CF,m concentration difference 
from the feed bulk) resulting from the presence of distilled water in the shell-side of the 
membrane. The estimated water flux was close to the experimental value of 417 mL (as 
shown in Table 5.14) versus the 439 mL calculation, with an estimated error, Jw of 5%. 
Reading the tank level must be very precise to account for a small decrease or change in 
volume. In addition, the draw solution level dropped about 500 mL; this is equal to the 
estimated reverse solute of 2.078×10-6 kgm2.s-1. This value for Js (from Figure 5.2), was 
converted and gave 0.748kgm-3, which was the amount of solute that travelled into the feed 
tank in one hour. The decrease in draw solution level meant that the solute diffused to the 
feed-side and the rest passed along the filtrate. The final filtrate TDS, measured with the 
conductivity meter, was about 10.100×10-3 kgm-3 , equivalent to a reduction of 65% from 
the initial draw solution for TDS (29.2 kgm-3 ). 
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The membrane was then tested with a higher feed osmotic pressure of π = 0.285 bar (0.345 
kgm-3) at 6.67×10-5 m3s-1 and 0.5 M draw solution of π = 23.1 bar. The new condition was 
to investigate the influence of higher feed flowrate, and higher feed solution salinity in the 
membrane performance, considering the current reduction in Δπ after increasing the feed 
osmotic pressure. The results, after one hour, are shown in Table 5.8.  
Table 5.8: CP, Js and Jw calculation when using π = 23.1 bar and 0.285 bar, draw and 
feed, respectively. Qshell = 6.67×10
-5 m3s-1  
Js (kgm
-2.s-1) 2.478×10-6 
CF,m (kgm
-3) 0.512 
Ci (kgm
-3) 12.2 
CD,m (kgm
-3) 26.8 
Jw (m
3m-2.s-1) 2.28×10-6 
523 
mLh-1 
Reflection 
coefficient, ϭ 
0.864 
 
Compared to Table 5.7, the experimental water filtrate was 500 mLh-1 (as shown in Table 
5.14) with a 4% error. The two-fold increase in the shell flowrate resulted in a 17.6% gain 
in water flux. Due to higher Jw resulting from higher shell-side flowrate, the CD,m became 
less compared with the condition of 3.33×10-5 m3s-1 in Table 5.7. The CD,m reduction 
indicates that the dilution effect took place at the draw-side of the boundary layer. The 
above changes in CD, m were reflected in the DECP severity as shown in the solute 
distribution profile across the membrane layers using Equation 4.9 and plotted in the next 
section. Concurrently, reverse solute flux increased by 17.9%, after increasing the mass 
transfer in the shell-side, which shifted the higher solute diffusion towards the feed-side. 
The higher water mass transfer resulting during higher shell flow, worked to sweep the 
deposited solute from the internal membrane surface (CD,m), which might reduce the 
theoretical osmotic pressure across the active layer. Meanwhile, the reverse solute works 
to build up the Ci and consequently enhance the ICP (increase the effective osmotic 
pressure). Higher tides, offered more fresh water at the membrane layer, and hence a higher 
driving force was established. Therefore, this effect encouraged higher solute flux to 
diffuse, and higher water permeation, as expressed by Equation 4.44.  
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5.1.4 FO AL-FS behaviour at various osmotic pressure difference  
The effect of the osmotic pressure significantly influenced the variation of the FO 
application. Selections of various osmotic pressure of NaCl solutions were used in both the 
draw- and the feed-side. The purpose of experimenting with ranges of osmotic pressures 
was to assess Jw, Js, and consequently the CP across the membrane sublayers.  
Table 5.9 shows different NaCl solution’s strength prepared with distilled water as a 
solvent. All the following tests were carried out with membrane no. 2. 
Table 5.9: Prepared NaCl solutions for the investigations of FO performance at 25 °C 
Solution 
concentration (M) 
kgm-3  
π 
(bar) 
Orientation 
0.034 2.00 1.61 Feed shell-side 
0.5 29.2 23.1 
Draw tube-side 
1 58.4 48.5 
1.5 87.7 74.0 
 
Details about the experimental method were described in Chapter 3.   
5.1.4.1 FO performance with 0.5 M (π = 23.1 bar) draw solution  
Following thorough cleaning of the membrane skid (as described in Section 8.2.2, 
Appendix 1), a draw solution of 0.5 M, equivalent to 23.1 bar osmotic pressure, with a 2 
kgm-3feed solution (π = 1.61 bar), was prepared.  
The behaviour of Jw, concentration and Js was assessed using the sum of individual layer 
mass transfer equation. The distribution of CP was also identified throughout the boundary 
of each sublayer in Figure 5.3 (plotted from Table 5.10), which shows that the increase in 
shell-side volumetric flowrate (under constant conditions of temperature at 25 ºC and 
minimal shell side pressure) is beneficial for the reduction in CF,m as well as in CD,m. 
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Figure 5.3: Membrane performance at varied shell flowrate and 0.5 M draw and 
0.03 M feed. 
Figure 5.3 shows that the higher shell flowrate served to wash the fibres’ surface and reduce 
the severity of CF,m (which minimized the CECP). Higher shell flowrate ensures efficient 
mixing of the solute with fresh water at the membrane surface. The direction of Jw worked 
to enhance the dilution process at that intrinsic membrane layer (at the CD,m) drives the 
solution concentration towards a dilutive ECP condition. As the solute approaching the 
active layer, Ci increased by 14.9% throughout the three-different flowrate runs of 1.67×10
-
5 m3s-1, 3.33×10-5 m3s-1 , and 5.0×10-5 m3s-1 (shown as m3s-1 as Qshell). Higher Ci means 
higher effective osmotic pressure across the active layer to prompt an enhanced chemical 
potential to extract more fresh water.  
Theoretically, Equation 4.43 and 4.44 states that the higher Ci, the higher is Jw. On the other 
hand, higher Ci drove the ICP to increase, which could also become severe and hinder the 
mass transfer to decline the water permeation eventually. Higher Js diffusion is the other 
aspect of increasing Ci. The increase in Js, was experienced by Hancock and Cath (2009), 
who obtained higher reverse salt flux at higher shell flow velocity. This increase in Js 
diffusion towards the shell-side will further concentrate the internal layer of the membrane 
to increase the ICP.  
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Figure 5.4 demonstrates the concentration at a single location of the membrane. The use of  
Equation 4.9, 4.10, and 4.11 for DECP, ICP and CECP, respectively, presents an average 
concentration distribution throughout the membrane sublayers, as shown in Figure 5.4 
when using 1.67×10-5 m3s-1 shell flowrate at 2 kgm-3 and  29.2 kgm-3 draw at 0.7 bar(g) at 
the fibre inlet. The concentration profile depicts the behaviour of the solute with respect to 
membrane porosity, tortuosity, total solute rejection, water flux, solute flux, and membrane 
orientation. The x-axis represents the dimensionless Y parameter as described in Chapter 4. 
During the experiment, the solute accumulation exponentially built up in the feed-side by 
virtue of solute diffusion when Ci increased. The concentration of feed solute at a specific 
time depended on the draw solution concentration and the osmotic pressure difference. 
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Figure 5.4: Concentration distribution for a draw of π = 23.4 bar NaCl at 1.67×10-5 m3s-1 shell flowrate with feed of π =1.61 bar NaCl. Using 
0.7 bar (g) fibre applied pressure and minimal shell pressure. Solutions are at 25 °C.
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Figure 5.4 depicts the solute distribution through each membrane sublayer at constant shell 
and tube hydrodynamic conditions. Based on the water and solute flux directions shown in 
Figure 4.1, the water flux direction offered 7% dilution in CD,m compared to the initial 
solute concentration in the draw bulk CD,b. Whereas, the solute concentration at the porous 
layer gradually decayed until the raise in the concentration across the skin layer reached 
79% from that of CFm. The latter is increased by 24% from that in the feed bulk. The 
theoretical osmotic pressure (CD, b –CF, b) was 27.6 bar, whereas the effective osmotic 
pressure difference was 10.0 bar.  
The dominant membrane resistance was through the porous layer designated as the DICP. 
The magnitude of ICP is believed to be less severe in AL-FS mode than in AL-DS mode, 
where the compaction of solute is higher.  
The filtrate TDS shown in Table 5.10, fluctuated towards a decrease when the shell flowrate 
increased. Certainly, this is due to the increase in the dilution effect inside the fibre. The 
filtrate exhibited lower TDS at 5.0×10-5 m3s-1 , following the increase in the water 
permeation. The increase in the shell flowrate yields higher Js resulting from the dilution of 
the CECP layer, which prompted the Δπ (πi-πF,m) and increased the solute diffusion.  
Table 5.10 depicts the increase in the reflection coefficient (which describes the membrane 
solute rejection coupled with B, Kps, kD and kF as shown in Equation 4.45) at a higher 
flowrate (by means of kF). Higher reflection coefficient offers less solute diffusion (less B 
value) which could also enhance the ion selectivity, meanwhile higher water permeation. 
Table 5.10: Membrane behaviour at 0.5 M draw with varied feed flowrate 
M 
Feed Qshell 
(m3s-1) 
Filtrate  
(mLh-1)  
Jw,exp  (m3m-2.s-
1) 
Measured 
filtrate TDS 
(kgm-3 ) 
Js 
(kgm-2.s-1) 
ϭ 
0.5 
1.67×10-5 417 1.81×10-6 7.680 2.04×10-6 0.858 
3.33×10-5 480 2.09×10-6 7.150 2.35×10-6 0.884 
5×10-5 535 2.33×10-6 6.720 2.62×10-6 0.902 
 
 In 0.5 M draw solution, the increase in the shell flowrate from 1 to 2 and 5.0×10-5 m3s-1 , 
resulted in a 14.4% and 10.9% increase in Jw and an increase in Js from 14% to 10.8%. 
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Earlier observations by Yong et al. (2012), showed lower Jw,exp than the estimated values, 
with high Js permeability. The behaviour of Jw and Js as a function of osmotic pressure 
difference display a similar trend reported by (Hancock and Cath, 2009). Their analysis for 
the effect of feed flowrate in the water flux and the solute flux were in good agreement with 
current research results. 
5.1.4.2 FO AL-FS performance with 1 M (π = 48.5 bar) NaCl draw solution  
The increase in the draw solution osmotic pressure (from 23.2 to 48.5 bar), with a fixed 
feed osmotic pressure (1.61 bar), showed a higher driving force offset by higher draw of 
water permeation. The shell-side flowrate was varied again to investigate the membrane 
performance with the new driving force.  
Table 5.11 shows the permeation improvement owned by virtue of increasing Δπ and the 
increase in the shell mass transfer coefficient (compared to the previous test with 0.5 M 
draw). 
Table 5.11: FO performance test with 1 M draw solution at 1.67 and 6.67×10-5 m3s-1 shell 
flowrates with minimal pressure and exerted pressure of 0.7 bar (g) at the fibre inlet. 
M 
Qshell 
(m3s-1) 
Filtrate 
(mL) 
Jw 
(m3m-2.s-1) 
Final Cond. 
(mScm-1) 
kF 
(ms-1) 
1 
1.67×10-5 540 2.35×10-6 19.8 9.32×10-6 
6.67×10-5 650 2.83×10-6 17 14.7×10-6 
  
Using an NaCl solution of π = 48.5 bar (1 M), more fresh water is expected to be drawn 
from the feed shell-side than previously experienced in the 0.5 M draw solutions. 
At1.67×10-5 m3s-1 , the membrane was able to harvest a 25.9% gain in the water permeation 
(with just -0.507 error from the experimental measured value) compared to that in the 0.5 
M draw solution. When more solute was added to the draw solution keeping the same feed 
solution, the amount of solute potential increased in the draw solution to show higher 
reverse solute flux towards the feed of less concentration, as shown in Table 5.12. 
Meanwhile, this reduction in the water potential in the draw solute side allows less water 
flux to transfer into the filtrate side (means higher concentration implies higher osmotic 
pressure and less water potential). 
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Table 5.12: Membrane behaviour with 1 M draw at 1.67×10-5 m3s-1 shell flowrate 
1.67×10-5 m3s-1 Shell flowrate 
6.67×10-5 m3s-1 
 shell flowrate 
Js (kgm
-2.s-1) 2.52×10-6 3.04×10-6 
ϭ 0.839 0.876 
 
The reverse solute flux increased by 21% compared to that in 1.67×10-5 m3s-1 in 0.5 M 
draw. Elaboration on the noticeable increase in the reflection coefficient is given in Section 
5.1.3. 
The reflection coefficient in 1.67×10-5 m3s-1 reduced from 0.858 in 0.5 M draw to 0.839 in 
Table 5.12; this could also justify the increase in CF,m (generally the feed-side CP has the 
smallest effect on the process performance). This drop in the reflection coefficient is 
justified by the increase in the draw side concentration, which yielded higher solute 
diffusion across the membrane.  
The concentration profile in Figure 5.5 depicts the effect of the 48.5 bar osmotic pressure 
difference to drive more solute towards the CF,m layer even with higher water permeation 
than in the 0.5 M case. This can be explained by the increase in Js flux compared to Jw, as 
estimated by the model in Table 5.12 for the 1.67×10-5 m3s-1 shell flowrate. 
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Figure 5.5: Concentration profile for π = 48.5 bar draw and 1.61 bar feed at 1.67×10-5 m3s-1 shell flowrate and 0 and 0.7 bar for the shell and 
fibre inlet applied pressure, respectively. 
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5.1.4.3 FO performance with 1.5 M (π = 74 bar) draw solution 
The draw solution osmotic pressure was then increased to 74 bar, to investigate the 
influence in the water permeation as well as the solute behaviour. Table 5.13 lists the results 
for the new draw solution. The feed osmotic pressure solution maintained at 1.61 bar (2 
kgm-3 ) at varied shell flowrates and both solutions are at 25 °C. 
Table 5.13: FO AL-FS performance with osmotic pressure of 74 bar draw and 1.61 bar 
feed 
Qshell 
(m3s-1) 
Js 
(kgm-2.s-1) 
Jw,exp 
(m3m-2.s-1) 
ϭ 
1.67×10-5 2.51×10-6 2.48×10-6 0.816 
3.33×10-5 2.35×10-6 2.98×10-6 0.851 
 6.67×10-5 2.62×10-6 3.22×10-6 0.866 
 
From Table 5.13, the increase in water flux was expected a result of higher osmotic pressure 
(driving force). At 1.67×10-5 m3s-1 (0.136 ms-1), the water permeation in 1.5 M compared 
to the same shell flowrate in 0.5 M and 1 M draw solutions, showed increments of 31.2% 
and 5.38%, respectively. The Jw error with 1.5 M draw solution was positive, as shown in 
Table 5.14, due to higher experimental results than estimated.  
The reflection coefficient decreased as the draw solution concentration increased (this 
implies higher reverse solute flux), which represented the dominant influence of kD and the 
Kps, rather than just kF, in deteriorating the reflection coefficient. This fact is important 
when selecting the membrane orientation to have determined-selective ions to pass through 
the membrane layers. 
Figure 5.6 illustrates the concentration distribution through the four mass transfer layers. 
Notably, the concentration difference across the active layer (at 1.67×10-5 m3s-1 ) showed 
an identical value of increase as that in the 0.5 M and 1 M draw solutions. This value 
increased to 85% with 6.67×10-5 m3s-1 , which is also similar to that observed in the 1 M 
case. These results provide confirmatory evidence that ICP was not dominated by the 
theoretical osmotic pressure difference, nor by the effective osmotic pressure difference, 
but apparently by the fluid mass transfer values and the general hydrodynamic conditions. 
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Allegedly, the rise of the concentration profile throughout the porous layer provided the 
dominant resistance for mass transfer.
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Figure 5.6: Concentration profile with π of 74 bar draw and 1.61 bar feed, using 1.67×10-5 m3s-1 shell flowrate at 0 and 0.8 bar in the feed and 
fibre inlet, respectively. 
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Table 5.14 presents the gathered data for all previous runs. The variation of water flux was 
mainly dominated by the draw solution osmotic pressure (with regard to the impact of the 
shell-side flowrate), similarly obtained by Tiraferri et al. (2013). Their water flux 
experimental results were slightly less than the estimated results. However, the reverse 
solute flux showed values higher than those estimated by the model. 
At less CD,m, the DECP showed a reduction with a higher flowrate in the shell-side. 
Continued reduction in CD,m could reduce the osmotic driving force of the draw-side and 
diminish the water flux. Practically, this scenario is not likely to develop due to 
simultaneous mass transfer across the membrane between the water permeation and solute 
flux. 
The increase in percentage shown in Table 5.14 was calculated based on the first result for 
each osmotic pressure condition. 
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Table 5.14: Overall membrane performance at various osmotic pressure differences and shell flowrates 
Draw  
(M) 
Qshell 
(×10-5 
m3s-1) 
Jw,exp 
(×10-6 
m3m-2.s-1) 
CF,m 
(kgm-3 
) 
Ci 
(kgm-3 
) 
CD,m 
(kgm-3 
) 
Filtrate 
conduct(.
mScm-1) 
Js,overall 
(×10- 6 
kgm-2.s-1) 
ϭ 
Jw,Estimate 
(×10-6 m3m-
2.s-1) 
Jw 
Error 
0.5 1.67 1.81 2.55 12.4 27.2 12 2.04 0.858 1.93 -0.0612 
0.5 3.33 2.09 2.50 13.4 26.9 10 2.35 0.884 2.20 -0.0522 
0.5 5 2.33 2.49 14.4 26.7 10.5 2.62 0.902 2.44 -0.0524 
1 1.67 2.35 2.75 14.9 53.1 19.82 2.52 0.839 2.41 -0.0507 
1 6.67 2.83 2.55 16.5 52.1 17 3.04 0.876 2.89 -0.0233 
1.5 1.67 2.48 2.79 14.9 79.1 23 2.51 0.816 2.47 0.0278 
1.5 3.33 2.98 2.75 16.85 77.5 21 3.03 0.851 2.97 0.0172 
1.5 6.67 3.22 2.63 17.6 76.7 19 3.28 0.866 3.22 0.0171 
       Error = (Jw,exp- Jw,Estimate)/Jw, Estimate
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Clearly, Table 5.14 shows that the increase in the water permeation and solute flux with 
increase in the osmotic pressure difference (mainly via the draw solution concentration) was 
not linear at high concentrations. The relation is attained after the ICP increases at high osmotic 
pressure difference. When the ICP and ECP increased due to higher solute flux, then the linear 
increase was inhibited further and might decrease the water flux over time. Similar results were 
experienced by previous researchers (McCutcheon and Elimelech, 2007; She, 2008; Puguan et 
al., 2014). 
The data in Table 5.14 provides confirmatory evidence that using the reflection coefficient 
value (instead of just assuming unity) will account for the coupling between the water and 
solute transfer through the active layer. This kind of diffusion transfer preferentially allows the 
solvent over the solute to take place (Yong et al., 2012). Using the reflection coefficient has 
reduced the error between Jw,exp and Jw,Estimate, as shown in Table 5.14. The error developed 
when ϭ was assumed to equal unity. The assumption of unity implies that the membrane rejects 
all solute, and only the solvent passes through, as in Table 5.15. Practically, this means B 
(solute permeability) should also be zero. The trend between B and reflection coefficient agrees 
with Zelman (1972). Earlier, the results in Table 5.14 show the improvement of the results 
when the reflection coefficient was used (this parameter was introduced to the original Jw 
Equation from (Nagy, 2014)). Similar improvement in the Jw calculation, when involving the 
reflection coefficient, was noticed by Yong et al. (2012). 
Table 5.15: Water flux calculation error without considering the reflection coefficient 
Condition Error % 
1.67×10-5 m3s-1  (0.5 M draw) 19.9 
3.33×10-5 m3s-1  (0.5 M draw) 16.1 
5.0×10-5 m3s-1  (0.5 M draw) 14 
1.67×10-5 m3s-1  (1 M draw) 18.4 
6.67×10-5 m3s-1  (1 M draw) 14.2 
1.67×10-5 m3s-1  (1.5 M draw) 18.2 
3.33×10-5 m3s-1  (1.5 M draw) 14.8 
6.67×10-5 m3s-1  (1.5 M draw) 13.2 
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Data from Table 5.14 reveal that the reverse solute flux is proportional to the osmotic pressure 
differences and the shell hydrodynamic properties (i.e. shell flowrate m3s-1), as shown in Figure 
5.7. 
 
Figure 5.7: Reverse solute flux as a function of osmotic pressure difference and shell 
flowrate in AL-FS mode at diferrent shell flowrates. 
From Figure 5.7, Js is more dependent on the variation in Qshell at constant osmotic pressure 
difference. The produced reverse solute flux at 47.5 and 74 bar osmotic pressure in Qshell = 
1.67×10-5  m3s-1, was almost constant for both conditions at constant Ci as shown in Table 5.14. 
For both osmotic pressures, Js increased with Qshell = 6.67×10
-5 m3s-1 by 7.59%. However, from 
∆π of 22 bar to 47.5 bar, at shell flowrate of 1.67×10-5 m3s-1 M, Js exhibited an increase of about 
21.1% when the Ci showed 18.3% increase. The highest Js was measured when using a draw 
solution of 74 bar and yielded 3.22 ×10-6 kgm2.s-1.  
Above results are in good agreement with Manickam and McCutcheon (2015), who 
experienced high solute reverse flux at high osmotic pressure differences across the membrane. 
Furthermore, Figure 5.7 shows that the solute reverse flux was influenced by the shell flowrate, 
similar trend was shown by Hancock and Cath (2009). Inconsistent with the above literature 
 130 
 
results, Yong et al. (2012) plotted a flat trend for the NaCl solute flux (less than 1 molm-2.h-1) 
when using draw solutions from 0.5 M to 4 M. 
The membrane showed at osmotic pressure of 48.5 bar draw and 1.61 bar feed with 1.67×10-5 
m3s-1 shell flowrate, approximately 9 gm-2.h-1 solute reverse flux, whereas a tack-etched Thin 
Film Composite (TE-TFM) FO membrane was used by Manickam and McCutcheon (2015) at 
osmotic pressure of 48.5 bar  draw solution, and deionized shell water with approximately 
1.67×10-5 m3s-1 shell flowrate showed about 7.5 gm-2.h-1. However, their results were 
associated with a high degree of error. The solute reverse flux was found to be in good 
agreement with Hancock and Cath (2009) at low osmotic pressure, but at 6–8 MPa osmotic 
pressure, Toyobo membranes showed higher Js, which implies that the membrane material, 
physical specifications and manufacturing aspects play another major role in the performance 
parameters.  
5.1.5 The water flux behaviour at varied osmotic pressure 
differences 
The amount of solute diffused into the filtrate is a crucial parameter to evaluate the FO for 
LowSal feasibility. After varying the draw solution concentration at a fixed feed solution 
(distilled water), at 25 ºC and applied pressure of 0.7 bar (g) in the fibre side, 0 bar (g) in the 
feed, and 1.67×10-5 m3s-1 shell flowrate; data from Table 5.14 plotted in Figure 5.8, depicts the 
relation of water filtrate over various osmotic pressure differences.  
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Figure 5.8: Experimental HF-FO membrane measured water flux over varied osmotic 
pressures and Qshell = 1.67×10
-5 m3s-1 at minimal pressure and 0.7 bar (g) at the fibre inlet. 
In Figure 5.8, the water flux was nearly linear with the driving force. The relation depicts that 
for about a 10% increase in the osmotic pressure results in an increase of 4-6% in the water 
flux (at fixed shell and tube hydrodynamic conditions). However, the effect of ECP and ICP 
at high osmotic pressure becomes more severe and probably reduces the increment of water 
flux. Figure 5.8 was obtained with 1.67×10-5 m3s-1\ shell flowrate, which has zero ∆P across 
the membrane. Thus, neglecting the external pressure on the membrane and leaves above 
plotted results depends on ∆π as the main driving force.  
Tan and Ng (2013) confirmed the increase in osmotic pressure difference boosts the water flux. 
Their work showed that the estimated flux was higher than the experimental flux. Nonetheless, 
the trend foresees nonlinear behaviour. 
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5.1.6 Experimental validation for the model theoritical results 
Validation of the estimated Jw (calculated by the mathematical model) was via the 
experimentally measured Jw. Figure 5.9 demonstrates the relation between the estimated results 
and the experimental values. The higher water permeation was experienced at elevated osmotic 
pressure difference and the highest shell flowrate. Lower water flux appears with relatively 
negative error at lower driving force (as in Table 5.14). The accuracy of the calculation was 
after our new modifications to the resistance-in-series model, in terms of external mass transfer 
coefficient kF, and the membrane internal resistance Kps, as well as introducing the new 
reflection coefficient parameter, as shown in Table 5.15. 
The agreement between Jw,Estimate and Jw,exp indicates the reliability of the model and the 
accuracy of solute concentration distribution throughout the membrane sublayers.  
Figure 5.9: Experimental results vs estimated values at 95% interval confidence for various 
shell flowrates and varied ∆π.Figure 5.9 is reflecting the results obtained from Table 5.14, For 
95% interval confidence, the low Residual Sum of Squares indicates that the difference 
between estimated data by the estimation model are close and fit the measured results. The 
Coefficient of Determination (COD) R2 shows about 99%.   
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Figure 5.9: Experimental results vs estimated values at 95% interval confidence for 
various shell flowrates and varied ∆π. 
Figure 5.9 shows that, except for one outlined point (at least shell mass transfer coefficient of 
1.5 M), all results were within the 95% confidence interval with an R2 of about 99%. In the 
Figure at y = x (intercept = 0), the slope = 1.01, and from the best fit, y is the Jw,Estimate which 
is from the plot Equation;  Jw,Estimate = 1.01*Jw,exp.   
The shell side -feed- Re played a major role in the shell-side mass transfer (kF), and 
consequently, in the membrane performance (e.g., water flux and solute reverse flux). 
Therefore, the new formulated shell mass transfer model should also be reliable to contain the 
effect of kF.  
The following section focuses on the effect of kF in the membrane behaviour.  
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5.1.7 Investigation on the influence of shell-side mass transfer (kF) 
The literature review in Chapter 2, highlighted the influence of the shell-side mass transfer to 
shape the performance of the membrane operation. Equation 4.21 describes the calculation for 
shell Sh and placing by substituting in Equation 2.4 to calculate kF. The reported kF in the 
literature varied between 7.4×10-7 ms-1 ≤ kF ≥ 6.5×10-5 ms-1 (Bringas et al., 2009). Figure 5.10 
(obtained from Table 8.16 in Appendix 1)) represents the relation between kF, Jw, and Δπ across 
the fibres. During these calculations, the physical properties of the shell flowing solution are 
almost constant (e.g., density and viscosity) throughout the test course (one hour). The results 
are in good agreement with Xu et al. (2010), who showed the effect of osmotic pressure 
variation and mass transfer in improving the FO water flux. 
 
Figure 5.10: The effect of kF (obtained at varied shell flowrates) on Jw at various osmotic 
pressure differences. 
Figure 5.10 shows that the increase in Jw accounted for the shell mass transfer rate and the 
osmotic pressure difference. In parallel, as inferred from the effect, the ECP was found to be 
less at higher kF, as indicated in Table 5.14. Beside the increase in the water flux because of 
increased kF, the filtrate conductivity showed a reduction reciprocal equal to kF. Figure 5.10 
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couples both effects of kF and ∆π; however, kF was mainly altered by the shell-side 
hydrodynamic conditions and not the osmotic pressure variations. In ∆π of 21.7 bar, the 
increase in the shell flowrate from 1.67×10-5 m3s-1  to 3.33×10-5 m3s-1 resulted in an increase in 
kF by 22.7%. The increase in kF showed 12.9% resulted from the increase from 3.33×10
-5 m3s-
1  to 5.0×10-5 m3s-1 shell flowrate. The incremental changes in kF, depicts the relation of the 
mass transfer in the shell-side as a function of shell flowrate variation.  
Using NaCl solution, Figure 5.10 indicates that the peak of Jw is at the highest osmotic pressure 
difference and highest kF value. However, this relation could not be always proportional 
especially when the mass transfer is linked with concentration behaviour that influences the 
CP. 
As shown in Figure 5.11 (plotted from Table 5.14), CF,m, Ci, and CD,m indicate the effect of kF 
(as well as osmotic pressure) to shape the concentration intensity at each sublayer of the 
membrane. The intensity implied the severity of the CECP, ICP, and DECP.  
 
Figure 5.11: Membrane sublayer concentration distribution as a function of kF at 
various ∆π. 
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Figure 5.11 elucidates the CP governing parameters, at which both CECP and DECP showed 
less severity at higher shell flow rate (i.e. higher kF), than at lower shell flowrate which showed 
lower kF. The reduction in CF,m and CD,m  accounted for the higher mixing which enhances the 
water flux and more erosion at the membrane layer adjacent to the solution.  
Besides, the increase in the flowrate was associated with the reduction in the ECP by sweeping 
the foulant and the solute away from the membrane surface. This sweeping force is defined as 
the shear force along the membrane surface (Goosen et al., 2005). However, the Ci at higher 
Δπ developed into being more intense, as a result of more solute being transferred and trapped 
behind the skin layer (i.e. ICP). The trade-off here is to maintain an acceptably high Jw at less 
ICP to sustain the membrane operation with less maintenance cost (CAPEX). Results from 
Figure 5.11 appear to validate the literature views on how ICP hinders the water flux (Lee et 
al., 1981; She, 2008; McCutcheon et al., 2006). Two main observations drawn from Table 5.14 
and Figure 5.11, consistent with the mentioned literature include: 
• At lower osmotic pressure and less shell flowrate, ICP was found to not dominate the 
water flux decline. 
• At higher osmotic pressure difference, the ICP effect is increasingly dominant and the 
water flowrate becomes the self-limiting factor to control the ICP and the water 
permeation. This observation will be more obvious during the AFO tests.  
Wall shear stress as a result of flow variation inside the fibre (see Figure 4.3 for tube-side flow 
behaviour) can correlate the kF influence on reducing the CD,m. Assuming the draw flowrate 
inside the fibre is constant, consequently the water permeation will increase the flowrate inside 
the fibre. 
On the other hand, inside the fibre, the shear stress (ςwall) can be defined as the resultant 
pressure from the force applied to the membrane surface area via the tangential flow fluid 
(Gésan-Guiziou et al., 1999). The mathematical expression for the wall shear force takes the 
following form: 
4L
dΔP
ς iLwall

 , 
5.1 
 
where ΔPL is the resultant pressure drop along the fibre, di and L are the fibre internal diameter 
and length.  
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Equation 5.1 is a useful tool that provides the grounds that for a longer fibre, a higher-pressure 
drop occurs; furthermore, a long fibre leads to less shear stress at the membrane wall. To avoid 
the compression of the deposited material at the membrane surface, Gésan-Guiziou et al. 
(1999) suggest that one should increase 
wall
w
ς
J
to minimize the deposition layer severity. The 
higher water permeation induces higher erosion for the solute than convection toward the 
porous membrane layer. The water flux was found to have some dependence on the kF, which 
leads to controlling the DECP via the CD,m. Equation 5.1, supports the above coupling between 
Jw, kF, and CD,m. The data presented about ECP intensity, Jw, and Js provide convincing 
evidence that a higher flowrate is preferred to reduce the ECP severity and improve the water 
permeation.  
To couple the CP effect with the non-linearity of Jw at high kF, the following section offers 
further investigation into the membrane’s physical properties. 
The fibres packing density ϕ (refer to the mathematical approach for its calculation) has further 
consequence in the hydraulic diameter, Re, Sh, and the kF. The following section discusses the 
influence of packing density on the external mass transfer.  
5.1.7.1 The relation between packing density and external mass transfer  
For the same membrane module at fixed specifications (i.e. diameter and length), one can 
increase the packing density by increasing the number of fibres, resulting in less hydraulic 
diameter. At fixed shell flowrate, such as 1.67×10-5 m3s-1 , the Re was decreased at higher 
packing density (meanwhile, this could sometimes increase the superficial velocity). The 
reason to induce this effect is to observe what would happen when the fibres become blocked, 
and so, the number of original fibres turned less.  
Imperfect fibres’ design could yield additional reduction in the proposed or estimated mass 
transfer. Dead zones within the membrane fibres could contribute to the reduction of mass 
transfer, and could be considered – at least here – as a reduction in the packing density. Results 
for the above scenario are listed in Table 8.17 (Section 8.3.1, Appendix 1), from which the 
following graph (Figure 5.12) depicts the effect on the mass transfer coefficient due to 
variations in the packing density.  
Figure 5.12 couples the exerted pressure to the water flux using shell hydrodynamic conditions. 
It shows that the less hydraulic diameter, the less is the mass transfer, because of lower dh in 
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Re (Equation 8.14 and Equation 4.17 in Appendix 1) will yield lower mass transfer, and lower 
dh also means less Sh. Less shell mass transfer will prompt the build-up of ECP as well as 
reduce the water permeation and enhance the ICP severity. 
 
Figure 5.12: The effect of packing density in the shell-side mass transfer at 1.67×10-5 m3s-1 
using the HF module of 400 fibres. 
Figure 5.12 indicates that at low packing density, the flow regime, Re was high but still within 
the laminar flow boundary. The flow regime decreased as the packing of the HF became 
denser. This relation was explained as the mass transfer in loosely packed module tends to be 
dominated by the entry region exhibiting a high turbulence pattern (Thanedgunbaworn et al., 
2007). Low packing density allows channelling and free movement of the fibres in the shell 
chamber, and so grants more remixing between fluids (to assess the ECP dilution). Much of 
the literature debate revolves around the accurate relation between packing density and the 
shell mass transfer. Results from Figure 5.12 contradict (Costello et al., 1993; Gawroński and 
Wrzesińska, 2000), who claim that for a highly packed dense membrane, the mass transfer 
declines as the distance between fibres becomes tightly packed, and so the mass transfer area 
decreases. However, results from Figure 5.12 are in good agreement and showed a consistent 
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trend with analogous investigations (Koo and Sangani, 2003; Zheng et al., 2004; 
Asimakopoulou and Karabelas, 2006a). Almost a similar trend to Figure 5.12 was drawn by 
Yang and Cussler (1986). Other studies (De and Bhattacharya, 1997; Phuntsho et al., 2014) 
highlight comparable relations, as in Figure 5.12. Any differences to the literature could be 
ascribed to the various definitions and calculations of Re in the different geometry of hollow 
fibre membrane types and different 
3
1






L
d
ScRe oshellshell values. The existing membrane has a 
low packing density of about 8% (corresponds to a low packing fraction module). Hence, the 
fibres are usually in the form of a loosely packed module, and the interaction from 
neighbouring fibres is low. To validate this view, Wu and Chen (2000) assume that a low 
packing density membrane can be considered as an ordered-type module. Their calculation for 
the mass transfer as a function of packing density was almost similar to the results in Figure 
5.12. 
Within the mathematical model, Re is linked to both the hydraulic diameter and the number of 
fibres, which could accommodate for most of the shell hydrodynamic changes. In this regard, 
when the shell flowrate is assumed to be constant, the trend of kF in Figure 5.12 shows a slump 
in Re before the packing density reaches about 0.08–0.1. Then, it gradually declines until it 
rests in a plateaued relation. The flow path will try to seek the less condensed fibre region, 
which causes bypassing of many fibres that assisted the FO. At constant Re and Sc; kF 
decreased because of the effect of fibre length. This could depict the fact that longer HF will 
reduce the mass transfer due to many hydrodynamic issues, such as friction between the fluid 
and shell wall and fibre wall, as well as due to a pressure decrease along the fibre/module. The 
entry region effect could also play an important influence in reducing the mass transfer along 
the fibre. This effect becomes less significant at shorter modules, and so, less sensitive.  
Tight packing for the same module diameter could cause a confinement effect (Colburn and 
de, 1933; Günther et al., 2010). The relation,
L
dh  (channel section) suggests that if the length 
of the fibre is increased this will result in a decrease in the mass transfer. At fixed hydraulic 
diameter for 400 fibres, the fibre effective length was - theoretically- varied from 0.1 m to 1 m 
to determine the effect on the shell mass transfer coefficient, as in Table 8.18 (Section 8.3.1, 
Appendix 1). 
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The shorter fibre ensures higher mass transfer efficiency, and, therefore, as shown in Figure 
5.13, for better membrane length, calculation of the mass transfer needs to be at various 
dimensions to obtain the optimum point.  
 
Figure 5.13: Effect of fibre length in the external mass transfer coefficient in the FO 
AL-FS, at 2 kgm-3 shell (feed) concentration. 
Figure 5.13 illustrates that the shell mass transfer coefficient was at the minimum when the 
fibre length almost = 0.9 m. Then, gradual increase in kF begun at small increments of about 1 
% until the dhL
-1 approaches 0.00445 (L =0.4 m) from which kF increased by 9.48% then 13.4% 
and finally 22.7% at the minimum fibre length of 0.1 m. Notably, when the shell flowrate 
increased from 1.67×10-5 m3s-1 to 6.67×10-5 m3s-1, similar differences in the shell mass transfer 
were observed. 
From the above investigations, the credibility of the developed external mass transfer model 
showed reliable fitting with the experimental results and common reactions, to similar 
literature investigations. As a common practice, when investigating a new model, the following 
section presents a quick comparison between this research’s external mass transfer results with 
the literature’s most reliable models. 
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5.1.7.2 Comparison of external mass transfer coefficient with the literature 
models 
Most of the abovementioned results have linked part of the FO performance to the efficiency 
of the shell mass transfer coefficient. The following section will reveal how accurate and 
reliable this work kF modification is compared to similar models found in the literature.   
Based on a similar fibre packing fraction of about 8%, selected literature correlations (Sh 
models) are compared with this research Sh relation. The selected correlations were selected 
after their wide adaption and validity. For instance, Prasad and Sirkar (1988) and Yang and 
Cussler (1986), both experimentally and theoretically, investigated the hollow fibre 
hydrodynamic behaviour and performance. The details of each correlation and its 
hydrodynamic limitation is listed in Table 2.2. Developed Sh correlation, based on Equation 
4.21, was then used to compare with other complementary approaches, as shown in Table 8.19 
(Section 8.3.1, Appendix 1), and is represented in Figure 5.14. 
 
Figure 5.14: Comparison between Sh (this research) and Sh (literature), as a function 
of Re 
A minor variation between Sh (this research, calculated using Equation 4.21) result and Sh 
(literature) could be due to the method of calculating Re.  For instance, the literature models 
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used the hydraulic equivalent diameter of the shell-side channel (de). In addition, for Prasad 
and Sirkar, their model was for a hydrophilic membrane-type, and in this work, the membrane 
is a combination of hydrophobic and hydrophilic. However, their correlation was in good 
agreement with Equation 4.21 results as it was performed for a liquid-liquid extraction, and 
the packing density used was 8%, identical to the membrane used in this work.  
On the other hand, Yang’s correlation was for gas absorption (oxygen stripping of water). Their 
correlation was generalized for ϕ = 0.03, 0.26, and 0.4, since their correlation output was high. 
It is interesting that Equation 4.21 provided a correlation in  relatively in line with Viegas et 
al. (1998) at low Re as their correlation was for 0.16 < Re < 7.3 and the ϕ = 30. Dahuron and 
Cussler (1988) obtained their correlation from solvent extraction at superficial velocity and ϕ 
= 0.15. Costello et al. (1993) developed their correlation for removing oxygen from water, and 
as shown above, it (after applying his model as mentioned in Bao et al. (1999)) behaved 
similarly to the Viegas model. Zheng et al. (2003) investigated a novel Sh experimentally and 
theoretically; their results were just slightly above this work’s estimated values.  
For Re < 200, Equation 4.21 shows good agreement with most of the correlations. For the over-
estimated and underestimated correlations, these might result from the experimental 
conditions, the correlation development in terms of flow boundaries, and the limitation of the 
physical membrane specifications.   
So far, the experiments showed that the solute flux through the membrane was diffusive and 
convective flux, driven by the osmotic pressure difference as the chemical potential difference. 
Mainly, the draw solution concentration (at single feed concentration) and the shell-side 
hydrodynamic conditions influenced the solute permeability. The membrane showed good 
agreement with the literature in terms of flux behaviour, driven by osmotic pressure and shell 
flowrate. The experimental and estimated values were significantly accurate at the 95% 
confidence level. The results do not disprove that AL-DS has less Jw than AL-FS, because it is 
difficult to rationalize the literature results due to various membrane characteristics and various 
solution specifications. Discrepancies could also arise from the same membranes when there 
are manufacturing imperfections, as shown in Section 5.1.1. 
Previous experiments were conducted with the FO method as minimal pressure (effectively 
zero pressure) investigations. The next section presents a further investigation on the 
membrane assisted pressure influence on the FO performance.  
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5.2 Investigation of FO AL-FS performance using synthetic brackish 
and co-produced water with shell-applied pressure 
The purpose of this section is to fulfil the research objective of studying the improvements of 
using assisted or applied hydraulic pressure mainly in the shell side (i.e. AFO) in water 
permeation, bidirectional solute flux, CP and ion diffusion, and characterization of these ions. 
The results will help to elucidate which exerted pressure and flowrate is optimum to yield the 
LowSal filtrate with longer membrane filtration duration. The pressurised FO seeks to obtain 
better water flux and less reverse solute flux.  
To simulate the co-produced water as a draw solution and the brackish water as a feed solution 
(in the AL-FS mode), both solutions were synthetically made based on the compositions of 
individual solutions as per the collected data and analysis from Oman oil field laboratories 
obtained over an average of nine months. 
5.2.1 Effect of shell-side flowrate in Jw and Js  
In AL-FS with assisted pressure in the shell side, where the P < Δπ, Table 5.16 shows the 
solution’s characteristics. 
Table 5.16: Feed and draw solution specifications for the AFO AL-FS investigations 
Solution (M) 
π 
(bar) 
Concentration 
(kgm-3 ) 
Ds 
(×10-9 m2s-
1) 
Draw 1.62 84.1 Equal to 96.6 kgm-3 NaCl in water 1.34 
Feed 0.161 7.83 Equal to 9.366 kgm-3 NaCl in water 1.52 
 
Ds was calculated by OLI-3 software. For this particular case where multi-ions are forming the 
mixture, the diffusivity is considered after the dominant ion/molecule. In this case, NaCl is the 
major molecule and its calculation is similar to previous sections after obtaining the individual 
ion diffusivity (i.e. Na and Cl ions). 
The draw solution flowing inside the fibres has the hydrodynamic specifications listed in Table 
5.17 (the exact constituents’ concentrations are listed in Table 3.10, Chapter 3). 
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Table 5.17: Draw solution hydrodynamic properties for the AL-FS mode test 
M 
QD  
(×10-7 m3s-1) 
uavg 
(ms-1) 
µ 
(kgm-1.s-
1) 
ρ 
(kgm-3) 
Re Sc Sh 
kD  
(×10-5 ms-1) 
1.62 1.13 0.0442 0.00108 1064 3.91 759 1.60 2.39 
 
To account for the transmembrane pressure, membrane shell-side outlet pressure was recorded 
for each run as in Equation 5.2.  
The transmembrane pressure (TMP) = 
   
2
pressureoutlet  filtratepressureinlet  draw
2
pressureoutlet  feedpressureinlet  feed 


 
5.2 
 
The shell-side possesses higher osmotic pressure, but the osmotic pressure difference (Δπ = 
84.1-7.82 = 76.3 bar) is still higher than earlier tests. This increase in osmotic pressure implies 
a higher water permeation.  
The AFO remains an alternative solution for higher permeation through the membrane when 
the osmotic pressure differencedeteriorate and effective driving force is less. The experimental 
procedure followed Section 3.45 and 3.47, as illustrated in Figure 3.1. However, in the AFO, 
the shell-side hydrulic pressure was gradually increased from 1 to 5 bar (g) as the maximum 
module withstand pressure. The draw-side was maintained at approximately 0.8-1 bar (g) to 
overcome the fibre hydraulic resistance. The influence of shell flowrate was investigated via 
varying the shell flowrate from 1.67×10-5 m3s-1 to 6.67×10-5 m3s-1for each set of pressure 
intervals. Thus, the effect of kF was coupled with hydraulic pressure.  
Using the co-produced water and brackish water will provide a detailed picture concerning the 
ion diffusion across the membrane in order to achieve LowSal IW.  
The results revealed that the increase in exerted pressure is not always proportional to the water 
flux, as indicated in Figure 5.15. The pressure can shift the permeation amount; however, the 
shell flowrate also plays another important role. Complete results are listed in Table 5.22 at 
the end of this section. 
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Figure 5.15: Membrane performance at the AFO mode with various assisted pressure 
and feed shell flowrate, using AL-FS orientation at 25°C. 
Figure 5.15 describes the membrane response when multi-ion solutions of high TDS are routed 
in a counter-current AL-FS condition. The main theoretical premise behind AFO is to gain an 
efficient FO process on higher water flux and less solute reverse transfer. 
From Figure 5.15, the water permeation declined at a maximum shell Re of a flowrate = 
6.67×10-5 m3s-1 equivalent to 6.67×10-5 m3s-1, except at 2 bar (g). This reduction (relative to 
became significant at 5 bar (g) and, which suggested the compaction of CECP, higher Js and 
higher bypassing effect around each fibre, leading to less mass transfer at these conditions. 
On the other hand, the hydraulic pressure worked to reduce the effective osmotic pressure (the 
osmotic pressure difference across the skin layer) by pushing the draw solution away from the 
active layer and so reducing the driving force. Yet, at high assisted pressure, higher water flux 
was experienced which subsidizes the water flux decline due to osmotic pressure reduction. 
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One of the reasons for the reduction in the water flux after increasing the shell applied pressure, 
is due to the ∆P across the membrane. By increasing the shell pressure and flowrate (at constant 
fibre inlet pressure of about 1 bar), the ∆P increased as the downstream membrane pressure 
increased. Hence, the applied pressure is less. The membrane module has a maximum pressure 
of 5 bar (g). However, varied flowrate also exerts some additional pressure. For instance, at 5 
bar (g) and 6.67×10-5 m3s-1 , the downstream pressure of the membrane showed 1 bar (g), which 
means the transmembrane pressure (Equation 5.2) was only 4 bar to be considered. Based on 
Equation 4.44, the ∆P is linear to the water flux and a reduction in this parameter will reduce 
the water flux. 
Among all experiments, 2 bar showed a gradual increase in the water flux by varying the shell 
flowrate from 1.67×10-5 m3s-1 to 6.67×10-5 m3s-1. The water flux gained an increase of 9.32% 
when the flowrate shifted from 1.67×10-5 m3s-1 to 3.33×10-5 m3s-1. An additional gain of 20.6% 
when the flowrate increased from 5.0×10-5 m3s-1 to 6.67×10-5 m3s-1. Eventually, the water flux 
increased by another 10.4% when the flowrate reached 6.67×10-5 m3s-1. During the AFO with 
1, 3, 4 and 5 bar (g), the water flux peaked during 3.33×10-5 m3s-1 to 5.0×10-5 m3s-1 shell 
flowrate, before declining at 6.67×10-5 m3s-1 . The amount of reduction at 6.67×10-5 m3s-1 
varied from one applied pressure to another. It was 19.7%, 9.12%, 3.63% and 14.2% for 1, 3, 
4 and 5 bar (g), respectively. However, in 5 bar (g) the water flux showed a reduction of 3.90% 
from 2 to 3 LPM before continuing the reduction as shown above. Thus, the membrane 
expressed a limiting flux at various shell flow and pressure conditions. Whereas, at 6.67×10-5 
m3s-1 , 1 and 5 bar, both experienced a reduction in Jw of 22 and 18%, respectively.  
The membrane responded more efficiently when the shell operated Re between 543 and 815 ( 
3.33 and 5.0 (×10-5) m3s-1 ). Within this Re range, the membrane yielded a practically gradual 
increase in Jw.   
The shape of the water flux with gradual increase in the shell exerted pressure was similarly 
shown by Nagy (2014). This shape can also be estimated with further extrapolation for Duan 
et al. (2014) graphs at a pressure up to 5 bar (g). Additionally, the relation between Jw and the 
osmotic pressure with varied flowrate appears nonlinear. This trend was agreed upon by Xu et 
al. (2010), who found that at elevated osmotic pressure (> 0.6 M), the flux reached a plateau, 
which is reasoned to be due to the ICP. 
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Compared to the FO results in Sections 5.1.3 and 5.1.4, the AFO yielded less accumulated 
filtrate volume, even with higher osmotic pressure difference across the membrane. Similar 
findings and observations were reported by Oh et al. (2014). They used a flat sheet membrane 
(made of cellulose triacetate CTA), and the reported results showed direct proportion between 
the water flux and the exerted –hydraulic-pressure in the AL-FS mode. However, in the AL-
DS mode, the water flux showed a decline from 0 bar (g) (FO alone) until about 10 bar (g) for 
1 and 2 M draw solution, and distilled water as a feed solution. Their flux returned to the 
performance of FO only at 14 bar (g) in the 1 M draw solution, and showed a plateau in the 2 
M draw solution. Only in the 0.5 M draw solution, the water flux was able to exceed the FO 
results when the pressure reached 6 bar (g). In all Oh et al AFO experiment runs, the 
experimental results were less than the estimated values; this deviation was higher at higher 
osmotic pressure, as the hydraulic pressure increases in AL-DS with minor deviation in the FO 
mode.  
Comparable trends for the water flux behaviour, as in Figure 5.15, seem contradictory to the 
investigation by Kim and Elimelech (2012). Their trend showed a sharp decline in the water 
permeation as the exerted pressure increased. Yet, Xu et al. (2010) showed consistent results 
to Figure 5.15 when a 50% drop in the water permeation was experienced when applied 
pressure was increased from 0 bar (g) to 5 bar (g). This might be the reason the applied pressure 
caused a decrease in the pore size, and in some cases, fibre deformation. More SEM images 
are illustrated in Section 5.4 to support the deformation issues. He et al. (2014) plotted a sharp 
reduction in the water flux with an increase in exerted pressure within the PRO mode.  
For a hollow fibre membrane, Ingole et al. (2014) experienced water permeation decline as a 
result of increasing transmembrane pressure, who linked this with the deformation of the 
support layer at elevated pressure. The water flux behaviour in Figure 5.15 is in contrast to 
experimental results from Phuntsho et al. (2013), which showed higher Jw at higher feed 
flowrate. After carefully checking their claimed results, it was obvious that the water flux 
reached a plateau, and perhaps further increase in the feed flowrate could reduce the water flux. 
Thus, pumping a higher flowrate of feed will not derive extra benefit; on the contrary, it will 
multiply the pump energy cost. In addition, the hydrodynamics inside the fibre performs a 
limited role due to the maximum fibre operating pressure and the fear of deformation.   
To observe a significant increase or even decrease in the water permeation, it is advisable to 
use a bigger membrane area to be able to escalate the small water flux changes, which could 
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be suppressed within the experimental error. Appropriately, elaborate on the optimum 
operating pressure is ideal once all filtrate samples are analysed for ion constituents.  
After calculating the shell-side Sh, it was roughly similar to the previous values with π of 1.61 
bar in the shell-side. However, the diffusivity of the solution in the shell-side this time (with 
7.92 bar solution) was less and therefore lower mass transfer coefficient. Table 8.20 (Section 
8.3.1 in Appendix 1) lists the simulated results for shell mass transfer results from the variation 
of shell solution osmotic pressure (assuming the draw solution is higher and the membrane is 
in the AL-FS mode). Plotted results are shown in Figure 5.16. The reduction in kF could also 
explain the decrease in Jw compared to when using a draw solution of 1.5 M of NaCl in the 
AL-DS mode. At this point, the effect of the pressure on the mass transfer coefficient is very 
limited.  
Figure 5.16 characterizes the shell mass transfer at 1.61 bar and 7.92 bar coupled with solution 
diffusivity, as a function of Re.  
 
Figure 5.16: Solution diffusivity effect in mass transfer amount at varied shell-side Re. 
The above results from Figure 5.16, are consistent with Gray et al. (2006a), who claim that the 
draw solution concentration and the diffusivity amount, account for the water permeation. 
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From Figure 5.16, the mass transfer for both solutions showed a minimal variation at the lower 
Re. This divergence became obvious at a higher Re departing the laminar flow regime.  
Section 5.1.3 highlights that higher driving force will produce higher water permeation, but 
simultaneously higher reverse solute flux and hence a quicker ICP effect. The degree of CP 
when using exerted pressure was marginally less at less hydraulic pressure than at higher 
pressure.  
The concentration distribution profile throughout the membrane sublayer could put forward 
the claim that CP contributes to the flux decline when using co-produced water and brackish 
water in the membrane. Figure 5.17 depicts the concentration profile developed through all 
sublayers.  
 150 
 
 
Figure 5.17: Concentration profile for 1.67×10-5 m3s-1shell-side flowrate at 84.1 bar and 7.92 bar draw and feed osmotic pressure, 
respectively. The shell-side hydulic pressure = 1 bar (g) and 0.79 bar (g) in the fibre side. 
 151 
 
The amount of water flux and its direction in the FO experiments with NaCl showed the 
potential to reduce the effective osmotic pressure across the active layer. Using 1.67×10-5 m3s-
1 and 1 bar (g) as initial comparison condition, CD,m declined to about 5.4% less than CD,b, 
compared to the FO which exhibited a reduction of 10% for 1.5 M, 9% for 1 M and 7% at 0.5 
M.  In the AFO, CF,m increased by 17.7% from CF,b, whereas in the FO, the increase was 24% 
at 0.5 M, 31.5% at 1 M and 32.9% at 1.5 M. The lower water permeation in the AFO and the 
draw solution characteristics had dictated the ECP trend. The theoretical osmotic pressure 
difference is higher at the AFO with co-produced water with an equivalent of 1.62 M. 
However, the effective osmotic pressure (refer to Figure 2.3) was lower than any other draw 
solutions used. The osmotic pressure profile explains the lower driving force across the active 
layer and consequently lower water flux, and also implies the concentration variation between 
CF,m and Ci. With co-produced water, the difference was almost 53.4%. However, this 
difference, compared to the FO with NaCl solutions, was 131%, 137%, and 137.2% in 0.5 M, 
1 M, and 1.5 M, respectively. The higher the difference between CF,m and Ci (πeff), the higher 
is the driving force for water permeation and less ECP. This means the feed solution needs to 
be at minimum possible to form the highest possible πeff.  
From the above, the dilution of Ci (i.e. the ICP layer) justified the non-linearity relation 
between the water flux and the increase in the osmotic pressure difference across the active 
layer. With the AFO, the high shell flowrate resulted in a decline in the water permeation, 
which suggested that the flowrate became a self-limiting factor, and it should be optimized to 
achieve the best results.  
It is obvious that the lower the gradient concentration across the skin layer, the more severe 
is the ICP fallout. This signifies less water flux as a result of reducing the driving force 
influence. Seeing that the ICP is another performance-limiting factor, if it became severe, 
even altering the shell hydrodynamic parameter would not significantly mitigate the result.  
The concentration distribution profile throughout the membrane sublayer could put forward 
the claim that the ICP and ECP are other contributing factors for the flux decline when using 
co-produced water and brackish water in the membrane. The AFO could be useful when the 
water permeation is hindered by the CP effect (especially the ICP and CECP). At higher 
pressure, the membrane can overcome the ICP problem when the applied pressure becomes 
the predominant driving force for the water flux (Blandin et al., 2013).  
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The results from the mathematical model appear to suggest that when using multi-ion solution 
of higher osmotic pressure across the membrane, the severity of CP is reduced more than 
using the NaCl solution alone. Table 5.18 describes the concentration across the membrane 
with different osmotic pressure and solutions. 
Table 5.18: Severity of CP with various draw and feed solutions at 1.67×10-5 m3s-1 shell 
flowrate, and 1 bar (g) AFO 
Flow 
Feed 
solution 
CF,m 
(kgm-3 ) 
Ci 
(kgm-3 ) 
CD,m 
(kgm-3 
) 
Draw 
solution 
(kgm-3 ) 
Constituent(s) 
1.67×10-
5 m3s-1 
 
NaCl 
2 kgm-3  
2.55 12.5 27.2 29.2 
NaCl 2.75 14.9 53.1 58.4 
2.79 15.0 79.1 87.7 
Synthetic 
Brackish 
water 
9.37 kgm-3  
11.2 19.4 91.5 96.6 
Synthetic co-
produced water 
 
Even when using brackish water (feed) of higher osmotic pressure, the applied pressure in the 
shell side, AFO still possesses much less effect than the Δπ. Hence, the AFO effect produces 
a negligible change in the water permeation.  
The exerted pressure showed some influence to reduce the CP effect. Still, these results should 
not provide confirmatory evidence that the AFO should produce higher water permeation than 
the FO alone. One could experience a water permeation rapid decline at high hydraulic 
pressure due to the CECP layer compaction and more solute trapped within the membrane 
pores.  
5.2.2 Effect of solution physiochemical properties in membrane 
performance  
With the NaCl solution, both the water and solute flux are categorized under the same solution 
properties. However, in the case of a complex ion solution, as in the case of co-produced water 
and brackish water, these properties vary. Knowingly, the membrane porosity and other 
physical specifications are almost constant. If the solute has, for instance, a wider radius than 
the porous layer’s pores, then a gradual blockage could develop. 
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Additionally, the solute (e.g., in co-produced water) diffusing through the porous layer 
depends on the molecular weight of the solute (i.e. the diffusivity), and at higher molecular 
weight, the diffusion will reduce, causing the solute to build up at the inner layer of the active 
layer to increase the Ci (consequently enhance the ICP), as shown in Figure 5.16. 
The physical membrane parameters are expressed by the porous layer solute resistivity to 
diffusion Equation 4.26 as (Cath et al., 2006; McCutcheon and Elimelech, 2006): 
s
ps
D
S
K 
.
 
 
Incorporating 
D
S
with other CP equations will lead to the state that smaller Kps yields less 
severe ICP (and depends on other parameters such as kF and kD, which contribute to yield 
higher water permeation). Earlier researches presented a similar agreement with the above 
statements and results (Gray et al., 2006b; Zhao and Zou, 2011b). 
Grathwohl (2012) study was mathematically elaborated using the constrictivity factor,   
(original notation was Ϭ, however to avoid confusion with the boundary layer thickness, δ and 
reflection coefficient, ϭ, a different symbol was adopted) which depends on the ratio of the 
solute diameter to the membrane pore diameter: 



 
diameter Pore
diameter Solute . 
This ratio was estimated by (Beck and Schultz, 1970) as: 
 41  
.
 
5.3 
 
The constrictivity factor involves the pore diameter and the solution viscosity, which are 
incorporated in the effective diffusion Equation, Deff:  

 effs
eff
D
D 
,
 
5.4 
 
where ɛeff is the effective membrane porosity, which is normally different from the overall 
porosity, and is used to describe pores smaller than the solute diameter.  
If the 
D
S
is coupled with Equation 5.4, then one can obtain a modified porous layer solute 
resistivity Equation:  
seff
ps
Dε
Xτ
K  ,
 
5.5 
where X is the membrane total thickness. 
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Therefore, at high pressure, a pore’s diameter is reduced as the solute is pushed through. Then, 
the constrictivity is reduced, and so from Equation 5.5, the solute resistivity will increase to 
restrict the solute to permeate and enhance the building up of the ICP layer. Meanwhile, a 
larger solute diameter will reduce the effective membrane porosity (Zhao and Zou, 2011b). 
On the other hand, the applied pressure works to compress the fibre layer and hence reduce 
the water passage and hence, the water flux.  
Table 5.19 presents the dominant ions involved in the synthetic brackish and co-produced 
water, which eventually contribute to their physicochemical properties. Notice that the 
viscosity found in these two solutions (using OLI-stream analyser software) were higher than 
the viscosity of just the NaCl solution. The solution viscosity contributed to the constrictivity 
parameter, which increased the factor of ICP. 
Table 5.19: Physiochemical properties for co-produced and brackish water 
Solute 
Molecular weight 
(gmol-1) 
Hydrated*a radius*  
(×10-9 m) 
Hydrated*b radius*  
(×10-9 m) 
NaCl 58.4 
Na+ 
Cl- 
0.178 
0.195 
Na+ 
Cl- 
0.365 
 0.347 
Na2SO4 142.0 
Na+ 
SO4
2- 
0.178 
0.300 
SO4
2- 0.38 
MgCl2 95.2 
Mg2+ 
Cl- 
0.300 
0.195 
Mg2+ 0.429 
CaCl2 111 
Ca2+ 
Cl- 
0.253 
0.195 
- 
*a (Zhao and Zou, 2011b) 
*b (Van der Bruggen et al., 2004) 
A detail utilization for the ion hydrated radius and size is in Section 5.4, following the FO 
filtrate ion analysis.  
The magnitude of the ICP can be related to the intensity of the porous layer mass transfer 
coefficient Kps. The following results in Table 5.20, explain the outcome of smaller Kps, which 
leads to less ICP, and consequently improves Jw in the AL-FS mode. The water permeation 
was at the minimum at 6.67×10-5 m3s-1 when using oil field water. In this scenario, Kps 
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exhibited the highest value. For resistance-in-series model, the total membrane resistance is 
the sum of the individual membrane resistance as in Equation 4.27. 
Table 5.20: The relation of Kps with Jw as a function of solution physiochemical properties 
Solution Kps (×10
5 sm-1) Jw (×10
-6 m3m-2.s-1) 
NaCl (0.5 M) 
At 1.67×10-5 m3s-1 
 = 4.74 
At 5.0×10-5 m3s-1 
= 2.89 
1.18 2.33 
NaCl (1 M) 
At 1.67×10-5 m3s-1 
= 5.74 
At 6.67×10-5 m3s-1 
= 4.29 
2.35 2.83 
NaCl (1.5 M) 
At 1.67×10-5 m3s-1 
= 7.03 
At 6.67×10-5 m3s-1 
= 4.76 
2.48 3.22 
Co-produced 
water (at 1 bar (g)) 
At 1.67×10-5 m3s-1 
= 12.9 
At 6.67×10-5 m3s-1 
= 8.84 
1.30 1.78 
 
As Table 5.20 indicate, in an imperfect relation, Jw is proportional to the reduction of Kps; 
here, the concentration difference across the rejection layer (the active layer) has a crucial role 
by means of the effective driving force to draw more fresh water, and to tolerate the ICP 
severity. From Equation 4.27, higher Kps yield higher Rtotal, which was contributed to the 
above reduction in Jw.   
On the other hand, co-produced water and brackish water contained divalent ions (e.g., Ca2+, 
Mg2+ etc.), which were found to cause significant flux decline. One could use SEM imaging 
to quantify this fact, however, similar experiments (Yuan and Zydney, 1999; Kwon et al., 
2006; She, 2008) elaborated on the presence of divalent ions in the solution to cause a bridging 
effect with humic acid groups. This bridging will cause the compacted foulant layer to block 
the membrane and reduce the water flux.  
To account for other performance-dependant parameters; membrane structure parameter (S) 
showed in most of the mathematical model equations . This parameter (as indicated in the 
literature review) is an indication for the severity of the ICP. During both runs of 1 bar and 2 
bar under four shell flowrates (1.67×10-5 to 6.67×10-5 m3s-1 ), the variation in S played a 
pivotal impact during the calculation of Jw and other intrinsic membrane concentration. 
Results for the calculation of S shown in Table 5.21, suggest that S is proportional to the ICP 
(Table 5.22), in which water permeation can be significantly hundred. The higher water flux 
works to reduce the impact of S by lowering the ICP, as shown in the 2 bar (g) AFO. These 
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results are in good agreement with Park et al. (2011). The higher the value of S, the more 
resistance is the membrane to the water flux, and higher prolonging CP.  
The S parameter is calculated using Equations 4.25 and substituted in 4.26, which yielded the 
tabulated results in Table 5.21. 
Table 5.21: Membrane structure parameter, S calculated in 1 and 2 bar AFO 
×10-5 m3s-1 π =1 bar  π =2 bar 
 S (×10-3 m) 
1.67 1.73 1.18 
3.33 1.44 1.06 
5.0 0.893 0.798 
6.67 1.18 0.688 
 
He et al. (2014) listed varied S parameters from different literature sources, between a range 
of 327-776 μm. Previous experiments with NaCl showed that a 23 bar draw solution at  
5.0×10-5 m3s-1 yielded 442 μm. The comparison sounds reasonable when revealing S of 1.5 M 
NaCl solution of π = 74 bar. The calculations yielded, 956 μm, 727 μm, and 648 μm for 1.67, 
3.33, and 6.67 (×10-5 m3s-1), respectively. The value of S was found to be linear with the 
reduction in water flux with higher ICP, as shown in Table 5.14. These results are analogous 
to Table 5.22. 
With a higher pressure of 2 bar exerted in the shell-side of the membrane, the deviation was 
slightly less than in the 1 bar. Supported results from Table 5.22 indicate that at 3.33×10-5 
m3s-1 shell flowrate, the membrane produced steadily increasing water filtrates which help to 
reduce CF,m and CD,m. Meanwhile, the ICP builds up proportional to the water flux, as 
represented by the Ci severity. During the variation of the shell flowrate, the reverse solute 
flux was simultaneously increasing. The solute rejection identified here by the reflection 
coefficient was also positively increased.  
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5.2.3 Deviation between experimental water flux and estimated 
water flux in AFO 
Previously, the experimental results were plotted against the estimated with a 95% confidence 
band, as in Figure 5.9. The water flux dependence on osmotic pressure (as the driving force), 
and the mass transfer was obvious throughout all investigated solutions and conditions.  
Similarly, using the results in Table 5.22, Figure 5.18 exhibits the variation between the 
measured and estimated (model) water flux under AFO condition. The values are distributed 
around the 95% confidence region and within the estimation bands. The results show that the 
membrane yields higher measured values than the estimation, with varied deviations 
depending on the shell flowrate. The values were obtained at fixed osmotic pressure difference 
across the membrane and constant temperature of 25°C.  
The constant solution characteristics omitted the influence of viscosity and diffusion 
coefficient variations, as discussed in Sections 5.2.1 and 5.2.2. Hence, results with co-
produced water and brackish water are dominated by the exerted pressure amount and shell 
flowrate.    
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Figure 5.18: Jw, exp vs Jw,Estmate at the AFO using 1 to 5 bar hydraulic pressure in the AL-FS 
mode and 1.67×10-5  to 6.67×10-5 m3s-1 in the shell-side. Co-produced water flowing in the 
fibre side as draw solution and the brackish water in the shell side as feed. 
Table 5.22 shows that, for 1 bar (g), the error varied with the water flux variation by 0.009, 
0.051, 0.0558, and 0.054 at 1.67, 3.33, 5.0, and 6.67×10-5 m3s-1 , respectively. Whereas for 2 
bar, the error intensity was higher than in 1 bar (g), although the error declined after increasing 
the shell flowrate as 0.221, 0.105, 0.0973, and 0.0731 for 1.67, 3.33, 5.0, and 6.67(×10-5 m3s-
1), respectively.  
Table 5.22 lists the main experimental and calculated parameters using 1-5 bar (g) applied 
pressure and 1.67×10-5 to 6.67×10-5 m3s-1 shell flowrate. The Table indicates that the 
discrepancy between the experimental and estimated water flux peaked at 5 bar (g), and in the 
lowest at 1 bar (g) in 1.67×10-5 m3s-1 . This high deviation in 5 bar (g) is attributed to the 
membrane behaviour at higher pressure, including the reduction in the TMP and the effective 
osmotic pressure, and the consequence on the mass transfer around the fibres (e.g., bypassing 
effect). The reduction of water flux at higher pressure and higher flowrate (e.g., 5 bar and 
6.67×10-5 m3s-1) was the main source for the negative error, when the model expected to find 
higher water permeation.  
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Although the model underestimated the measured values; however, the membrane is not 
absolved from this discrepancy. Fouling, fibre behaviour at applied pressure and shell 
flowrate, reduction in osmotic pressure difference, error in the measurement, and the 
deterioration of the membrane, all of which could contribute to an erratic Jw, exp.  
Considering the previous factors, the source of deviation becomes obvious if the measured Jw 
was fed into the mathematical model as an initial guess (as indicated in Figure 4.5) to compute 
the rest of the model’s parameters, including Jw, Estimate. The least accurate Jw, exp may aggravate 
the model estimations and credibility. For argumentation, Figure 5.9 demonstrates reliable 
model estimations to the membrane performance at various driving force and shell flowrates.  
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Table 5.22: Water flux, Js and CP results in various shell flowrate at various exerted 
pressure (in the AL-FS mode) 
AFO 
(bar 
(g)) 
Qshell 
(×10-5 
m3s-1) 
Jw,exp 
(×10-6 
m3m-2.s-1) 
CF,m 
(kgm-3 
) 
Ci 
(kgm-
3 ) 
CD,m 
(kgm-
3 ) 
Js,overall 
(×10-6 
kgm-2.s-1) 
σ  
Jw,Estimate 
(×10-6  
m3m-2.s-
1) 
1 1.67 1.30 11.2 19.4 91.5 1.23 0.726 1.28 
1 3.33 1.52 11.1 19.8 90.6 1.45 0.761 1.46 
1 5.0 2.17 11.5 22.5 88.2 2.11 0.829 2.05 
1 6.67 1.78 10.9 20.5 89.6 1.71 0.794 1.69 
2 1.67 1.74 11.9 21.4 89.8 1.66 0.786 1.44 
2 3.33 1.91 11.5 21.6 89.1 1.84 0.806 1.73 
2 5.0 2.35 11.7 23.3 87.5 2.28 0.842 2.14 
2 6.67 2.61 11.7 24.3 86.6 2.54 0.859 2.42 
3 1.67 2.17 12.6 23.7 88.2 2.09 0.826 1.59 
3 3.33 2.43 12.2 24.2 87.2 2.36 0.847 1.96 
3 5.0 2.52 11.9 24.1 86.9 2.45 0.853 2.07 
3 6.67 2.30 11.4 22.9 87.7 2.24 0.840 1.90 
4 1.67 1.83 12.0 24.8 89.5 2.36 0.807 1.79 
4 3.33 2.50 12.3 25.3 86.9 2.61 0.853 1.96 
4 5.0 2.52 11.9 24.1 87 2.45 0.853 1.82 
4 6.67 2.43 11.6 23.6 87.2 2.40 0.849 1.82 
5 1.67 1.83 12.03 24.1 89.5 2.16 0.804 1.45 
5 3.33 2.35 12.1 24.1 87.5 2.35 0.842 1.52 
5 5.0 2.26 11.6 24.8 87.9 2.57 0.842 1.78 
5 6.67 1.96 11.09 22.8 88.9 2.18 0.817 1.47 
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From Table 5.22, a similar discussion described in Figure 5.17 for the concentration 
behaviour at 1 bar and 1.67×10-5 m3s-1 , can be applied for the rest of exerted pressure and 
flowrate conditions.  
Figure 5.19 represents the individual membrane layer’s concentration at the corresponding 
applied pressure and resultant water flux. The CECP developed by the build-up of the 
 CF, m, exhibited the expected decline following gradual increase in the shell-feed flowrate. 
For 1 bar (g) the CF, m peaked at 5.0×10
-5 m3s-1 before 5 % reduction was achieved after the 
increases in the flowrate to 6.67×10-5 m3s-1 . Higher CF, m was noticed at higher pressures, 
however this layer became diluted with the increase in the shell flowrate as depicted by the 
white region in Figure 5.19.  
The Ci shows gradual increase as the applied pressure increased. At 4 bar (g) and  3.33×10-
5 m3s-1 , the internal concentration reached the peak and this represents almost the second 
highest effective osmotic pressure difference after the case with 5 bar (g) and  
5.0×10-5 m3s-1 . However, at this osmotic pressure difference, the water flux was not the 
highest nor the case with 5 bar and 5.0×10-5 m3s-1 . The high Ci can be interpreted as high 
ICP, which already discussed to hinder the water flux. During these two conditions, namely 
4 bar (g) and 3.33×10-5 m3s-1 and 5 bar (g) and 5.0×10-5 m3s-1 , the reverse solute flux 
showed the highest among all runs. The high Js indicates more resistance to the water 
permeation and higher solute trapped at active layer to build the ICP.  
The CD, m showed a maximum of 10.9% reduction (based on the draw bulk solution) 
throughout all experiments at 2 bar (g) and 6.67×10-5 m3s-1 . Knowing that, the highest 
water flux recorded in Table 5.22 was 2.61 m3m-2.s-1 at 2 bar (g) and 6.67×10-5 m3s-1 , which 
drift the absorbed solute to the membrane layer and meanwhile dilute the solution adjacent 
to the active layer to yield the lowest CD, m.    
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Figure 5.19: The membrane sublayer concentration severity as a function of 
various assisted pressure and resultant water flux in AL-FS mode.  
The following section elaborates and reveals the details of ion diffusion into the filtrate and 
the feed-side. It will be obvious then, to determine the optimum operating pressure and 
flowrate to achieve LowSal WI. The treatment endpoint for the co-produced water using 
FO is to obtain a water with ion concentration, which, when handled and injected into water 
injectors, has a tolerable and minimum means of scaling tendency.  
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5.3 Ion Diffusion under the AFO Operation and the AL-FS Mode   
Section 3.4.1 explained the procedures for ion analysis, including the use of Ion 
Chromatography (IC5000) and the calibration methods. The samples collected from the FO 
filtrate and the feed tank were based on a one-hour test-run. For each cation sample, at least 
30 min were given to establish steady analysis and acquire reasonable results. Whereas, 15 
min were given for anion analysis.  
Table 3.10 in Chapter 3 shows the initial ion concentration for both the feed and the draw 
solutions. Accordingly, the first assumption (to evaluate our analysis) is that the ion 
diffusion will follow the ion concentration across the membrane. The introduction of 
assisted pressure in the feed-side may alter the diffusion effect; however, the following 
analysis describes the mass transfer for each ion at various applied pressures and shell Re 
(i.e. shell flowrate). Table 8.21 to Table 8.26 (Appendix 1), provide detailed ion analysis 
presented for all the AFO runs. The results show both the cation and anion results, as 
elaborated in the following sections. 
5.3.1 Cation diffusion and rejection 
According to the evolution of ion concentration, Figure 5.20 represents the cations’ 
concentration in the filtrate sample from 1.67×10-5 to 6.67×10-5 m3s-1   with varied assisted 
pressures from 1 to 5 bar (g).  
The initial test was conducted in the FO mode alone (i.e. 0 bar (g) feed pressure) as a 
baseline experiment. The initial Na+ feed and draw concentration were 2.9 and 27.4 kgm-3 
, respectively. In the FO mode, the Na+ feed analysis was found to be at the highest 
concentration among other Na+ readings from the AFO analysis. The peaked Na+ filtrate 
concentration was at 1.67 and 3.33)×10-5 ( m3s-1 shell flowrate. This was due to water flux 
yielded at lower shell flowrate (e.g., 1.67×10-5 m3s-1) compared to that at 6.67×10-5 m3s-1 , 
which grants higher reverse solute flux toward the feed-side, especially for Na+.  
 The filtrate Na+ peaked at 12.55 kgm-3 at 3.33×10-5 m3s-1, and dropped to its lowest value 
at the shell side flowrate of 6.67×10-5 m3s-1 (Re of 1086). The rejection of Na+ was linear 
to the exerted pressure, except at 2 bar (g), which shows almost the lowest solute rejection 
during all experiments. The permeate concentration of 3.057 kgm-3 for 2 bar (g) and 
3.33×10-5 m3s-1 was almost the lowest among all runs, and just lower than the Na+ reading 
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using 3.33×10-5 m3s-1 and 5 bar (g). In the AL-FS mode, the draw solution Na+ was diluted 
–in the filtrate- to almost the feed Na+ concentration. This 89% reduction in the Na+ 
concentration in the draw solution involves the mass transfer of Na+ to the feed-side as ion 
diffusion to maintain the ion electroneutrality. It appears that Na+ decoupled from NaCl to 
show varied concentration from Cl- at the same condition of flowrate and pressure.  
Referring to Table 5.19, Na+ possesses the lowest hydration radius compared to other 
solution ions, and according to Coday et al. (2013), Nightingale (1959) urges that ions with 
decreasing size and less hydration radius such as Na+, will diffuse more readily to the area 
with less solute concentration. Based on the hydrated ion radii, the logical rejection 
sequence for the ions in this experiment should be: Mg2+>Ca2+>SO4
2->Na+>Cl-.  
A mass balance across the membrane could be difficult, since the accumulated solute inside 
the membrane layers responsible to balance the mass equation cannot be determined. Na+ 
detection with IC5000 was at R2 ≈ 97.8 (compared to R of 99% for other ions) due to the 
abundance of NaCl in the surroundings. The abundance of NaCl indicated in the calibration 
curve in Figure 3.8 showed high values of slope and intercept compared to other ion plots.  
The initial Mg2+ concentration in both the feed and the draw were 0.092 and 1.23 kgm-3 , 
respectively. The highest concentration for Mg2+ in the filtrate was at 1 bar (g) and  
5.0×10-5 m3s-1 , and was almost 86% less than its draw solution concentration. A closer look 
at the results at 1 bar (g) reveal that the filtrate Mg2+ concentration has a peak concentration 
between 1.67×10-5 to 6.67×10-5 m3s-1 .  Further, Mg2+ lowest concentration was about 0.07 
kgm-3 at 5 bar (g) with 2 LPM. With a lower pressure of 2 bar (g) and 1.67×10-5 m3s-1, the 
membrane was able to achieve Mg2+ with a concentration of 0.08 kgm-3 . On these grounds, 
it has been found that Mg2+ diffusion is influenced by the exerted pressure against the flow 
of the ions from the higher Mg2+ concentrated region to the lower ones. Notably, the 2 bar 
(g) was the optimum pressure in achieving less Mg ion concentration with less energy 
requirements (compared to 5 bar (g)). Increasing the flowrate in the 2 bar (g), or even the 
5 bar (g), showed an increase in the filtrate Mg2+ concentration. This is explained by the 
increase in the Js, which occurred at high driving force. Another factor that hinders the 
diffusion of the Mg2+ is its hydrated radius being the largest (Table 5.19) compared to other 
existing ions in both solutions. The ion radius accelerated the pore blocking and cake 
filtration (boundary layer resistance), and with assisted hydraulic pressure, the layer 
became more compacted, and water permeation became less. This is from the feed-side, 
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whereas the draw-side will not get sufficient dilution and the Mg2+ or even other ions, will 
preserve its high concentration, even shell hydrodynamic alteration will not improve the 
concentrated filtrate.  
In the filtrate side, the Ca2+ concentration, as shown in Figure 5.20, was a maximum of 1.63 
kgm-3 at the 0 bar (g) FO by a reduction of 132% from its draw solution concentration. This 
is because of less dilution, as less water permeation is experienced. By increasing the shell 
side Re, the Ca2+ concentration declined. With assisted pressure, the lowest Ca2+ 
concentration was exhibited at 5 bar (g) and 3.33×10-5 m3s-1 with a reduction of 170% from 
its draw concentration. As an average, at 2 LPM the membrane produced lower Ca2+ 
compared to other flowrates.  
In terms of optimising the energy requirement, the 2 bar (g) yields reasonably similar 
Figures compared to those obtained by the 4 and 5 bar (g). The reflection coefficients at  
5.0 and 6.67 (×10-5) m3s-1 (at 2 bar (g)) were 0.842 and 0.859, respectively. These high 
rejection values served to produce the highest water permeation among all runs. Whereas, 
at FO mode and 1 bar (g) AFO, the reflection coefficient was the lowest, which reflects the 
high Mg2+ and other ion filtrate concentrations. 
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Figure 5.20: Filtrate cation concentration analysis using IC5000 for varied shell-side assisted pressure and flowrate (i.e. AL-FS 
orientation) at 25ºC, after a 1 h run.
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In contrast to Figure 5.20, the membrane exhibits high rejection to Mg2+ in the feed-side (> 
97%) as depicted by Figure 5.21. The Mg2+ in the feed-side shows a resistance to diffuse across 
the membrane, especially, at 1.67×10-5 m3s-1. Part of the Mg2+ resistance to penetrate the draw-
side, is the concentration difference between the feed and draw ions. The solute’s transport is 
dominated by the convection mechanism exerted by the solution-diffusion theory driven by the 
concentration difference across the membrane and the exerted pressure. This claim is supported 
by Schaep et al. (1998), who investigated the ion size influence in the NF membrane. 
Therefore, less solute flux of Mg2+ is expected through the membrane toward the draw-side. 
Additionally, the active layer could act as barrier for large ions to penetrate through. Apart 
from this, compacted ECP could also play a factor preventing feed solute to diffuse across the 
membrane (in the AL-FS mode). 
Van der Bruggen et al. (2004) urge that the size of the Mg2+ has a great effect to hinder its 
permeability, as hydrated Mg2+ has a radius of 0.429 nm, whereas Na+ is about 0.365 nm, which 
showed higher permeation (Talbot, 1987). Table 5.22 presents the reflection coefficient at each 
flowrate and exerted pressure. The higher is the reflection coefficient, the more solute are 
hindered and retained by the membrane. For instance, at 100% reflection coefficient, the solute 
diffusion is assumed to be almost fully rejected. This means that the Mg2+, which has a larger 
ion size than the Na+, could possess a higher reflection coefficient in the case of MgCl2 than 
NaCl. As a result, the incorporation of the reflection coefficient is essential in the FO 
application to accurately determine the key performance parameter and evaluate the membrane 
and the entire FO application.   
Figure 5.21 shows that the Mg2+ concentration on the reject-side was at the minimum by a 
reduction of 39% (from the initial feed concentration) at 3 bar (g) and 1.67×10-5 m3s-1. At this 
pressure and flowrate, CF, m was the highest between all runs as shown in Table 5.22, and the 
water flux was the highest at 3 bar (g) for 1.67×10-5 m3s-1 between all exerted pressure 
conditions at 1.67×10-5 m3s-1. This might lead us to consider using the minimum flowrate and 
moderate pressure to obtain less Mg2+. Conversely, the highest Mg2+ recorded in the feed-side 
was during the FO (of minimal pressure) run at 3.33×10-5 m3s-1 . For this result, the shell 
pressure interpreted the ions diffusion, and the maximum concentration reached 0.26kgm-3 .   
The mixture of MgCl2 (refer to Table 3.10  and Table 8.9, for the synthetic co-produced water 
mixtures) in the feed solution will possess relatively less diffusivity (diffusivity of co-produced 
water =1.25×-9 m2s-1 against distilled water diffusivity of 7 ×10-3 kgm-3 of 1.60×-9 m2s-1). It 
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means that there is less driving force for the Mg2+ to be transferred through the membrane. At 
the same concentration, MgSO4 has the least diffusivity from the mixture in Table 8.9. This 
implies the highest rejection by the membrane. This rejection rate even increased with the 
increase in exerted pressure. Overall, the diffusivity and the ion size work to control the ion 
mobility in the membrane. The Mg2+ diffusion and rejection trend, shown in Figure 5.20 and 
Figure 5.21 are in good agreement with similar investigations in the literature (Schaep et al., 
1998; Hancock and Cath, 2009).  
With regard to Ca2+, the initial feed and draw solution concentrations were 0.776 and 7.17 kgm-
3 , respectively. The calcium ion had shown insignificant diffusion from the draw- to the feed-
side, based on the concentration differences. Meanwhile, the membrane demonstrated a high 
rejection for the feed Ca2+ to invade the membrane. The highest variation from the initial 
concentration in the feed-side was 18% at 1 bar (g) and 3.33×10-5 m3s-1 , whereas the rest of 
the analysis showed about 0.8 kgm-3, which revealed the rejection of the ions’ performance. 
The minimum-averaged measured reduction in the feed side for Ca2+ was at 5 bar (g), where 
the Ca2+ was forced to diffuse through the membrane, resulting in an average of 40% reduction 
from the initial feed concentration. However, at this stage, no increase was noticed in the filtrate 
Ca2+, and most probably, the ions had either been retained at the membrane surface as ECP, or 
had diffused into the membrane’s inner layers. Similar behaviour at 5 bar (g) can be adapted 
with other exerted pressures.  
On this occasion, the divalent ions are known to have less diffusivity than monovalent ions, 
and hence, higher retention rate.  
Divalent negative ions should participate in high rejection experience compared to monovalent 
anions. However, high ion concentration flowing inside the fibres or in the shell-side, are more 
likely to form a pair of the same ions. These pairs behave differently than when they are single 
ions (Telzhensky et al., 2011). The results are then in contrast, and the rejection sequence is 
not always followed. 
The initial concentration of monovalent salt (e.g., NaCl) and divalent salts (e.g., CaCl2, MgCl2) 
showed a key factor in final concentrations for the filtrate and the reject streams. This might 
propose to have a two-stage FO in order to reduce the load on the membrane and to improve 
the water permeation, especially in the AL-FS mode.  
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Moreover, the current membrane is made from random sulfonated polymer with NF 
characteristics, which has a negative charge like most of the similar membranes. The ion charge 
plays a fundamental role to interact with the membrane surface in which the rejection and 
diffusion are controlled. Shell-side negative ions should experience some repletion resistance, 
and consequently avoid them to penetrate the membrane.  
The ion distribution profiles, water permeation, reverse solute amount and the ion diffusion 
analysis lend support to the claim that the ECP layers could act as a positively-charged or 
negatively-charged layer to influence the ion rejection. The charge is determined by the extent 
of absorbed ions. For instance, a solution, which contains high Ca2+, will develop a positive 
layer of ECP, which enhances the rejection of cations and allows more anions to diffuse through 
as the negative charge at the membrane layer is reduced. Such a claim was supported by 
Childress and Elimelech (1996), who investigated the effect of absorbed ions in the surface 
charge of polymeric membrane behaviour. However, above claim has never been linked to the 
ECP layer, which requires further investigations through SEM imaging.  
Referring to Figure 5.21, the increase in the ion diffusion to the feed-side  (as reverse solute 
flux) represented a gain in the solution concentration, thereby reducing the effective osmotic 
pressure across the membrane. This reduction in the driving force revealed the reduction in the 
water flux, as indicated in Figure 5.15.  Previous investigations by Zhao et al. (2014) showed 
that a draw solution of CaCl2 will have a higher osmotic pressure than NaCl, at the same 
molarity, but it produced less water permeation.
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Figure 5.21: Cation concentration in the feed solution after a 1 h test (AL-FS) at 25ºC with the AL-FS-FO mode.
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5.3.2 Anion diffusion and rejection 
In comparison to cation diffusion, anions were analyzed using the same samples of cations 
using IC5000 (anion sampler). 
The concentration of Cl- in the feed and draw solutions were 4.8 and 58.3 kgm-3, 
respectively. The ion analysis (in Section 8.3.2 in Appendix 1), shown in Figure 5.22, 
depicts that the lowest Cl- concentration was recorded at 5 bar (g) of 6.67×10-5 m3s-1 with 
a drop of 91% from the Cl- at the fibre inlet draw concentration. The dilution of the Cl- was 
proportional to the applied pressure of 4 and 5 bar (g), with some similar behaviour at 3 bar 
(g) until 6.67×10-5 m3s-1, where the concentration increased to 11.228 kgm-3 , less than the 
draw by 135%. The Cl- concentrations after 1 and 2 bar (g) at varied shell flowrates were 
of less significance to those at 4 and 5 bar (g). The increase in the shell Re assists the 
reduction of Cl- concentration at 0 bar (g) FO to about 86.8% from the draw solution 
concentration level (58.4 kgm-3).  
On the other hand, in Figure 5.23, the Cl- concentration in the feed-side was reciprocal to 
the applied shell pressure. At 1.67×10-5 m3s-1, the Cl- concentration was declining as the 
pressure is increased. At 3.33×10-5 m3s-1, the concentration surged to 55% from the initial 
feed concentration. About 40% reduction in Cl- from the initial feed concentration was 
found at 6.67×10-5 m3s-1 with 5 bar (g). At 6.67×10-5 m3s-1 , the influence of exerted pressure 
demonstrated the influence of pressure to reduce the counter-diffusion of ions. The gap 
between 2 bar (g) and 3 bar (g) at 6.67×10-5 m3s-1 was almost 26%. This indicates that Cl- 
is sensitive to the exerted pressure as well as to the Re shell flowrate.  
Table 5.20 characterizes the ion size for Cl- as being the least, which enables it to easily 
transfer compared to other ions. As mentioned earlier, NaCl holds the highest diffusion 
coefficient between other solutes, which explains the least rejection for both Na and Cl 
ions. Schaep et al. (1998) argue that at high solute concentration, the effect of membrane 
charge effect could be neglected, and ion size could dominate, to explain the ion rejection 
rate.  
For the SO4
2- concentration analysis, the initial concentrations in the feed and draw solution 
were 1.74 and 0.098 kgm-3 , respectively. This indicates that the feed has a higher 
concentration (i.e. driving force) for this ion to diffuse into the draw-side. Assisted pressure 
from the feed might also enhance this diffusion.  
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A good demonstration for the ion diffusion by virtue of osmotic pressure difference is 
illustrated in Figure 5.22 for the resultant SO4
2- in the filtrate at 0 bar (g) and 1.67×10-5 m3s-
1 . Its concentration is increased by ≈ 80% from its initial concentration at the fibre inlet. 
On the other hand, the final feed SO4
2- concentration decreased by ≈ 74 % because of ion 
diffusion. The rejection increased at 3.33×10-5 m3s-1 with 0, 1, and 5 bar (g). The lowest 
SO4
2- encountered was at 5.0×10-5 m3s-1 for 1 bar (g), followed by 2 bar (g). At 6.67×10-5 
m3s-1, the pressure of 4 bar (g) showed the same concentration (0.024 kgm-3 ), which was 
also obtained at 2 bar (g) at 5.0×10-5 m3s-1. This implies that SO4
2- needs more remixing by 
the shell tides with less exerted pressure to minimize the diffusion into the filtrate side.  
From Figure 5.23, it is clear that the increase in exerted pressure after 2 bar (g) did not 
result in a noteworthy rejection in the SO4
2-. These results showed good agreement with 
previous investigations reported by (Van der Bruggen et al., 2004; Telzhensky et al., 2011). 
Hilal et al. (2005) investigated similar behaviour when using the NF membrane, 
interestingly, their results showed good agreement with results in Section 5.3.1 and 5.3.2, 
with respect to monovalent and divalent ion rejection with change in pressure. However, 
our experiment showed better efficiency in rejecting Cl-.  
The rejection of SO4
2- mainly attributed to the ion size and its electric charge. The negative 
electric charge of the membrane influenced the repletion of the SO4
2-. Table 5.22 explains 
the reasons the feed cations’ concentration were at their highest at 5.0×10-5 m3s-1. It is clear 
that the water flux was at its peak in all runs (except for 5 bar (g)) at 3 LPM, which leaves 
behind the rejected SO4
2- to concentrate the remaining feed solution. The CF,m was also at 
its highest in all 5.0×10-5 m3s-1 (except in 2 and 5 bar (g)). More interestingly, the reflection 
coefficient was at the highest during this shell flowrate (except in 2 bar (g)). Meanwhile, 
the reverse solute flux was following the water flux, which was at its peak during 5.0×10-5 
m3s-1. Surely, this is correlated to the lowest contraction of SO4
2- in the filtrate side at 
5.0×10-5 m3s-1. Thus, the flow hydrodynamic played another key role in the membrane 
selective ion process.   
Both anion and cation analysis had a similar investigation for using the FO to treat drilling 
mud waste water by Hickenbottom et al. (2013b). Their results (using even larger 
membrane area) showed higher concentration in the final filtrate and simultaneity in the 
rejected feed compared to this work. They used a FO mode with no external exerted 
pressure to assist the solute diffusion and enhance the water permeation. The results from 
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5.3.1 and 5.3.2, shows that the cations were found to experience less rejection rate than 
anions.
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Figure 5.22: Filtrate anions concentration after a 1 h test run in the AL-FS mode, at 25°C and varied shell flowrates and exerted  
pressure. 
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Figure 5.23: Feed anions concentration after a 1 h test run in the AL-FS mode, at 25°C and varied shell flowrates and exerted pressure.
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5.3.3 Bicarbonate Measurement 
The presence of HCO3
− in brackish water and co-produced water could lead to the formation 
of calcite (CaCO3), as described in the literature review in Section 2.3.2. Therefore, removal 
or reduction of HCO3
- 
could reduce the tendency of scaling, and minimize the expenditure 
of anti-scaling procedures.  
As mentioned in Section 3.4.8.2, the titration method was used to determine the 
concentration of HCO3
−. The field data showed that the bicarbonate concentration in the 
brackish water (feed solution) contains 0.145 kgm-3, and 0.21 kgm-3 in the co-produced water 
(draw solution). The reported hydrated radius for HCO3
- 
is 3.64Å (Kiss et al., 2013). Table 
8.27 and Table 8.28 (Section 8.3.1, Appendix 1) provide the HCO3
- concentration in the feed 
and filtrate solutions, respectively. The HCO3
- concentration as a function of the shell-side 
flowrate are considered after reaching the end-point, and plotted in Figure 5.24, where the 
red line represents the feed initial HCO3
- concentration at 0.145 kgm-3 .  
 
Figure 5.24: HCO3
-
 concentration in the reject-side after a 1 h test. Feed and draw 
operating temp is 25ºC (in the AL-FS mode). 
 
The molecular diffusion for the dissolved HCO3
- 
was calculated at various temperatures by 
Kiss et al. (2013). The calculated diffusivity by OLI-3 at experimental temperatures (i.e. 
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25ºC) is ≈ 1.09×10-9 m2s-1. This makes this ion diffusivity less than that of NaCl, Na2SO4, 
and MgCl2, and just above that of MgSO4. Therefore, the diffusion was expected to be slower, 
and hence, increases the rejection rate by the membrane.  
Based on Figure 5.24, without pressure intervention, HCO3
-
 remained virtually close to the 
initial feed value with slight swinging of -2 and +5%. At 1.67×10-5 m3s-1, the membrane 
showed almost >98% rejection to the bicarbonate ions to diffuse through the membrane 
active layer, except a surge at 2 bar (g) and 1.67×10-5 m3s-1lifted the HCO3
-
 concentration to 
30% before it gradually declined with the increase in the flowrate. Whereas, the lowest 
reading of a reduction was 17% obtained at 5.0×10-5 m3s-1 when 5 bar (g) was exerted. It is 
difficult to link the increase and the decrease for the HCO3
-
 to the water permeation or reverse 
solute flux in Table 5.22. This independent behaviour can be justified by the hydrated radii 
and the diffusion coefficient.  
On the other hand, the HCO3
- 
in the filtrate in Figure 5.25, represents the change from the 
initial draw concentration (0.21 kgm-3) with all conditions represented by the red dashed line. 
Draw solution is considered here to study the dilution effect resulting from the water and 
mass transfer and the influence of the membrane and the solute physical characteristics.  
 
Figure 5.25: HCO3
-
 concentration in the filtrate side after a 1 h test. Feed and draw 
operating temp is 25 ºC (in the AL-FS mode). 
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Figure 5.25 depicts that HCO3
-
 cannot travel towards the feed side due to the large ion size 
relative to the membrane porosity and skin layer physical characteristics, low diffusion 
coefficient, and almost similar concentration compared to the feed side, and most 
importantly, the water flux direction is opposite to the HCO3
-
 intended diffusion path. From 
the results in Table 5.22  and by inspecting Figure 5.25, it is observed that the pressure is not 
the main cause to reduce the HCO3
-
 concentration in the filtrate. In fact, the water flux has 
more influence, as shown at 4 bar (g) where the recorded water flux achieved was the highest 
average among other pressure readings. However, at 5 bar (g), the water flux was slightly 
less and the HCO3
- 
showed higher concentration than at 4 bar (g).  
At 1.67×10-5 m3s-1, the highest HCO3
- 
was at 0 bar (g) FO; this concentration declined as the 
shell-side Re increased. Similar trend to FO mode was replicated by 4 bar (g) with a declined 
concentration for HCO3
-
 with increasing the shell flowrate.  At 3.33×10-5 m3s-1, 1 and 2 bar 
(g) had the highest HCO3
-
 concentration, which then dropped by virtue of shell flowrate. The 
negative charge for HCO3
- 
could also assist the rejection by similar charge repulsion with 
the membrane negative charge.  
For providing a LowSal water, and with above ion-size data and charge, the selection for the 
membrane position mode (i.e. AL-FS and AL-DS), works to yield a selective-filtrate in 
which the membrane allows desired ions to present in the filtrate. 
5.3.4 Effect of oil in water on the membrane operation  
As stated in the literature review, oil carried out with the injected water could enhance 
reservoir blockage and deteriorate surface filtration units. The initial introduction of lamp oil 
was with a concentration of 0.01 kgm-3  (mixed with the draw solution). Using a static mixer 
(Figure 3.10, Chapter 3), the oil droplet should have been broken down into a smaller size 
distribution with a homogenous solution. Adding the effect of pipe connections upstream in 
the membrane, the oil in water (OiW) particle size will be even smaller.  
The Coulter Counter was first calibrated, as in Figure 8.6, whereas Figure 8.7 (8.3.3  in 
Appendix 1) shows that most of the oil droplets are between 20–30 µm and less than 5% 
volume fraction containing more than 40–60 µm.  
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The terminal velocity was determined using Equation 8.10 (expressed in Section 8.2.7) and 
results are shown in Table 5.23. The total volume fraction, Vf  was then calculated by dividing 
the volume of the particular oil droplet (vi) by the total volume.  
 
Table 5.23: Oil droplet terminal velocity and coalesce time calculations 
Draw solution 
density= 
1009 kgm-3 
Lamp 
oil ρ 
790 kgm-3 
µ (kgm-1.s-1) 0.000898 Height of the cuvette h (m)= 0.05 
dp size 
range 
(µm) 
Average 
dp 
Counts 
Volume  
Vi  (µm
3) 
Total 
volume 
(Vf ) % 
Oil rise 
terminal 
velocity uo 
(×10-6 ms-1) 
t 
(s) 
t 
(min) 
10-15 12.5 24521 200611962 30.0 20.7 2408 40 
15-20 17.5 7912 177618842 26.6 40.7 1228 20 
20-30 25 3594 235226750 35.2 83.07 602 10 
30-40 35 240 43102651 6.45 162 307 5 
40-50 45 20 7634070 1.14 269 186 3 
50-60 55 5 3484550 0.522 402 124 2 
60-70 65 0 0 0 561 89 1 
Total  36292 667678825 100 
 
From Table 5.24, the average oil droplet size of 12.5 µm took approximately 40 min to 
coalesce with a terminal velocity of 0.2078×10-4 ms-1. In contrast, 65 µm could just make its 
way to the surface in 1.5 min and 5.61×10-4 ms-1 oil terminal velocity. Residence time plays 
a major role in the oil coalescing period, as shown in Figure 5.26 . Additionally, at higher 
temperature and with assistance of demulsifiers, oil droplets can be minimized in the FO 
inlet (if it is placed downstream in a skim tank). 
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Figure 5.26: Lamp oil droplets rising time in a sample cuvette (0.05 m) at various 
droplet sizes. 
Figure 5.26, the oil droplet size diameter shows the importance of its size to the rising 
velocity. Thus, implementing a mechanical solution, as a static mixer could reduce the 
droplet size and reduce the oil carried out issue.  
To represent the oil droplet status in the real case, Figure 5.27 represents the ‘F’ oil field’s 
skim tank just upstream of the water injection pumps. In this research, it is assumed FO is 
downstream of the skim tank. The Figure shows an analysis was carried out from January 
2013 until September 2013, which covered the maximum and minimum temperature ranges 
in Oman, in addition to process malfunctions and upsets. During summer, July to September, 
the temperature traversed 48°C causing efficient oil skimming, as shown in Figure 5.27. 
.  
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Figure 5.27: Skim tank performance with respect to OiW (mgL-1) over 9 months, 
In common oil fields, the surge of oil content in the water tanks is expected after opening a 
new high water cut oil producer. The OiW forecast plot in Figure 5.27 specifies the maximum 
oil that could be carried out with the injection water; however, in the current research, 1000 
and 0.1 kgm-3 were used as a maximum OiW condition that could be experienced in the skim 
tank outlet.  
A quick comparison between Figure 5.28 and Figure 5.29, illustrates the dispersion of large 
droplets of oil into smaller ones, e.g., droplets of 30–40 µm are dropped about 48% across 
the mixer. This breakup not only reduces the terminal velocity for oil droplets to coalesce 
but also diminishes the fouling inside the membrane layers.  
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Figure 5.28: Oil droplet size analysis, U/S the static mixer 
Significant enhancements for the new arrangement (i.e. static mixer installation) as depicted 
in Figure 5.29, effectively reduces the average oil droplet size before reaching the membrane. 
This reduction in oil droplet size is crucial to minimize the oil fouling, which enables one to 
sustain the water permeation and cuts down the membrane breakdown due to fouling and 
clogging.  
 
Figure 5.29: Oil analysis D/S the static mixer (before the membrane). 
Details of the mixer performance including the oil droplet analysis U/S and D/S the mixer 
are presented in Tables 8.29 and 8.30 (Appendix 1). 
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In AL-FS mode, the direction of water permeation and fibre internal flow, both act to delay 
and minimize the oil droplet to foul the membrane.  
To determine the OiW content, further analysis and investigation was performed using the 
UV/VIS spectrometer, as described in the following Section. 
5.3.5 UV/VIS results and analysis  
Details about the UV/VIS principle and samples preparation were given in Section 3.5.2. The 
samples from Table 8.11 examined a range of wavelengths, from 190 to 340 nm, to obtain 
the best-fit wavelength. The resultant plot from Table 8.32 (Section 8.3.4, Appendix 1), after 
measuring all readings of the range 0-0.1 kgm-3 with λ of approximately 268 nm is shown in 
Figure 5.30. 
 
 
Figure 5.30: Fast-Hex UV/IS spectrometer calibration curve for Hexane-lamp oil 
solution at λ = 268 nm. 
(mgL-1) 
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From Figure 5.30 (1st order regression equation ) the slope is 0.000708 and the intercept is 
0.0195, which is almost identical to Beer’s Law of Absorbance (3.14): 
pAsorb CLεA  ,
 
 
where, Absorb is the absorbance, Aε  is the molar absorptivity, Lp is the path length, and C is the 
concentration. 
Rearranging Beer’s law to calculate C: 
0.000708
0.0195Absorbance
ion(ppm)Concentrat


 
5.6 
 
Hence, from Figure 5.30, the higher the concentration, the higher the absorbance value.  
The main reasons for the error occurrence in the calibration process could be due to: 
• A very small volume of injected oil in the hexane: 1×10-3 to 0.1 kgm-3 in 100 ml, or 
even 10 ml is so low in terms of oil concentration, which just needs 1 to 64 micro 
litre. Such a micro volume is associated with some errors during the injection or the 
handling stage. 
• The absorbance of light from the UV/VIS spectrometer could have some errors due 
to the low concentration of oil in the solution, implying that the sample is close to 
the blank reference sample.  
• Water tends to have some air bubbles, which can cause light scattering from the 
sample, and hence raise the error of measurement. 
For both oil experiments, namely 0.0 and 1.0 kgm-3 , the oil was topped up with 94 kgm-3  
synthetic co-produced water.  
Using the above concentration Equation 5.6, the results of OiW samples from  0.01 and 1.0 
kgm-3  in both the filtrate, as well as the feed solution, are presented in Table 5.24. 
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Table 5.24: OiW concentration results for the FO-AL-FS mode using 3 bar (g) and  
5.0×10-5 m3s-1 shell flow 
Draw tank OiW concentration 
(kgm-) 
Description 
Absorbance 
(Asorb) 
C 
(10-3 kgm-3) 
0.01 kgm-3  
F 24 0.0289 13.3 
P 24 0.0759 79.7 
F48 0.0248 7.48 
P 48 0.0488 41.4 
F 72 0.0211 2.26 
P 72 0.0499 42.9 
F 96 0.0199 0.565 
P 96 0.0357 22.8 
1.0 kgm-3   
F 24 0.0521 46.0 
P 24 0.0648 63.9 
F48 0.0774 81.8 
P 48 0.104 119.4 
         F24: Feed after 24 hours, P24: Filtrate after 24 hours. 
Table 5.24 demonstrates the behaviour of the oil droplets flowing inside the lumen at 
constant hydrodynamic parameters over the experiment period. In the 100 ppm OiW test, 
after 24 h, the membrane was able to knock out 20.3 % from the inlet oil concentration. In 
48 h, the filtrate exhibited in OiW about 58.6%, and almost slightly less concentration on the 
third day. After 96 h, the filtrate showed about 77.2% reduction in the oil contents. 
Simultaneously, after 24 h, the feed analysis showed 0.0133 kgm-3escaped oil to the shell-
side to settle in the feed tank. Interestingly, this concentration dropped to almost 43.8% after 
48 h. The reduction trend continued on the third day to about 83% and eventually to 96% 
after 96 h.  
At 1.0 kgm-3 OiW, the filtrate analysis exhibited a reduction of 94% in OiW after 24 h and 
about 89% after 48 h. The above OiW behaviour with previous co-produced water flux 
investigations are shown in Table 8.33 (Appendix 1), and are schematically demonstrated in 
Figure 5.31.  
Figure 5.31 shows the draw solution of 94 kgm-3 with 0.01  kgm-3 OIW, after 48 h, the 
acceleration of the decline in water flux was more rapid which lead to a lower mass transfer 
as reverse solute to the shell-side; thus, less oil immigration too. The reduction in the OiW 
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could also be attributed to the oil coalescence layer in the draw tank, which reduced the 
amount of oil escaping with the draw outlet to the membrane. The coalescence was prompted 
after constant operating conditions of temperature, and flow and pressure, during the 
experiment. Furthermore, the oil immigration to the feed-side could be explained due to the 
high concentration of Ca2+ in the draw solution which has more tendency to attach to the 
Carbon molecules (oil in this case), and drag the oil droplets to the feed-side as reverse 
flux(Mi and Elimelech, 2008).  
In order to evaluate the membrane for oil fouling over time, the membrane was run 
continuously for several days at 2 bar (g) shell-side pressure and 0.7 bar (g) at the fibre inlet. 
The shell-side flow rate was maintained at 1.67×10-5 m3s-1.  
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Figure 5.31: Water flux behaviour at different draw solution concentrations and OiW contents. 
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hell-side solution was 9.4 kgm-3 brackish water  (AL-FS). Applied shell pressure was 2 bar 
(g) and 1.67×10-5 m3s-1shell flowrate. Figure 5.31 describes the water flux at fixed shell 
assisted pressure of 2 bar (g), fibre pressure (0.8-1 bar (g), constant shell flowrate of 
1.67×10-5 m3s-1 and solution temperature at 25°C. Reasons for the water flux decline 
include: 
• The ICP effect.  
• The oil fouling effect (for 0.1 and 1. kgm-3  OiW draw solution). 
• The reduction in the effective osmotic pressure due to the increase in the feed-side 
osmotic pressure (resulted from Js). 
The 94 kgm-3 co-produced water experiment shows that the water flux after the first 15 min 
was at 2.754 Lm-2.h-1. Then after 1 h, the water flux declined by 21%. The ICP effect has 
an influence on this permeation reduction. The water flux decline continued and reached 
about 24%, after three h, which it then maintained with a marginal reduction until 23 h, 
when finally, at 24 h the water flux deteriorated to almost half of the initial water potential.  
Using 94 kg m-3  co-produced water as a draw, a 0.1 kg m-3  lamb oil was topped up in the 
draw solution tank. The solution was kept overnight to stabilize and achieve proper settling. 
Next, the water flux begun at about 8.33×10-7 m3 m-2.s-1, close to the restoration point, 
following the cleaning procedures after the earlier investigation with draw solution of 94 
kgm-3 . After 12 h, a reduction of 24% in the water flux was recorded. The water flux 
remained almost constant for 40 h, which is even better than that reported by Zhang et al. 
(2014), who examined the FO membrane for synthetic oil field treatment for  24h.  
After 48 h, the reduction was almost 27%, and finally, after 96 h, the decline reached 46% 
from the initial water flux. This explains that the membrane was not completely impacted 
by the oil addition of 0.1 kgm-3 . The reason for the sustained water permeation with higher 
water flux, than when testing the co-produced solution alone, was due to the thorough 
cleaning practice, which swept away any residual ICP and restored the membrane 
performance.  
A higher TDS co-produced water was then introduced at 144 kgm-3 (prepared synthetically 
from the same ions with the draw solution of 94 kgm-3). The initial water flux after 10 min 
suggested that the water flux was recovered to approximately more than 98% to that with 
the 94kgm-3 test. The restoration of water flux implies that the irreversible fouling can be 
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removed from the membrane sub-layers, and bring back the membrane close to the last 
performance. It is expected the water flux to be higher, since, higher osmotic pressure was 
introduced and established across the membrane Nevertheless, after 15 h, the water flux 
declined exponentially to almost half of the potential (initial water flux). This could be due 
to the higher severity of ICP that occurred than that in 94 kgm-3 . At 24 h, the water flux 
recorded to be about 61% less than the initial water flux reading. ICP and reduction of the 
osmotic pressure difference due to reverse solute flux to the feed-side were the main cause 
for the rapid deterioration of the membrane with 144 kgm-3 . 
After the cleaning took place, finally, the membrane was tested with 94 g/L co-produced 
water and 1 kgm-3 OiW. Repeatedly, the membrane exhibited over 98% water flux recovery 
after recording water flux similar to that in 94 kgm-3 , at 1 h. After 12 h, the reduction in 
the water flux was 33%, which was higher than the case in 0.100 kgm-3  by 8%. Later, at 
24 h, the water flux showed a 43% decline compared to 25% in the 0.1 kgm-3 test. Finally, 
after 48 h, the membrane lost about half of its initial water flux. This was about double the 
loss observed when 0.1kgm-3  was used.  
The oil concentration at 1 kgm-3  showed a nonlinear relation with the water flux, compared 
to that with 0.1 kgm-3 . In both cases, the adsorbed oil layer was found to decrease the 
membrane hydrophilicity, which could enhance the ion-selectivity process by forming a 
weak polar layer at the membrane’s internal layer. This layer could resist the strong polar 
electrolytes’ ions to diffuse through (using the theory of ‘like dissolves like’), hence, 
allowing the ion exclusion by size (Zhang et al., 2015b). This phenomenon, could be 
escalated as the rejected ions could increase the feed solution osmotic pressure, and 
therefore, reduce the osmotic pressure difference. This yields less driving force and less 
water permeation. The ‘shielding effect’ of the adsorbed oil could be more dominant if the 
membrane is oriented in the AL-DS mode. However, if the current membrane has the 
hydrophilic property, then the attachment of oil in the membrane surface is not likely to 
form sever fouling layer, especially with elevated shell flowrate.   
The FO mode (AL-FS) showed better performance than the PRO (AL-DS) when treating 
co-produced water, for less flux deterioration (Zhang et al., 2014). The restoration of water 
flux after 100 ppm OiW experiment, suggests that the oil layer-attachment was saturated. 
The water flux retained to more than 90 % after introducing 1 kgm-3 OiW, which suggests 
the previous claim about oil layer saturation. Using different salinity solutions, the oil 
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particles seems prefer to stick to the membrane surface rather than disperse in the high 
surface tension water solution.  
For the long-term, using the FO process when handling OiW, routine cleaning is 
fundamental to sustain the water flux and remove the irreversible fouling. In high applied 
pressure (especially in AL-DS), the foulant may become more compacted and hinder the 
water flux. This might require extensive chemical cleaning. Highly compacted layers can 
be found in RO applications, where ΔP > Δπ (Munirasu et al., 2016). 
5.4 Membrane Topography and Morphology using a Scanning 
Electron Microscope (SEM) 
Several runs in one of the membranes, despite the cleaning protocols, builds up CP and 
membrane flux declines, which are commonly inherited symptoms for membrane 
deterioration. Consequently, how the fibres deteriorated needs to be thoroughly 
investigated. 
SEM is one of the methods that can quantify the condition of the membrane fibres, down 
to the nanometre scale. The prospective membranes that can recover, even 50% of their 
initial efficiency (e.g., Jw and salt rejection), are viable candidates for SEM imaging. It is 
also advisable to view the sample with a Stereo Microscope (SM) and a Reflected Light 
Microscope (RLM). 
5.4.1 SEM images 
As described in Section 3.6.1, the membrane was cut into pieces as shown in Figure 5.32, 
to examine the condition of the fibre at different part along the module.  
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Figure 5.32: Membrane preparation for SEM, divided into pieces, where the draw 
inlet is directed into section No. 1 and the filtrate is at Section No. 8. Feed-in 
and feed-out are directed into sections No. 5 and 3, respectively.  
The position of the skin layer plays a crucial role in describing the mass transfer across the 
membrane. Also, to decide the best mode for operating the FO (i.e. AL-DS or AL-FS). 
Figure 5.33 depicts the skin layer surrounding the fibre. According to Toyobo, the skin 
layer ranges 100-1000 nm and it is in the outer layer of the fibre. Figure 5.33 shows the 
outer layer namely the active or the skin layer is detached from the porous layer. 
 
Figure 5.33: section 4 from the middle of the module, magnified using a 50X lens; 
the active layer is indicated as slightly detached from the outer rim of the 
fibre. 
Figure 5.34 depicts some deformations in the shape of the fibre at section 8, where the 
outlet of the fibres is attached to the epoxy layer. The fibre deformations could elaborate 
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on the flux behaviour, especially at high flowrate tests. Within the membrane module, the 
lowest pressure is at the fibre outlet, and hence, such fibre deformations might restrict the 
filtrate outlet. 
 
 
Figure 5.34: Membrane outlet section: different fibres’ geometry and deformation 
shapes. 
In the middle of the module at section 4, Figure 5.35 shows the similarity of the fibre’s 
shape where the shell flowrate and applied pressure (in the case of AFO) are distributed 
around the fibres. The residual white material inside the fibres mainly resulted from the 
drying process and the evaporation of water from the fibres during the SEM preparations.  
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Figure 5.35: The blockage of some fibres after 24 h of AL-FS operation with draw solution-
synthetic co-produced water (94.4 kgm-3 ), and feed of brackish water – synthetic (9.3 kgm-
3, initially) section 4 at the middle of the module (using stereo microscope magnified with 
a 4X lens). 
The fibre’s precipitation/blockage materials were further examined to identify the source 
of such precipitation.  
5.4.2 SEM imaging using a S-3200N 
The deterioration in the fibres’ conditions, developed by foulant and various solute 
blockages, had remarkably declined the water flux as shown earlier in Figure 5.31. By 
inspecting the interior of the fibre, the analysis depicts the residual deposit type and 
quantity. Figure 5.36 depicts the internal view of the fibre in section 6, with some deposits.  
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Figure 5.36: Internal view for a single fibre with signs of cracks or ‘valleys’, and 
some adsorbed residuals. 
On the other hand, Figure 5.36 indicates some cracks inside the dense layer of the 
membrane, which offer additional channelling for both the water and solute permeation but 
a suiTable area for solute accumulation.  
Using the spectrum method by selecting three different points, the internal layer was 
analysed, as shown Table 5.25. 
Table 5.25: Fibre spectrum analysis (all results are in weight percent) 
 Analyzed ions 
Spectrum C  O  Na  Mg S Cl Ca Fe Total 
Spectrum 
1 
69.1 16.1 0.00 0.00 8.52 0.54 2.53 3.23 100.0 
Spectrum 
2 
83.2 13.8 0.17 0.00 0.21 0.85 0.14 1.61 100.0 
Spectrum 
3 
58.5 9.70 0.00 0.00 1.03 7.93 1.82 21.0 100.0 
 
The weight fraction for the C ion is a possible indication for oil deposition on the membrane 
dense surface. Moreover, the membrane is made from a polysulfonated material, which is 
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shown mainly by sulphur (S). Calcium (Ca), and chloride (Cl) resulted from solution ion 
deposition. The presence of calcium could imply the development of a scaling layer.  
To confirm the above analysis, an additional fibre sample was scanned for section 2, as 
shown in Figure 5.37. 
 
Figure 5.37: A fibre with internal blocking materials. 
Table 5.26 indicates the spectrum analysis for the selected spots in Figure 5.37. The 
selected spots cover the membrane layers as well as the deposited materials (spectrum 2, 3, 
and 5). Since both points of 3 and 5 showed similar results, so point 3 was indicated in 
Table 5.26. 
The analysis emphasizes the abundance of C ions in all results and assures the results in 
spot no. 1, the weight percentage of S ion represents the material of the membrane. 
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Table 5.26 : Spectrum analysis for fibre-draw in section 
Spectrum 
Analyzed ions 
C O Na Mg S Cl Ca Fe Total 
Spectrum 
1 
67.46 24.71 0.16 0.07 5.52 0.24 1.52 0.32 100.00 
Spectrum 
2 
70.45 22.66 0.18 0.06 4.59 0.26 1.22 0.58 100.00 
Spectrum 
3 
67.45 25.12 0.21 0.10 3.80 0.28 2.11 0.85 100.00 
Spectrum 
4 
65.53 16.00 0.79 0.09 3.62 0.42 2.39 6.41 100.00 
 
Then, additional anatomy test was carried out in section no. 3 as shown in Figure 5.38, 
where more mixing was observed than the edges of the fibres.  
 
 
Figure 5.38: Fibre spectra analysis for fibre draw-in ion composition, indicating the 
foulant sources. 
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5.5 Examination of Scaling by Simulation and Experiment 
Following the ion analysis considered in section 5.3, the FO filtrate was hypothetically 
considered for injection in F-field oil reservoir, and with ScaleChem it can be evaluated as 
LowSal water. This evaluation of the filtrate/injection water is for its compatibility with the 
oil reservoir parent aqueous solution, and for the amount of reduction in the scaling 
tendency (ST). 
Using the collected field data for pressure and temperature, the software demonstrated the 
scaling tendency of the injected solution at the most likely location in the injection process.  
The injection process is illustrated in Figure 5.39. The filtrate, after leaving the membrane, 
is routed to a storage tank to provide a buffer for the injection pump. The pump works to 
pressurize the injection distribution header prior to distribution to various injection wells at 
different injection pressures. The pressure is adjusted upstream of each water injector via a 
choke valve to control the injection flowrate.  
The injection flow is then passed through the wellhead into the injection string down into 
the reservoir. At the reservoir, the injection fluid is mixed with the formation brine and 
passes into the reservoir. At the same time fluid is produced at the production wells and is 
then transported via the production flowline to the surface separation and processing units.  
As mentioned in the literature review in section 2.3, the scaling tendency (ST) follows the 
fluid solubility factors, such as pressure and temperature. Figure 5.39 demonstrates the 
potential scaling points, where pressure and temperature are varied according to the 
injection process.  The distance between referred points in the injection tubing is just for 
illustration purpose, where the downhole is not at the same height of the reservoir and a 
static head facilitates the flow into the reservoir of higher pressure. 
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Figure 5.39:  LowSal water injection process showing injection point conditions. 
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5.5.1 Scaling prediction (using ScaleChem Studio 9.2 software from 
OLI) 
The first proposal arises when thinking about supplying a LowSal WI, is to mix the oil field 
brackish water with the co-produced water, and thus inject relatively less saline water than the 
reservoir water. This approach could be cheaper, with a very simple engineering method. A 
brackish water supply could be available in some fields, but due to the following conditions, 
the likelihood to use it becomes limited:  
• The salinity of brackish water must be low enough to establish a mixture to 
significantly reduce the scaling tendency during injection. 
• The injected water, not only needs to be low saline water, but also should be compatible 
and ion-selective to meet the criteria of LowSal water. This is demonstrated in 
section5.5.2.1 when mixing brackish water and co-produced water.  
If the brackish water fails for any of the above reasons it may be used via an FO system to 
provide LowSal water. 
Among various FO filtrate results generated in the experimental programme described in 
section 5.2, a few were selected after screening for ion concentration, which were simulated 
using ScaleChem Studio provided by OLI-3 software. Table 5.27 lists the selected FO results 
alongside the conventional water injection stream in Oman oil fields-specifically in F oil field- 
(i.e. co-produced water) and the proposal for injecting brackish water. 
In the case of conventional co-produced water re-injection, the storage/skim tank in Figure 
5.39, gathers the entire F field water before distributed to injection wells. Each of these 
injections well is dedicated for a particular reservoir cluster for a number of oil producers. 
Therefore, the co-produced water ion composition could vary from one oil- reservoir formation 
water to another. However, the variation of water characteristics is within the compatibility 
range such that, injection of co-produced water is expected not to raise a scaling issue. The 
averaged co-produced water in the skim tank is shown in Table 5.27 under column 5. However, 
if some scaling is detected, then the injection water indicates some compatibility issues with 
the oil reservoir.  
The skim tank becomes a LowSal water storage in the case of implementing FO application. 
Then the primary treatment follows Figure 2.8 (in Chapter 2). 
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Table 5.27: Composition of injection water scenarios based on FO filtrate and averaged oil 
field water analysis 
Ion analysis (Concentration in kgm-3 ) 
Ions 
2 bar (g) 
3.33×10-5 
m3s-1 
 
5 bar (g)  at 
3.33×10-5 
m3s-1 
 
FO 0 bar (g) at 
6.67×10-5 m3s-1 
 
Oman F-
field co-
produced 
water 
Oman F-
field 
brackish 
water 
Na 3.06 3.19 6.61 27.4 2.91 
Cl 10.3 7.83 7.68 58.3 4.8 
Mg 0.127 0.083 0.466 1.23 0.092 
Ca 0.838 0.569 1.28 7.17 0.776 
SO4 0.955 0.059 0.294 0.098 1.74 
HCO3 0.147 0.116 0.131 0.21 0.145 
TDS 
(kgm-3 ) 
15.4 11.8 16.5 94.5 10.4 
pH at 25 
°C 
6.3±0.15 6.7 6.85 6.2 6.9 
 
Table 5.27 shows the potential candidates for injection including the FO filtrate from three 
different conditions. The filtrate at 5 bar (g) and 3.33×10-5 m3s-1 was selected after exhibiting 
the lowest ion concentration, and therefore a lower TDS compared to the other FO conditions. 
The filtrate at 2 bar (g) and 3.33×10-5 m3s-1was also a candidate due to the low ion 
concentration with less pressure and flowrate, compared to the rest of the testing conditions. 
Whereas, the filtrate generated at 0 bar (g) and 6.67×10-5 m3s-1, was among the list to represent 
the FO mode (with the lowest possible ion concentrations) without assisted pressure. 
The co-produced water presented the scaling of the conventional/current water injection status 
and presented the associated drawbacks of scaling when injecting this stream. Lastly, the 
brackish water presented the viability of direct injection, notwithstanding its possible limited 
availability. 
The following procedure depicts the scenario of scaling prediction using ScaleChem: 
• Run the OLI scaling prediction by hypothetically re-injecting the co-produced water-
shown in column four Table 5.27 (after skimming oil to the injection OiW target). This 
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prediction will cover the scaling tendency of the injection surface and subsurface 
facilities. This will also predict the current situation with respect to scaling tendency 
down to and into the oil reservoir.  
• Simulate the injection of mixed brackish water and co-produced water in a ratio of 40% 
to 60%, respectively. The mixing ratio was carried out in five steps as of 1: 0 for draw 
to feed until 0:1. At 40% brackish water, the oil reservoir exhibited considerable decline 
in the ST for all minerals. Above 40%, the ST showed insignificant change. Therefore, 
the selected ratio found to be the optimum to reduce the scaling with less brackish water 
(since co-produced water is in abundance). This to demonstrate the feasibility of mixing 
waters as compatible fluids to the reservoir condition. 
• Simulate the FO filtrate as depicted in the injection schematic. In the reservoir, a mixer 
calculation-tool will be used to simulate the ratio of mixing injection water with the 
formation water to predict the compatibility issues. 
Table 5.28 provides a guideline from the Shell Company for scaling predictions and severity 
determination. The Table was provided by Petroleum Development of Oman. Also it was a 
part of OLI (2015).  
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Table 5.28: Likelihood of significant scaling for various minerals and ST ranges 
Scale mineral 
Expected 
scenario 
ST* Comments 
Calcium carbonate 
Scale unlikely 
Scale possible 
Scale very likely 
1-4 
≥4 
≥10 
Minor component of co-
deposited scale possible 
Calcium sulphate Scale unlikely 1-1.1 
Minor component of co-
deposited scale possible 
Strontium sulphate 
Scale unlikely 
Scale possible 
Scale very likely 
<1 
2-4 
>7 
Only as minor component of co-
deposit 
Only as co-deposit 
Minimum ST for ‘pure’ SrSO4 
Barium sulphate 
Scale possible 
Scale likely 
1-5 
5-8 
NORM deposition possible 
Productivity problems begin 
Sodium chloride Severe >1 
Almost always severe 
 
      ST* is dimensionless as stated in Equation 2.15 (Chapter 2). 
5.5.1.1 Scaling simulation using co-produced water re-injection  
Initially, the formation brine was saturated with oil reservoir minerals at the formation pressure 
and temperature using the ScaleChem-Saturator tool. This is in order to establish equilibrium 
for the reservoir fluids -in all phases- with the reservoir under geological and thermodynamic 
conditions. The results of this calculation have already been presented in Table 5.27 assumed 
this the same water that is co-produced with the oil being extracted from the oil reservoir.  
By using the saturator tool, the formation water was saturated with mainly calcite and anhydrite 
at the reservoir pressure and temperature (as in Figure 5.39). The column headed Max Scale in 
Table 5.29 contains the concentration for the trace amount of scale chemicals (in mg) involved 
in the saturation (i.e. calcite and anhydrite) per 1 L of water at equilibrium. The indicated 
maximum scale Figures, mean that they need to be removed from the solution to guarantee that 
precipitation is avoided. According to Figure 2.8, reasonably one can assume that the water 
injector and the oil producer are sharing the same reservoir cluster and in more common the 
same depth zone. This allows considering similar geological characteristics between the 
injection point and the production well.  
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The other indication for the solid presence in the water at the pre-scaling calculation is the Pre- 
scaling column, which shows the tendency of a specific ion to form a scaling without 
considering formation of other solids. The column also represents the driving force for each 
mineral to occur at time zero, before any solids are permitted to form. The saturation ratio, SR, 
represents the driving force for saturation calculated as shown in Equation 2.15 (e.g., CaCO3): 
   
3
2
3
2
3
CaCOsp
COCa
CaCO
K
aa
SR
 
 ,  
where Ksp is the solubility product of the CaCO3 at the location temperature/pressure and a is 
the aqueous activity. When SR > 1, scaling by precipitation is more likely to occur because the 
solution is super-saturated. 
The pre-index column is the base-10 logarithm of the pre-scaling tendency.  
The post-scaling column shows the common ion effect is considered and the tendencies are 
calculated after the formation of solids. As detailed in Section 2.3.4, if ST < 1, then the solid 
is found to be under-saturated, and if ST > 1, then the solid is super-saturated. When ST = 1, 
the solid is at saturation. The post-scaling describes also the amount of solids that can form (at 
time =∞) reach equilibrium with the formation water (OLI, 2015). The negative SI refers to 
the dissolution of minerals by water (under-saturated). 
Table 5.29: Pre- and post-scaling tendencies for injecting the 94 kgm-3  co-produced water 
at the reservoir saturation condition 
Scale 
Mineral 
Max Scale 
(×10-3 kgm-3 
) 
Pre-scaling Pre-index Post-scaling Post-index 
CaSO4.2H2O 
(Gypsum) 
0.0 0.0553 -1.26 0.0585 -1.26 
CaSO4 
(Anhydrite) 
3.21×10-5 1.00 -6.17×10-14 1.00 0 
CaCO3 
(Calcite) 
2.35×10-5 1.00 -9.10×10-14 1.000 0.0 
NaCl 
(Halite) 
0.0 0.0218 -1.66 0.0218 -1.66 
 
During extraction, processing and primary treatment on the surface facilities, and more 
importantly the mixing with other field produced waters, all could lead to alter the water 
properties (e.g., during the extraction of CO2 and other light gases) which means a new form 
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of water differs from the formation water. During the re-injection to the oil reservoir, the 
equilibrium condition might change. Consequently, some minerals are expected to dissolve 
because of the dissolution process, whereas others might become super-saturated. The ions 
after injection are shown in Table 5.30. 
Table 5.30: Oil formation brine composition under saturation condition with the reservoir 
pressure and temperature 
Cations Value (kgm-3 ) Anions Value (kgm-3 ) 
Na+ 26.886 Cl-1 57.239 
Ca+2 7.351 HCO3- (*) 0.147 
Mg+2 1.207 SO4
-2 0.947 
           *This is the total system carbonate including CO2. 
Table 5.30 indicates few variations between the formation brine when it is saturated and at 
equilibrium and to the produced water analysed at the surface in Table 5.27.  
Data resulting from the ScaleChem simulation reported in Table 8.34 (Section 8.3.5 Appendix 
1), are plotted in Figure 5.40. The graph predicts the pre-scaling scenario after injecting the 
co-produced water of 94 kgm-3 . The ST, considered after the injection conditions/locations, is 
shown in Figure 5.39. In the resultant ST plot, two influencing parameters were considered, 
namely, the pH (mainly affects the bicarbonate) and temperature. In the case of water injection 
of 94.4 kgm-3 (average salinity concentration), the co-produced water from one well was first 
processed in the surface and mixed with other well’s production in the surface tanks, before 
average water salinity is injected through the water injector to target the oil reservoir.  
Temperature was found to accelerate the formation of carbonate scale, as seen in Figure 5.40. 
The relation is described as, the higher the temperature, the less is the solubility of the calcium 
carbonate, leading to higher super-saturation. This leads to an increase in the rate of 
precipitation, which could subsequently leads to a rapid and significant permeability decline 
in the oil producer. CaCO3 formation is expressed according to Equation 2.13 (Chapter 2) with 
minor arrangement: 
  OHCOCaCO2HCOCa 22s33
2  
 
5.7 
Equation 5.8 explains the principle of ionic strength being responsible for the increase in the 
CaCO3 scaling when invading the formation brine with an incompatible water injection of 
higher scaling suspension densitiy (e.g., Ca2+). This was explained by Amaerule et al. (1988) 
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using Le Chatelier’s cause and effect principle. It works on the chemical equilibrium constant, 
Keq, expressed by the following relation in which all concentrations are those in the aqueous 
phase: 
  
  232
23eq
HCOCa
COCaCO
K


.
 
 
5.8 
Therefore, once CO2 vapour is released, due to pressure reduction for instance, CO2 is reduced 
and this this drives to produce more CaCO3 to maintain the equilibrium constant.  
To highlight the FO effect, referring to bicarbonate analysis in Figure 5.28, using the FO 
membrane, 
3HCO concentration was significantly lowered. This concentration can be utilised 
in Equation 5.7 to yield less [ 
3HCO ] and accordingly lower or eliminate calcite precipitation.  
Based on Table 5.28 anhydrite and gypsum are shown in Figure 5.40 near the zero scaling 
level; hence, neither have scaling potential and they are unlikely to occur. 
 
Figure 5.40: Pre-scaling tendency for the dominant scales at various injection locations 
during the 94 kgm-3co-produced water injection.  
Figure 5.40 indicates the condition prior to the state when any solids are permitted to 
precipitate.  
The solubility of carbonates is strongly dependent on the pH. This was obvious in the ST for 
calcite when the pH increased during oil production through the production string. The 
reservoir pH increased until it reached the surface pH (Figure 8.11 in appendix 1), in the 
wellhead, and in the surface tank. This increase can be explained as CO2 breakthrough (transfer 
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the liquid phase into vapour phase) from the brine because of pressure reduction. Similar 
results were interpreted by (Salman et al., 2007), who argue that higher pH lower the 
bicarbonates concentration yielding more carbonate ion which lifts the saturation ratio (as in 
Equation 5.7), thus higher carbonate scales (e.g., calcite, dolomite and iron carbonate). The 
presence of calcite and aragonite in the ST graphs in all of this work refers to the prediction of 
calcium carbonate possible scales at given solution concentration, pressure, temperature and 
solution pH. However, both forms of scales are not likely to take place simultaneously. The 
simulation in Figure 5.41 (based on the data in Table 8.35) shows the possible scale from 
calcium carbonate to precipitate is the calcite.  
Figure 5.41 implies that the injected water possess some tendency of calcite to precipitate in 
all locations. The likelihood increased with increased temperature and pH variation, at the 
respective locations.  
In ScaleChem the solids were then allowed to precipitate as shown in Table 8.35 (Section 8.3.5 
Appendix 1), and plotted as in Figure 5.41, which represents the calcite as the dominant scale 
to precipitates. This graph explains the post-scaling and post-index columns in Table 5.29, 
where calcite exhibited the majority of scales.  In this Figure, all solids were allowed to 
precipitate. The solid suspension density can be used to quantify the degree of scales at each 
location.  
As expected, among the crystalline forms of CaCO3 the common precipitants are calcite and 
aragonite. On the other hand, vaterite is known to be the least common, and under geological 
pressure and temperature it could turn into aragonite (Schausberger et al., 2009). Due to its 
lower solubility than other CaCO3 scales, calcite was dominant with approximately 9.8 ST 
level in the downhole, which means according to Table 8.28, the scaling is possible to occur. 
However, the severity of calcite throughout the surface locations was less.  
In addition to the increase in ionic strength and change in pH, Figure 5.42 indicates that the 
increase in the CaCO3 scaling was predominantly driven by the increase in the temperature. 
Pressure effect is considered when opening the oil producer from the surface wellhead, thus 
the pressure falls in the reservoir causes the CO2 to evaporate from the water into the 
hydrocarbon phase. Otherwise, surface pressure has very limited effect in the liquid phase. At 
these points, the temperature was 40–42ºC. However, the scaling increase was obvious from 
the wellhead down to the mid-well, where the temperature increased to 60ºC. The scaling kept 
increasing proportional to the temperature increase. The increase in temperature motivates the 
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reduction in the salt solubility, which leads to the precipitation as shown earlier by Equations 
2.13 and 5.7.  
Beginning at 80×10-3 kgm-3 at the storage tank, the calcite suspension density increased to 
90×10-3 kgm-3 in the reservoir of higher temperature and less pH. The calcite suspension 
density is suspected to be less in the production tubing, following pressure and temperature 
reduction to meet the surface conditions.  
 
 
Figure 5.41: Calcite solid scaling prediction using co-produced water injection at 
various water injection locations. 
The ScaleChem then predicts the ST for oil reservoir as a result of re-injecting the co-produced 
water. The results are in Table 8.35 (Section 8.3.5, Appendix 1) and plotted as in Figure 5.42.  
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Figure 5.42: Oil reservoir ST when the invaded water is the co-produced water and the 
formation brine is in an equilibrium state 
Figure 5.42 depicts the decline of ST as the formation brine approaches equilibrium at which 
the ST is almost 1. The declining trend represents the ST resultant from the mixing of waters. 
When the ionic strength was equal to 1.94 at zero ion ratio, the ST was the maximum, which 
assumes the formation brine (as in Table 5.30) is almost replaced by the invaded water with 
ionic compositions as in Table 5.27 (under column 5). ScaleChem results shows that when the 
formation water is represented by the injected water (i.e. at 0 formation ion ratio) the pH was 
about 6.72, then it declined to 5.98 when the ST = 1. The simulation predicts the dominant 
scales associated with the injection conditions. Aragonite and calcite showed as a calcium 
carbonate possible scale, however the prediction does not imply that both scale could occur at 
the same time. This is applied for the rest of the ScaleChem predictions and subsequent graphs, 
where calcite and aragonite are presents.  
The reservoir scaling in this case is believed to occur with mild severity and can be mitigated 
with a low dosage of scaling inhibitor, as explained in Section 2.3.7.  
Overall, the secondary oil recovery by conventional water injection showed the possibility of 
ST to occur. CaCO3 was the dominant scale among other minerals. 
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5.5.1.2 Scaling prediction during injection of mixed brackish and co-
produced water 
The mixture of 60% brackish water and 40% co-produced water was simulated to study the 
influence of diluting the co-produced water with less saline water. The mixture was first mixed 
using a mixture application tool from OLI at atmospheric pressure and 25ºC. The ion 
compositions are provided in Table 5.31. 
Table 5.31: Mixture of 60% co-produced water (94 kgm-3 ) with 40% brackish water 
(9.36 kgm-3) 
Brine Composition 
Cations 
Value (×10-3 
kgm-3 ) 
Anions 
Value (×10-3 
kgm-3) 
Na+1 12751.2 Cl-1 26232.9 
Ca+2 2224.7 

3HCO  
(*) 
210.1 
Mg+2 545.5 SO4
-2 1085.4 
                          (*) This is total system carbonate including dissolved CO2. This is not alkalinity. 
The ion concentrations were then fed into the ScaleChem software to predict the scaling at 
various locations (surface and subsurface conditions as followed in Figure 5.39), with the 
results provided in Table 8.36 (Section 8.3.5, Appendix 1) and plotted in Figure 5.43. 
The graph shows that the addition of extra SO4 from the brackish water has contributed to the 
possible formation of anhydrite and gypsum. This is in agreement with the investigation of 
Templeton and Rodgers (1967) and Freyer and Voigt (2003). Therefore, the growth of 
anhydrite is dominated by the build-up of temperature in the injection loop, and the addition 
of sulphur ions to the formation water (i.e. brackish water has higher sulphate concentration 
than the targeted oil formation brine and when mixing both solutions more sulphate ions are 
formed). Although anhydrite showed a higher ST at all stages compared to that with co-
produced water injection, however, it exhibited an ST = 0.6 (compared to 0.06- 0.09 for the 
case of injecting co-produced water) until the wellhead, then the ST increased by 50% because 
of geological thermodynamic conditions in the reservoir. Based on Table 5.28, ST = 1.11, 
which means the anhydrite is still unlikely to occur. 
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Figure 5.43: Pre-scaling tendencies when injecting a solution of 60% of co-produced water 
mixed with 40% of brackish water. Magnesite and halite were very minor and therefore, they 
were neglected.  
In Figure 5.43, the possible formation of aragonite was not related to the temperature, rather 
to the consequences of water mixing. One of these consequences could be the lower super-
saturation of calcite which favours aragonite, as discussed by Rossi and Lozano (2016). They 
also urged that the nucleation of aragonite rather than the calcite is caused by the dissolution 
of Mg2+, which alters the ratio between Mg to Ca ions. This was experimentally investigated 
by Zhang et al. (2012), who argue that when the Mg2+ ions are low in concentration, the Ca2+ 
will react with 2
3CO to directly form aragonite. Thus, the above water mixing could enhance 
the likelihood aragonite scale formation at independent condition to the formation of calcite, 
at the same injection pressure and temperature.  Despite that, the dilution of the co-produced 
water through above mixing scenario showed a reduction by 17% compared to that in co-
produced water 
As expected, calcite ST has been reduced by almost 16.4%, compared to that with co-produced 
water injection. The reduction in the ionic strength played a major role to minimise the calcite 
severity to come within a range of ST = 7-9 (from the surface to the downhole), in which the 
scaling is considered to possibly occur with mild severity.  
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Interestingly, calcite ST during co-produced water re-injection from the wellhead to the 
reservoir increased by 18%, and a similar increase was experienced for calcite during the 
mixing water injection in Figure 5.43. This is because the increase was caused entirely by the 
change in the ion product for calcite. 
The super-saturated ions were then allowed to precipitate in the ScaleChem simulation, Figure 
5.44 depicts the reduction of scaling, which resulted from the dilution in the injection loop 
(plotted based on the results from Table 8.38, in Section 8.3.5, Appendix 1). A 41% reduction 
in the amount of scale precipitation resulted from the mixing scenario, comparing to that in co-
produced water re-injection. 
 
Figure 5.44:  Dominant solid precipitation during the injection of mixed brines at 
various injection locations. 
At the reservoir condition, the mixing of water was then simulated to determine the effect of 
injecting the mixed solutions with the formation brine as shown in Table 8.39 (Section 8.3.5, 
Appendix 1). The main effect is the lowering of the ionic strength of the combined solutions. 
The plotted results in Figure 5.45, shows that the oil reservoir was at equilibrium during the 
parent water ST =1, which implied the saturation degree of the reservoir without further 
dilution from the injected solution (at formation ions ratio of 1). The injection of mixed water 
exhibited some incompatibility by increasing the calcite and aragonite suspension densities 
when the formation water was brought to the ionic strength of the injected brine (towards ions 
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ratio of 0). The ST at 9, represents the condition similar to that in the downhole in Figure 5.43. 
It also implies the situation when the formation water possess the invaded water composition 
and ionic strength.   
The reduction of ST was inversely proportional to the ionic strength of the mixed waters within 
the reservoir (at the formation temperature and pressure).  Anhydrite and halite found to 
dissolve with the reduction of the formation brine concentration. 
 
Figure 5.45: ST at the reservoir condition at varied ratios between injected mixed 
water and the formation water 
The next section discusses the simulation of a higher injection water salinity of 144 kgm-3TDS. 
The objective is to cover the maximum field possible for the TDS solution and determine the 
resultant scaling severity.  
5.5.1.3 Scaling prediction for co-produced water of 144 gL-1 TDS 
Within the reservoir, the higher the ionic concentration of the injected water, the greater is the 
permeability decline, and hence, the less oil recovery. The scenario below depicts the scaling 
results for injecting 144 kgm-3 TDS co-porduced water. The water analysis was obtained from 
a single oil producer of high Base Sediment and Water ratio (BS&W). The water compositions 
were sampled at the wellhead and analysed as shown in Table 5.32. 
 
 213 
 
Table 5.32: Co-produced water with 144 kgm-3 compositions 
Cation 
Concentration 
kgm-3  
Anion 
Concentration 
kgm-3  
Na+1 44.16 Cl-1 88.6 
Ba+2 0.0027 
HCO3
- 
(*) 
0.256 
Ca+2 11.1 SO4
-2 0.340 
Fe+2 0.033 
Mg+2 0.175 
Sr+2 0.774 
  (*) This is total system carbonate including dissolved CO2. This is not alkalinity 
 The objective is to cover the maximum field possible for the TDS solution and determine the 
resultant scaling severity. The increase in the ionic strength yields a super-saturation condition 
within the scale mineral in the injected brine, which accelerated the growth of scales , as 
depicted in Figure 5.46 based on the results in Table 8.40(section 8.3.5, Appendix 1). 
The dominant scale was calcite and aragonite, whereas the other minerals showed less ST and 
are then unlikelely to occur. The increase of calcite from ST = 14  at the surface, to ST of about 
19.6 in the midwell, and to its highest value of approximately ST = 20.6, in the downhole 
(before reaching the reservoir condition) , followed the increase in temperature and pressure 
alteration. The behaviour of calcite in Figure 5.46 shows sTable suspension densitiy in the 
surface process, unlike Figure 5.44 during the injection of mixing water. Its suspension density 
during the injection of 144 kgm-3 co-produced water yields a ST (averaged surface ST) of 48 
% higher than that predicted with 94 kgm-3 , and almost 66% higher than the mixture of co-
produced and brackish water.  
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Figure 5.46: Pre-scaling tendencies for injecting 144 kgm-3 produced water. 
Aragonite showed similar behaviour to that with calcite, and both scales can be expressed by 
CaCO3, as in Equation 2.13. The addition of Ca ions to the formation brine, shifted the equation 
to form CaCO3 and enhance the ion super-saturation under the reservoir conditions. 
For the purpose of discussion, the results for the influence of  temperature interpretations in 
Section 5.5.1.1 and 5.5.1.2 are applicable to this section.  
Figure 5.46 indicates the tendency of strontium sulphate and barite to grow scales. Both scales 
are known to form and have low solubilities. Strontium sulphate, known as celestine SrSO4, 
can be elaborated using Equation 5.9 to provide the supersaturation for celestine, celestineβ : 
   
celestine sp,
2
4
2
celestine
K
SOa Sra
β


,
 
5.9 
From Equation 5.9, higher sulfate ions result in higher super-saturation, and the higher the 
super-saturation, the higher the growth rate of celestine and the higher amount of celestine that 
can pericipitate.  The sameequation , but with a different value of Ksp, can be applied to barite.  
Monnin (1999) showed that celestine is more soluble when the NaCl concentration is higher, 
which agrees well with our results. The solubilities of celestine was less with complex mixtures 
than in NaCl–SrSO4–H2O and MgCl2–SrSO4–H2O. 
In addition, the increase in Cl ion concentration from 58.3 kgm-3 to 87 kgm-3 (from a solution 
of 94.4 to 144 kgm-3TDS, respectively) played a major role to enhance the solubility of barite 
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and celestine anhydrites. This was in good agreement with Monnin and Galinier (1988), who 
investigated the solubility of Ba and Sr ion anhydrites at 25ºC. The formation of these two 
scales was recorded until the wellhead and the midwell, where the temperature was just at the 
ambient temperature before the scales depleted at the midwell.  
Increasing the concentration of ions (e.g., Ca) could also reduce the induction period for scales 
to occur, and this allows calcite to form, for instance, to take place faster in 144 kgm-3 than in 
94 kgm-3 . 
In Figure 5.46 Siderite (FeCO3) shows unlikely scale formation in the surface facilities. 
However, due to increaes in the temperature downstream the wellhead, the siderite ST came 
up to 5.5 at the downhole which reflects a possible scale formation.  
The super-saturated solids were then allowed to precipitate within the ScaleChem calculations, 
as shown in Figure 5.47 (based on Table 8.40, Section 8.3.5, Appendix 1). 
 
Figure 5.47: Solid precipitation during the injection of 144 kgm-3 co-produced water. 
Figure 5.47 shows that the suspension density of calcite was almost 0.1 kgm-3in the surface 
locations, up to the wellhead when it started increasing to 0.124 kgm-3in the midwell and 137 
kgm-3 in the reservoir. The increase in the calcite ST was interpreted earlier by virtue of the 
temperature increase and pressure variation throughout the injection points.  
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Celestine showed a considerable amount of solid deposition upstream of the injection pump 
before 50% dropping at the pump. The solubility of celestine increased with the pressure 
increase as more scales dissolved in water. The significant change with pressure, reveals that 
celestine solubility is higher than that of calcium carbonate at the same condition of pressure 
and temperature.  
The temperature effect was the dominant factor to reduce the celestine severity until it 
disappeared at the downhole. To further investigation the suspension density of SrSO4, a 
contour diagram was constructed using the contour tool in the OLI-3 studio (Figure 5.48), to 
illustarte the concentration at varied pressure and temperature. The contour diagram is a useful 
tool to interpretate the severity of given scales for the entire field conditions. Red colour 
indicates the highest ST whereas green colour is the least, as per the legend.  
 
Figure 5.48: Celestine contour diagram under the condition of 144 kgm-3 co-produced 
water injection.  
At the reservoir condition of 70°C and 32.2 bar, Figure 5.48 shows that the celistine is not 
severe (green).  
From Table 8.42 (Section 8.3.5, Appendix 1), Figure 5.49 simulates the scaling at the reservoir 
as a result of injecting 144 kgm-3 co-produced water into 94 kgm-3 formation water.  
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Figure 5.49: Reservoir ST resulted from injecting 144 kgm-3 co-produced water into  
94 kgm-3 formation water. 
Calcite was the dominant solid precipitation at the reservoir conditions when the formation 
water ionic strength is varied by the injection of 144 kgm-3 co-produced water. The trend 
suggests that such mixing was not favourable in terms of compatibility with the formation 
resrvoir. The ST was from the commencement of injection, where it showed a very likely 
scaling (i.e. ST >10), this exhibits a moderate and high severity. Then the ST gradually 
declined as the invaded brine ionic strength was reduced according to the mixing ratios 
between the two solutions. Eventually, the formation brine brought to the equilibrium 
condition in which the ST = 1 and the injected brine has been replaced by the formation brine. 
From the point of the solution properties; the ST from the three abovementioned water 
injection scenarios occurred mainly during the following conditions: 
1. When injecting a high water concentration (e.g., 144 kgm-3), this leads to mineral super-
saturation. 
2. During the injection of mixed water (i.e. co-produced water and brackish water), which 
lead to form new scales as a result of the incompatibility issue and super-saturation for 
some ions (e.g., sulfate ions). 
Scaling results showed that 0.0965 kgm-3 of calcite can be dropped at the tank stage to minimise 
the downsteram process scaling severity. While it was almost 0.080 kgm-3 for calcite to be 
removed from the tank during 94 kgm-3 co-produced water injection. Whereas, during mixing 
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water injection, it was only 54 kgm-3. The decline in the amount of minerals to be removed 
follows the ion concentration for each solution.    
Avoiding the aforementioned issues might minimise the ST, and lowering the ionic 
concentration, are the aims of the next section.  
5.5.2 Scaling prediction during injection of LowSal water  
Ion concentration shows a key role to determine the scaling severity. Using the modified FO 
filtrate at the specified condition with lower ion concentrations, the ST is expected to exhibit 
less severity. Using ion compositions from Table 5.27, the FO filtrate was simulated using the 
ScaleChem software to predict the scaling improvements following the lowering of dominant 
scale key ions (e.g., Ca2+, SO4 and HCO3). The following sections will discuss each FO filtrate 
scenario using the same injection loop as that given in Figure 5.39. 
5.5.2.1 Scaling behaviour for filtrate water at 0 bar (g) and 6.67×10-5 m3s-1 
(FO mode) 
The ST for the FO filtrate at minimal shell assisted pressure (normal FO mode) and  
6.67×10-5 m3s-1 (which yields the lowest ion concentration between the other flowrates in the 
FO-mode) is illustrated in Figure 5.50 (tabulated results are in Table 8.43, (8.3.5.4, Appendix 
1). 
 
Figure 5.50: Dominant pre-scaling tendencies for injecting FO filtrate (at 0 bar (g) and 
6.67×10-5 m3s-1). 
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Figure 5.50 indicates that FO has almost levelled down most of the possible scales to form 
except calcium carbonate (some solids are present in the solution). The ST of CaCO3 slightly 
increased downstream of the wellhead until the downhole, the hottest point throughout the 
injection loop. Other scales showed a negligible ST.  However, at these levels of ST, calcium 
carbonate scaling still not severe and can be mitigated as a low risk category.   
The concentration effect for the occurrence of calcium carbonate scales was dominant in Figure 
5.50. As the temperature and pressure remained identical to previous injection simulations, 
then the reduction in the super-saturation for the Ca and CO3 ions became obvious when 
injecting the FO mode filtrate. The FO filtrate could increase the solubility product for the 
potential minerals, and hence reduce their ST. The FO mode filtrate reduced the ST by 58% 
compared to the co-produced water ST, 45% compared to the mixed water ST and 117% to 
that during 144 kgm-3 water injection.  
Based on the results in Table 8.44 (Section 8.3.5.1, Appendix 1), Figure 5.51 exhibits the solids 
of the super-saturated ions when they were permitted to precipitate.  
 
Figure 5.51: Dominant solid precipitation at the FO-mode injection at 6.67×10-5 m3s-1 
shell flowrate. 
Figure 5.51 shows a significant reduction in the solid concentration by 120% compared to that 
for the 144 kgm-3 co-produced water scenario and by, 98% for the 94 kgm-3 scenario (for scales 
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at the downhole where the amount of scales, if it has not already deposited, is predicted to be 
highest). 
In the targeted reservoir, the ST was carried out using the mixer tool in ScaleChem studio. 
According to Figure 5.52 (based on the results in Table 8.45 (Section 8.3.5.1, Appendix 1)), 
the scaling at the reservoir condition was based on diluting the formation water ionic strength 
by mixing it with a lower salinity fluid (injection water). The reduction of reservoir scaling 
showed some linearity as the formation water approached the lowest ionic strength.   
Figure 5.52 shows that when the formation brine is almost equal to the invaded brine ionic 
strength, then the ST was found almost in the category of  possible scaling (i.e. ST ≥ 4), but 
not severe. However, as the dilution was reduced and consequently the ionic strength increased 
towards the parent formation strength, the ST for CaCO3 approached the unlikely formation 
stage (i.e. less than 4). For this reason, and compared with Figure 5.49, the FO mode filtrate 
could eliminate several minor scales, such as FeCO3, SrCO3 and SrSO4.  
 
Figure 5.52: FO-mode filtrate at minimal pressure and 6.67×10-5 m3s-1mixed with the 
formation water at variable ionic strength. 
Interestingly, the dilution of the formation water by the FO filtrate could reduce the ST for 
gypsum and anhydrite. According to the results in Table 8.45, the pH declined from 7.20 (at 
100% FO filtrate) to 5.99 when the parent water represents the formation brine.  
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Eventually, when the injected water was replaced by the parent formation brine, the ST 
approached to unity, and all fluid phases are believed to be under equilibrium and no scaling 
is likely to take place. 
In conclusion, the low ionic strength resulting from the FO operation was the key factor for 
modifying the injection water to satisfy the LowSal criteria. The reduction of ST with minimal 
use of energy, makes the FO mode a considerable option for the LowSal WI method.  
5.5.2.2 Scaling prediction using FO filtrate at 2 bar (g) and 3.33×10-5 m3s-1  
For ion composition at 3.33×10-5 m3s-1and 2 bar (g) FO filtrate, refer to Table 8.27. The filtrate 
injection was simulated from the surface tank until the well downhole. 
The injection of this LowSal water showed a dramatic reduction in the ST, as in Table 8.46 
(Section 8.3.5, Appendix 1), and depicted in Figure 5.53. The results show obvious reduction 
in the calcite and the aragonite compared to the injection of co-produced water and mixing 
solutions. Calcite ST remained almost around 4.5 from the tank to the wellhead. The increase 
in the temperature downstream of the wellhead advocated the calcite ST for a 25% increase. 
Aragonite begun at a ST of 3.4 at the tank, and was maintained up to the wellhead before 
peaking at the downhole with a ST of 5.4, where the scaling was likely to occur. Gypsum and 
anhydrite showed similar behaviour with lower ST of less than 0.5. In this experiment, all the 
ST results are considered in the safe limit, and scaling is unlikely. 
Comparing Figure 5.50 for FO at minimal pressure and 6.67×10-5 m3s-1with that of Figure 5.53, 
it can be realised that the increase of assisted pressure to 2 bar (g) enjoyed a 24 % reduction in 
the scaling severity.  When referring to Table 5.27, the FO mode showed less Cl ions than in 
the 2 bar (g) FO filtrate by approximately 25%. However, Na ions were higher by 53.7% for 
the FO mode than in the 2 bar (g) filtrate. Additionally, FO at 2 bar (g) shows a higher 
concentration of sulphate ions by 70% than that of the FO mode. These concentration 
comparisons contributed to the variation in the ST between the two FO filtrates at identical 
operating pressure and temperature.  
The influence of temperature is obvious at the downhole when the ST of 2 bar FO filtrate was 
reduced by 30% compared that with FO mode filtrate at the downhole. 
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Figure 5.53: ST for the FO filtrate at 2 bar and 3.33×10-5 m3s-1 at various injection locations. 
In addition, Figure 5.53 shows that, gypsum is sTable between 40–50ºC, and beyond this, a 
direct transformation takes place into anhydrite, which has lower solubility at these 
temperature conditions. This concentration of anhydrite is still in the safe region. In addition, 
below 80–90ºC, anhydrite does not crystallise (Freyer and Voigt, 2003). 
Later, the super-saturated ions were allowed to precipitate, as displayed in Figure 5.54 (refer 
to Table 8.47, Section 8.3.5.1, Appendix 1). The solids’ concentration followed the previous 
discussion on the effect of temperature, ionic strength and pH.   
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Figure 5.54: Dominant solid to precipitate when injecting the FO filtrate of 2 bar and 
3.33×10-5 m3s-1. 
Figure 5.54 shows insignificant change in the solid precipitation compared to that when 
injecting FO-mode filtrate.  
Then, the FO filtrate was mixed with the formation water of 94 kgm-3 TDS at the reservoir (of 
ST =1), to demonstrate the ST as shown in Figure 5.55  based on the results from Table 8.48, 
Section 8.3.5, Appendix 1). 
At the reservoir where mixing of the FO filtrate and the formation brine occurred, Figure 5.55 
describes the ST in the reservoir (using reservoir pressure and temperature).  
The ST gradually begun with 5.75 for calcite and 4.42 for aragonite when the formation ionic 
strength is almost completely replaced by the injected FO filtrate (scaling is possible). 
Although it is not practical to replace the whole formation brine, but to some extend the 
injection of FO filtrate at 2 bar and 3.33×10-5 m3s-1, showed the potential to reduce the reservoir 
ST by 48%, 58% and 116% compared to the ST of mixed water injection, co-produced and 
injection of 144 kgm-3 at the reservoir condition. The ST was gradually declined as the ionic 
strength increased to reach the original formation water condition (which initially under 
equilibrium and ST = 1). 
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Figure 5.55: ST at the reservoir condition using FO filtrate (at 2 bar and 3.33×10-5 m3s-1 
) mixed with the formation water. 
Another essential point from Figure 5.55 is the effect of pressure increase in the reservoir was 
overtaken by the temperature effect. On the surface, the pressure drop across the choke valve 
boosted the ST (and the precipitation). The pressure drop across the valve implied the release 
of CO2 partial pressure and enhanced the CaCO3 scale.  
5.5.2.3 Scaling behaviour for filtrate water at 3.33×10-5 m3s-1 and 5 bar (g) 
assisted pressure  
The ion analysis using IC5000 for the membrane filtrate of 3.33×10-5 m3s-1and 5 bar (g) is 
shown in Table 5.27. The ion analysis shows that at this pressure and flowrate, the FO filtrate 
was at the lowest ion concentration, and, therefore, it was expected to yield less ST. The 
simulation results are in Table 8.49, (Section 8.3.5, Appendix 1) and plotted as shown in Figure 
5.56. 
The Figure indicates the feasibility of the FO filtrate at 3.33×10-5 m3s-1 and 5 bar (g) to 
drastically reduce the potential of scaling. The ST for calcite was reduced to less than 3.5, 
which means that the scale is unlikely to take place. The ST for the other scales is considered 
to be the least between the previous injection scenarios.  
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Both calcite and aragonite were less than that predicted for the FO mode condition by 24.5 %. 
The reduction of ion concentration because of applying a higher pressure in the feed side, 
showed a feasible method when using the filtrate as LowSal injection water.  
Generally, calcium carbonate exhibited a higher rate of precipitation at higher temperatures. 
The increase of ST resulted from the increase of super-saturation and reduction in solubility. 
However, when the pressure and temperature are identical to previous scenarios, then the 
concentration effect dominates the ion scaling.  
In 5 bar and 3.33×10-5 m3s-1, the FO filtrate showed less ion concentrations compared to the 
other FO experiments, and this enhanced the ion solubility (especially in the formation water).  
 
Figure 5.56: ST for various WI locations using FO filtrate at 5 bar and 3.33×10-5 m3s-1. 
Figure 5.56 shows some negligible amount of calcium sulphate, which is accepTable at the 
above pressure and temperature conditions. The investigation using the contour diagram in 
Figure 8.12 (Appendix 1) reveals that the increase in the temperature boosts the solution super-
saturation and brings down the solubility of calcium sulphate. Eventually this increases the 
scale precipitation.  
The scale solids were then allowed to precipitate, as shown in Figure 5.57 based on the results 
in  
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Table 8.50, (Section 8.3.5, Appendix 1). Although 5 bar and 3.33×10-5 m3s-1filtrate showed 
less ST compared to other FO filtrates; however, the deposited solids were the least with the 
FO mode. Other minor scales could become significant at higher temperature or pressure.   
 
Figure 5.57: Dominant solid precipitation at various WI locations using the FO filtrate 
at 5 bar and 3.33×10-5 m3s-1. 
Figure 5.57 shows that the solid precipitation was lowered by 42% compared to 2 bar FO 
filtrate and almost the same for FO mode filtrate. The reduction was even more at the surface 
by 49 %.  
The injection solution was then simulated in the reservoir, as depicted in Figure 5.58 (plotted 
based on the results from Table 8.51, Section 8.3.5, Appendix 1). 
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Figure 5.58: Reservoir ST during the injection of the FO filtrate of 5 bar  
and 3.33×10-5 m3s-1. 
Figure 5.58 shows that when the formation fluid was at the ionic strength for the invaded 
LowSal water, the ST was at a minimum and scaling is not likely to occur. As the dilution 
effect became less, the formation brine gradually replaced the invaded brine, and at 
equilibrium, the ST approached to one. The increase in reservoir temperature and pressure 
compared to that on the surface, yields a higher scale potential.  
These results exhibited the potential of the FO filtrate to significantly lower the ST to the safe 
region with marginal scaling potential in the reservoir. Considering that the FO mode filtrate 
did not produce the lowest ion concentration comparing to the AFO results; however, the 
injected water from the FO filtrate at minimal pressure and 6.67×10-5 m3s-1showed to yield a 
significant scaling reduction. No significance difference was observed between the ST at FO 
mode and 2 bar FO filtrate.  
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5.5.3 Scaling results using NALCO scaling experimental rig  
Due to the availability of the third party lab to conduct the scaling experiment, we limited our 
investigations to test mainly the FO filtrate, and simulate the scaling in various water injection 
points, as illustrated in the ScaleChem results. For each injection location, the test lasted for 3 
hours. 
As described in Section 3.7, the scaling investigation was performed using DSL with utilisation 
of WinDSL software. Referring to the experiment arrangement in Figure 3.12 and Figure 3.13, 
the ΔP trend starts off low, and then levels off as it is the start of the test, and it is just the 
pumps getting to the pressure. The differential pressure is what is measured over the coil with 
the test brines flowing through. If this pressure rises by 1 psi, which is given by the fail in each 
graph, this is when the scale has formed. All runs were conducted using a 1 m x 1 mm coil 
over 3 hours. 
5.5.3.1 Scaling results for 0 bar and 6.67×10-5 m3s-1 
Using the FO mode filtrate (at minimal pressure and 6.67×10-5 m3s-1), after the 3-h test run, 
there was no indication of any scale. These results are in agreement with the ScaleChem 
simulation in Section 5.5.2. The original WinDSL plot is shown in Figure 5.59. However, using 
Origin Pro 2016, all scaling locations are compiled in one graph, as illustrated in Figure 5.60. 
All runs showed no scaling precipitations. The fail level for each location varied according to 
the pressure and temperature injection conditions.  
The injection parameters follow the water injection schematic (Figure 5.39), and as 
experienced in the ScaleChem simulations, the amount of ST varied from one location to 
another. The fail level in the DSL experiments showed similar behaviour to the variation of 
ST. The fail level for the separator, pump, choke valve, wellhead, midwell, downhole and 
reservoir were 2.9, 2.7, 2.8, 2.5, 2.4 and 2.3, respectively. Thus, the fail potential means that 
the ST at the reservoir (Figure 5.59) is higher, and it was closer to the blank level (zero) than 
other locations.  
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Figure 5.59: DSL results using the FO filtrate of 0 bar (g) and 6.67×10-5 m3s-1, showing the 
scaling potential in the reservoir. 
The fail line for the reservoir was the lowest compared to other injection loop locations.  This 
implies that the ST at the reservoir as obtained by ScaleChem in Figure 5.50 represents the 
highest scaling locations among the rest of simulated points. 
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Figure 5.60: DSL results for injecting the FO filtrate of 0 bar (g) and 6.67×10-5 m3s-1.
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The above results validate the previous ScaleChem results which indicated that the ST was 
almost unlikely to occur when injecting the FO mode filtrate.  
5.5.3.2 Scaling results for FO filtrate at 2 bar (g) and 3.33×10-5 m3s-1  
Using the FO filtrate ion concentrations in Table 5.21 for the resultant permeate of 2 bar 
(g) and 3.33×10-5 m3s-1, the solution injection scaling results are shown in Figure 5.61. 
No scaling is found when using this FO treated solution. Within almost all the injection 
locations, there is no significant difference between the blank and the fail difference 
between the results in Figure 5.61 and that in Figure 5.53. The fail level became even closer 
to the blank reading as the temperature increased, which resulted in higher ST, due to the 
increase in the super-saturation, especially, for the calcite and anhydrite (as their solubility 
decreases with temperature). 
Generally, the fail level in Figure 5.61 is slightly lower than that in Figure 5.60 due to the 
ion concentration behaviour of the ST inside the DSL coils. Therefore, it is expected that 
less ion concentration, which leads to less ST, will produce higher a difference between the 
fail line and the blank line.  
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Figure 5.61: DSL results for injecting the FO filtrate of 2 bar (g) and 3.33×10-5 m3s-1.
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5.5.3.3 Scaling results for FO filtrate at 5 bar (g) and 3.334×10-5 m3s-1 
Final DSL investigations performed using the FO filtrate of 5 bar (g) and 3.33×10-5 m3s-1 
over the duration of 3 hours demonstrated, using ScaleChem, the least ST and precipitation 
over all injection points. 
Figure 5.62 depicts the fact that the injection solution of this FO condition has shifted the 
difference between the blank and the fail level higher than previous results. This indicates 
that the scaling is unlikely to occur compared to other FO results. 
The separator, the D/S of the injection pump and the water injector downhole all share the 
same fail level of 2.8 psi over the test duration. The downhole ST improved by about 14% 
and 18% to the downhole condition, shown in Figure 5.60 and Figure 5.61, respectively. 
This could lead to less scaling in the wellbore of the oil producer, thus, improving the oil 
production for a longer period. 
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Figure 5.62: DSL results for injecting the FO filtrate of 5 bar (g) and 3.33×10-5 m3s-1.
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The FO filtrate can be considered as compatible and under-saturated with water, which can 
dissolve potential scaling, especially, at the wellbore. This can improve the well 
permeability and enhance the oil production. This effect can be cited when LowSal WI is 
used following conventional co-produced water re-injection.
 236 
 
CHAPTER 6. CONCLUSIONS AND FUTURE    
WORK RECOMMENDATIONS 
6.1 Conclusions 
The main objectives set for this research have been achieved and the main conclusions include 
the following:  
 
• Required parameters such as Jw, Js, Aw and B have been measured experimentally to 
understand the membrane and FO performance as well as to complete the construction 
of the mathematical model. The existing resistance-in-series mathematical model, but 
with modified shell-side mass transfer coefficient equations, has been validated using 
the FO experimental pilot scale rig. The FO mathematical model showed reliable and 
highly accurate predictions of Jw and Js when using NaCl solutions alone. Then the 
model diverged during the AFO modelling, especially at high pressure (i.e., 5 bar (g)). 
The model was able to demonstrate the concentration distribution profile along the 
membrane sub-layers. 
• Various feed and draw solution concentrations have been tested (e.g., 0.0134 feed and 
0.5, 1 and 1.5 M draw solution) to evaluate the FO viability and the membrane 
reliability at various hydrodynamic conditions. The water flux and solute reverse flux 
showed varied behaviours and readings depends on the driving force (osmotic pressure 
difference) and the concentration polarization intensity. 
The optimum FO orientation with externally assisted hydraulic pressure to yield low salinity 
water has been investigated. This involved the effects in the variation of shell flowrate, feed 
and draw solution concentration, and shell-side assisted pressure. The membrane yielded a 
LowSal water at higher shell flowrate with similar results between 2 and 5 bar (g) assisted shell 
pressure. Varying the shell-side hydrodynamics greatly influenced the membrane behaviour 
and performance in terms of concentration polarization and water and solute flux. The 
optimum shell flowrate was found to be at 3.33×10-5 m3s-1 (0.273 ms-1), at most of the applied 
pressure runs. Whereas, at applied pressure of 5 bar (g), the minimum ion concentration was 
experienced. From the variation of the shell flowrate, it can be concluded that ECP can be 
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improved by sweeping the surface depositions and continuous mixing of the fluids around the 
fibres. From the experimental investigation, topping up more concentrated draw solution 
showed higher water flux but simultaneously higher ICP. However, at 2 bar (g) shell-side 
pressure, the ion concentrations in the filtrate showed unlikely scaling potential for calcite and 
dominant scales. Therefore, increasing the shell pressure does not really achieve the ion 
selectivity in the FO filtrate to yield LowSal water. 
• The membrane fouling has been tested at varied shell pressure (AFO). The fouling was 
categorized as CF,m, Ci and CD,m. The increase in the assisted pressure showed higher 
CP at the CF,m and Ci. Whereas, CD,m has showed gradual reduction with the increase in 
the assisted pressure. 
• The water flux as a function of membrane orientation has been tested in AL-FS and 
AL-DS modes. Higher water permeation with less reverse solute was measured in AL-
FS mode than in AL-DS. This could lead to conclude that AL-FS mode was a feasible 
decision to produce a LowSal water.   
• Calcite has been experienced as the dominant scale in most of the scaling tendencies 
simulations using ScaleChem software. Generally, calcium carbonate concentration 
found to increase with the increase in the injected water TDS and temperature. 
• The membrane structure has been shown the major role in determining the FO 
performance. The reduction in the membrane parameter S, could improve the water 
permeation.  
 
 
The FO filtrate low saline water has been tested for scaling tendency using ScaleChem 
simulation from OLI-3 software and the results showed a drastic reduction of scaling tendency 
compared to conventional co-produced water re-injection. The scaling tendency for dominant 
scales have been minimized to a level of unlikely to occur in almost the water injection 
locations. Major scaling minerals were identified during the simulation of the FO filtrate at 
various conditions. Different scales were noticed with different FO conditions of various 
pressures and flowrates. The less severe scaling tendency was experienced at 5 bar (g) and 
3.33×10-5 m3s-1. 
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• Using the experimental rig provided by a 3rd party scaling specialized company, the FO 
filtrate LowSal water showed unlikely scaling tendencies. The investigations were 
conducted for each location separately for at least 3 hours. The simulated scaling 
tendencies using ScaleChem software were in good agreement with the experimental 
investigations using the DSL rig.  
• A concentration of 0.1 kgm-3 oil in water has been tested with the co-produced water, 
the results showed minimal effect in the membrane operation after keeping the unit 
running continuously for a week. The fouling was then quicker and more severe after 
using 1 kgm-3 OiW. The analysis, using UV/IS, showed on-specification filtrate in 
terms of OiW target for the injection water. The water permeation was affected by the 
membrane oil fouling, especially during the 1 kgm-3 OiW test. The membrane showed 
accepTable sustained flow for 0.1 kgm-3 OiW, which means that the FO application can 
facilitate an OiW injection target of 0.01-0.05 kgm-3 oil in the injecting water.  
• The membrane morphology has been performed to visualised and investigate the effect 
of applied pressure and oil fouling in the membrane surface. The SEM images showed 
some deposition of oil resulting from the experimental tests. This includes some minor 
scale deposits. Deformations and fibres sizes inconsistencies were revealed, which 
explained the differences between the theoretical and measured water flux.  
• In this thesis, the reflection coefficient has been incorporated and proved that this factor 
should not be neglected as unity. The reflection coefficient helped to reduce the 
divergence between Jw, Estimate and Jw, experimental.  
The ∆P across the membrane has been considered and showed a significant drawback to the 
membrane performance concerning the water flux. At a maximum pressure of 5 bar (g) and  
6.67×10-5 m3s-1, the calculated transmembrane pressure was found to be 4 bar (g). The 
sensitivity of the transmembrane pressure reduction was observed when calculating the water 
flux and compared to the measured value. Higher ∆P exhibited a higher error. 
6.2 Recommendations for Future Work 
The following recommendations might be considered for future work: 
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1. Use the LabView instrument data acquisition system to reduce the experimental error 
and to gain continuous data output. 
2. Use different types of membranes from Toyobo, HTI and other suppliers, for example. 
This to acquire more freedom to determine which membrane could withstand the high 
co-produced water salinity and oil fouling. In addition, use a membrane which 
withstands high pressure, thus, examine the module in flexible conditions. 
3. It would be more practical to involve temperature as a manipulating factor to harvest 
higher water flux and less reverse solute. Also, this could influence the ion type 
diffusion which might help in the reduction of scaling during water injection. 
4. To run the FO as a candidate for co-produced water treatment in a large scale, the 
application need to be evaluated economically. The evaluation include the membrane, 
pumps, chemicals and post or pre-treatment requirement. At this stage, FO is 
technically cheaper with less energy is used to extract fresh water from the draw 
solution than in RO, UF and NF. FO depends mainly on the salinity gradient (i.e. 
osmotic pressure difference), to draw more water across the membrane. RO, for 
instance will need higher applied pressure to overcome the membrane resistance and 
drive the fresh water through the membrane to the filtrate end. Therefore, RO 
membrane should have more resistance to the ‘mechanical’ applied pressure than FO 
membrane. However, FO membranes are known to be more likely effected by the 
internal concentration polarization and so hinder the water permeation over the time. 
To attract the viability concern, FO process can be used to generate electricity as stated 
in Chapter 2 Literature Review. This feature could minimize the operating cost of the 
FO and add a sustainable energy from the solutions gradient.  
5. To use membrane with known S value (i.e. small value is preferred for higher water 
permeation and more solute resistivity). The S value is to be tested theoretically with 
the developed model and experimentally as indicated in Chapter 3.  
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CHAPTER 8. APPENDIX 1 
8.1  Determination of water permeability (Aw)  
To calculate added salt to the tank based on desired mgL-1: 
Amount of salt gL-1=
1000
ion(ppm)concentrat requiredmeWater volu 
 
Moles of solute = 
MW NaCl
(g/L)salt  ofAmount 
 
Molarity = 







3m
kg
 waterofdenisty meWater volu
solute of Moles  
The results are as shown in Table 8.1 below: 
Table 8.1: Experimental test to obtain the water permeability (Aw) 
Membrane area 0.0639 m2 
Feed Qshell ( 
×10-5m3s-1) 
P 
bar 
(g) 
Vol ml 
Jw  
(×10-07 m3m-2.s-1) 
Aw 
(×10-07 m3m-2.s.bar-
1) 
Aw 
Lm-2.h-1 
5.166 1 14 1.22 1.215 0.876 
5.083 
1.5 19 1.65 1.099 
- 
1.19 
5.0 2 23 1.99 0.998 1.44 
4.916 2.5 26.5 2.30 0.920 1.66 
4.833 3 27.7 2.40 0.801 1.73 
4.50 4 36.5 3.17 0.792 2.28 
4.333 5 43 3.73 0.746 2.69 
 
The water flux (Jw) in Lm
-2.h-1 (LMH) was then plotted against the hydraulic pressure (P) to 
determine the average Aw, as in Figure 8.1. 
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Figure 8.1: Water flux (Jw) as a function of applied hydraulic pressure (P) during the 
RO experiment performed to determine Aw. Feed solution was distilled water and 
temperature was 25 ◦C. 
From Figure 8.1, Aw value is about 0.44 m.s-1.bar (g)-1, whereas Toyobo reported value was 1.3. 
Therefore, the test was repeated to confirm the value under better experimental conditions. 
The test was this time carried out for 2 hours for each pressure interval to establish a valid and 
steady state flow of water permeation. The results are shown in Table 8.2. 
Table 8.2: Repeated Water permeability (Aw) investigation                 
P bar 
(g) 
Vol 
ml 
Lm-2 Lm-2.s-1 
Jw  
(×10-7 m3m-2.s-1) 
Aw 
(m3m-2.s-1.bar-1) 
1 41 0.640 0.000356 3.56 3.56 
2 75 1.171 0.000651 6.51 3.26 
3 95 1.484 0.000825 8.25 2.75 
4 137 2.140 0.001189 11.8 2.97 
5 170 2.656 0.001476 14.8 2.95 
            
The results were then plotted in Figure 8.2, to determine the average ‘Aw’ value: 
y = 0.4399x + 0.4999
R² = 0.9914
0
0.5
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Figure 8.2: Water flux (Jw) as a function of applied hydraulic pressure (P) during the 
RO experiment performed to determine Aw. Feed solution was DI water and 
temperature was 25 ◦C. 
From the plotted graph ‘A’ is about 0.25 LMHbar (g)-1 which is far less than the value provided 
by Toyobo (1.3 LMHbar (g)-1). It should be again highlighted that Toyobo’s testing rig has the 
facility to deliver predetermined cross flow at specific pressure, however in our case we could 
adjust either the flow or the pressure to the required target.   
Third test was carried out after the membrane was appropriately cleaned with Citric acid (1×10-
3 kgm-3 ) and soaked for 24 hours (in 30 ºC bath), this in order to remove any inorganic fouling. 
The membrane was then flushed and soaked with distilled water for 24 hours. The results for 
the new experiment investigation is in Table 8.3, and plotted in Figure 8.3. 
Table 8.3: Experimental test to obtain the water permeability (Aw) 
Hydraulic Pressure 
(∆P) bar (g) 
Water 
filtrate Vol 
ml 
Jw (×10
-7 m3m-2.s-1) 
Aw 
m3m-2.s-1 
1 68 2.95 2.95 
2 138 5.98 2.99 
3 200 8.68 2.89 
4 260 11.2 2.82 
5 330 14.3 2.86 
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Figure 8.3: Water flux (Jw) as a function of applied hydraulic pressure (P) during the 
RO experiment performed to determine Aw. Feed solution was DI water and 
temperature was 25 ◦C. 
The measurement for water permeability using membrane no.2 is depicted in Table 8.4 
Table 8.4: Measurement of Aw using membrane no.2 at 25 °C and varied shell hydraulic 
pressure. 
Each run was 1 hour 
Hydraulic 
Pressure 
(∆P) bar (g) 
Filtrate 
Vol 
(ml) 
Jw 
(×10-6 m3m-2.s-1) 
0.5 34 0.149 
1 69 0.301 
2 130 0.568 
3 205 0.895 
4 256 1.12 
5 338 1.48 
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8.2 Determination of salt permeability (B) 
Solute permeability (B) was measured following details explanation in the main text in Section 
3.4.3. 
Table 8.5: Filtrate (draw-out and permeate) results 
Sample Time 
Volume 
mL 
Cond 
µScm-1 
TDS kgm-3   π(bar) 
1 13:22 260 1481 0.948 0.76 
2 14:22 258 916 0.568 0.459 
3 15:22 255 1365 0.873 0.701 
4 16:22 265 1311 0.839 0.674 
5 17:22 255 1280 0.819 0.658 
6 18:22 260 1241 0.794 0.638 
 
Then calculating the JwRO= 4.04 Lhour
-1 = 1.123×10-06 ms-1 
From the Table above and Figure 8.3: 
Aw 1.0094 LMHbar-1 (g) 
2.80×10-07 ms-1/bar-1 (g) 
Jw, pure  3.1125 LMH 
 
Table 8.6: Salt Rejection, mass transfer coefficient and salt permeability calculation 
Sample R 
KRO 
×10-06 
B 
×10-07 
1 0.526 1.11 3.67 
2 0.716 1.15 1.67 
3 0.565 1.12 3.16 
4 0.565 1.12 3.17 
5 0.588 1.12 2.89 
6 0.601 1.13 2.75 
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Table 8.7: Experimental results for B and R calculations 
P( bar 
(g)) 
Time 
Filtrate  
mL 
Jw 
(×10-6 m3m-2.s-1) 
Cond. 
µScm-1 
TDS 
kgm-3  
π (atm) R % 
2 15:02 138 0.6 1020 0.653 0.526 56 
3 16:02 224 0.974 797 0.510 0.412 66 
4 
10:38 220 0.952 692 0.443 0.359 70 
11:38 219 0.913 669 0.428 0.347 71 
12:38 210 0.978 660 0.421 0.341 72 
13:38 225 0.115 654 0.418 0.339 72 
5 
15:20 265 0.113 563 0.360 0.292 76 
16:20 260 1.13 543 0.347 0.282 77 
17:20 250 1.09 547 0.350 0.285 77 
18:20 255 1.11 541 0.346 0.281 76 
 
8.2.1 Water supply analysis  
Oil field water supply analysis was carried out under different lab methods, as shown in the 
below Table.  
Table 8.8: Water supply –brackish water- analysis 
Component Methods Results Units 
Sodium API-RP-45-2.10 2.907 kgm-3 
Calcium ASTM D 511 A 0.776 " 
Magnesium " 0.092 " 
Iron ( Fe 2+ ) API RP45-3.64-D 0.00 " 
    
Chloride ASTM D 512 (B) 4.086 " 
Sulphate API RP45-2.71 1.736 " 
Bicarbonate API RP45-2.21 0.145 " 
Carbonate " 0.0 " 
Total dissolved 
solids 
API RP/45-2.11 
calc. 
9.753 " 
Salinity PECOP # 4.011 8.833 kgm-3 NaCl eq. 
Abs. density at 15 
°C 
ASTM D 1429(D) 1007.6 kgm-3 
pH  at  °C ASTM D 1293 (B) 6.86  @ 22.7 OC none 
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8.2.2 Cleaning procedure with chemicals 
Citric acid was recommended by the membrane manufacture for inorganic fouling and 
precipitations. This chemical is suitable for known precipitants especially CaCO3. Otherwise, 
Sodium hydroxide was suggested for organic fouling. These two types of chemicals are 
compatible with the membrane materials. Care should be taken when handling these chemicals 
and Health, Safety, and Environment regulations need to be strictly followed.  
The cleaning procedures are briefly listed below: 
1. Drain all previous experiment solutions from the tanks as well as the pipes to the drain 
pit. (Draw solution might be stored in external container for next experiments). 
2. Open the pump suction strainers and clean them thoroughly with warm water. Make 
sure to prime the pump before the next experiment. 
3. Prepare 1×10-3 kgm-31 of sodium hydroxide prepared with distilled water and heat it 
to 35 ºC, and allow it to circulate the tank to obtain a homogeneous solution. 
4. Place distilled water at 35ºC in the draw tank. 
5. Line up the cleaning solution tank and distilled water tank to the membrane housing, 
and starts with a low flowrate at the minimum discharge pressure to avoid any dirt 
deposition. 
6. Allow step five to run for at least 30-60 minutes, collect the membrane filtrate in a 
graduate cylinder, and test its conductivity. Expect the previous experiment 
conductivity range to increase first, then decline, and be displaced by the distilled 
water. 
7. Stop the pumps. Soak the membrane for at least 8 hours in warm temperature. Low 
temperatures will cause sodium hydroxide to precipitate (fibres could turn to yellow 
to brown colour). 
8. Drain the cleaning solution (including the piping and repeat step 2), replace the 
cleaning solution with distilled water, and heat it to 35 º C. 
9. Flush the membrane with distilled water at a low flowrate to the rejection tank. Slowly 
increase the flowrate to extract all membrane precipitants and foulant. 
10. Soak the membrane in distilled water until the next experiment. 
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8.2.3 Preparation of synthetic co-produced water and brackish water 
In a litre of feed solution (from above Table) 
g/mol) (23 Na of RMM
g 2.907
Na 
 
            = 0.1264 moles 
g/mol) (61.016 HCO of RMM
g 0.145
HCO
3
-
3 
 
          = 0.00238 moles 
Combine the two ions to make a molecule of Na2HCO3: 
Taking HCO3 as the basic for making Na2HCO3 (for its lower moles): 
        = 0.00238*RMM of Na2HCO3  
        = 0.00238*84.0 
        = 0.199 g 
The amount of Na2HCO3 needed in 1 L = 0.199 g 
Now consider to make Na2SO4 from the remaining Na
+: 
   Na+= 0.1264 - HCO3
-moles 
         = 0.126 – 0.00238 
         = 0.124 moles 
(96.0) SO of  RMM
g 1.736
SO
2-
4
2
4 

 
         = 0.0181 moles 
Combine the two ions to make a molecule of Na2SO4: 
Taking SO4 as the basic for making Na2SO4 (for its lower moles): 
       = 0.0181*RMM of Na2SO4  
      = 0.00238*142.0 
      = 2.57g 
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In above calculation, the ion’s charge needs to be considered for accurate calculations. The 
resultant solution is shown in Table 8.9. 
Table 8.9: Preparing synthetic feed (brackish water) solution from individual ion 
concentration 
Feed (brackish water) synthetic solution 
Na HCO3 Na2HCO3 
0.126 0.00238 0.199 
Na SO4 Na2SO4 
0.124 0.0181 2.57 
Na Cl NaCl 
0.106 0.115 6.19 
Mg Cl MgCl2 
0.00378 0.00933 0.360 
Ca Cl CaCl2 
0.0194 0.00176 0.0976 
TDS 9.42 
Cl2 left 0.00088 
 
8.2.4 Ion Chromatography IC5000 standard preparation 
The standards were prepared based on the following Equation 8.1, SO4 as an example prepared 
from Sodium Sulphate reagent of >99.8 w/w: 
L1
SO g 96.06
SONa g 142.04
SO mg 1000
SO g 1
1L
SO of ppm/mg
2
4
42
2
4
2
4
2
4 


 
8.1 
 
The preparation of Na ion standard was carried out as shown in Table 8.10. 
 
 
 
 
 267 
 
Table 8.10: Na ion IC5000 analysis for calibration curve 
Dilution 
Na+ 
(kgm-3 ) 
Peak 
height 
(µS) 
Blank 0 4.1 
1:2 13.7 3883.8 
1:5 5.48 1565.9 
1:10 2.74 852.5 
1:25 1.096 377.9 
1:50 0.548 194.9 
1:100 0.274 125.6 
1:1000 0.0274 32.64 
 
The slope of ions followed similar method to that in Na ion. 
The following depicts the individual ion calibration curve. Figure 8.4 depicts an example for 
ion calibration, and similar method was used for the rest of ions. 
 
 
Figure 8.4: Mg+2 IC5000 calibration curve 
  
The resultant slopes from the IC unit, were then rearranged to give the concentration equation 
. as shown below. 
For Cations 
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Na ion: 
56280
14742
.
.A
CNa

  8.2 
 
3304
110
.
.A
CCa

  8.3 
 
For Mg ion: 
01601
5910
.
.A
CMg

  8.4 
 
For anions: 
 Cl ion: 
8676
0120
.
.A
CCl

  8.5 
For SO4 ion: 
9407
8045
4 .
.A
CSO

  8.6 
 
8.2.5 HCO3 ion measurement 
The titrant acid was HCL of 0.01 M (from Fluka) and a dosing flowrate adjusted to 0.2mL for 
each increment. The pH was continuously measured using built-in pH meter, which 
accordingly adjust the HCL flowrate and consequently achieve the final EP value. This type 
of alkalinity measurement is also referred as Gran titration method.  
After above method was set and saved in the titrator, at least 50 mL sample from our 
experiment was transferred into 100 mL volumetric flask and with a magnetic stirrer placed on 
the stirrer plate (801 type from Metrohm).   
The concentration is worked out by the following equation: 
Volume Sample
RMMMV
HCO 3HCL
HCOHCL1
3

  8.7 
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Where, VHCL is the volume added from HCL solution into the sample and MHCL is the molarity 
of the HCL (0.01 M) 
8.2.6 UV/VIS operation 
The spectrometer detector will determine the ratio of intensity between the intensity of 
transmitted radiation passing through the sample (I) and that passing through the reference 
sample (in this case will be Hexane) (Ir). This is represented by the Transmittance (Ts) 
Equation: 
r
s
I
I
T 
 
8.8 
UV/VIS spectrometer works on transmitting lights of various wavelengths depending on the 
solution colour as shown in Figure 8.5. The unit measures the energy of UV and VIS 
wavelengths that are absorbed by the solutions dissolved solute.  
The UV/VIS has a wavelength region between 190.0 nm and 1100.0 nm that can be selected 
or adjusted in 0.1 nm increments. 
To obtain accurate sample, the parts per million (mgL-1) was calculated based on the density 
of the lamp oil as shown in the following equation : 
Volume
Mass

 
8.9 
 
Lamp oil density=790 kgm-3 
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Figure 8.5: UV/IS spectrometer measuring method  
Micro-syringe and micro-pettier from Perkin Elmer for 0-50µL and Fisher Brand for 50-
1000µL volume were used to inject micro litre volume of oil. Finally, the prepared solution 
was placed in the quartz cuvette. Sample preparations are showing in Table 8.11. 
Table 8.11: Calibration curve sample preparation from Hexane and lamp oil 
mL of oil Micro-L mg ×10-3 kgm-3  
0 0 0 0 
0.0005 0.5 0.395 3.95 
0.0013 1.3 1.03 10.3 
0.0064 6.4 5.06 50.6 
0.0013 1.3 1.03 103 
0.0035 3.5 2.76 277 
0.0063 6.3 4.98 498 
0.0129 12.9 10.2 1019 
 
8.2.7 Coulter counter measurement  
In order to perform reliable oil measurement with the Coulter counter, the time from sampling 
to the measurement has to be quick to avoid oil droplets coalescence.  
A sample of 3 mL taken for analysis for each experimental run. 
Coalescence can be considered in terms of time taken for each droplet to rise and form a layer. 
The rise velocity is known as the terminal rise velocity (uo). This velocity is dependent on the 
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droplet’s size (diameter).  Therefore, using the following Stoke’s law (Equation 8.10) terminal 
velocity was calculated (Stokes, 1901): 
 
w
owp
o
gd
u

 

2
18
1
 
8.10 
Where, ρw is the water solution density (kgm-3) calculated from OLI-3 software, ρo is the Lamp 
oil density obtained from the safety data sheet, µw is the water dynamic viscosity kgm
-1.s-1 
obtained from OLI-3 software, g is the gravitational force (ms-1), dp the equivalent oil droplet 
size diameter (m). 
Plastic cuvette of 0.05 m height (h) was used for sampling, assuming the sample is full with 
liquid then the time (t) needed for oil droplet to reach the surface and begin to coalescence is 
shown as: 
ou
h
t 
 
8.11 
From above, h = 0.05, then t is calculated as: 
ou
t
05.0

 
8.12 
The volume of the particular droplet size range (vi) is calculated using the total number of 
counts from the coulter counter: 
counts ofnumber 
3
4 3  rvi 
 
8.13 
8.3 Mathematical model  
For Re modification:  
η
ρud
Re h
 
8.14 
Where,  
A
Q
u 
 
8.15 
 
 
The area A is defined as: 
4
πd
A
2
i
 
8.16 
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Thus, Q becomes: 
4
uπd
Q
2
i
 
8.17 
Which can be substitute for u: 
 2out2shell Nddπ
4Q
u


 
8.18 
 
Substitute Equation 8.18 into 8.14 leads to the modified Re equation as in Chapter 4.  
Table 8.12: z  constant calculated at various packing fractions 
  
Random array 
βz 
0.01 0.373 
0.05 0.436 
0.081*  0.485 
0.1 0.515 
0.2 0.604 
0.3 0.691 
0.4 0.785 
0.45 0.837 
0.5 0.889 
0.6 1.01 
                                                  *Toyobo membrane packing fraction. 
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8.3.1 Results and discussion 
Table 8.13: Membrane no. 3 Jw and Js behavior at varied shell flowrates at 25C in AL-FS 
mode 
Shell flowrate 
(×10-5 m3s-1) 
Jw,exp 
×10-6 m3m-2.s-1 
Feed tank 
TDS 
kgm-3 
Js,model 
 ×10-6  kgm-2.s-1 
0.833 0.522 190 0.557 
1.67 1 2700 1.07 
3.33 1.13 3650 1.21 
5.0 1.15 4500 1.23 
6.67 1.15 4650 1.21 
6.67 1.13 5000 
6.67 0.913 5570 
6.67 0.913 6000 
 
Table 8.14: Membrane no. 2 Jw and Js behavior at varied shell flowrates at 25C in AL-FS 
mode 
Shell flowrate 
(×10-5 m3s-1) 
Jw,exp 
(×10-6 m3m-2.s-1) 
Feed tank 
TDS 
kgm-3 
Js,model 
(×10-6 kgm-2.s-1) 
1.67 1.46 36 1.64 
3.33 1.83 52 2.05 
5 2.04 108 2.29 
6.67 2.17 345 2.45 
 
Table 8.15: Concentration behavior when using 29.2 kgm-3 draw and 2 kgm-3 feed solutions 
at 25 °C in AL-FS mode. 
Shell flowrate 
(×10-5 m3s-1) 
CF,m 
kgm-3  
Ci 
kgm-3  
CD,m 
kgm-3 
Js,model 
(×10-6 kgm-2.s-1) 
1.67 2.55 12.4 27.2 2.04 
3.33 2.5 13.4 26.9 2.35 
5 2.49 14.4 26.7 2.62 
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Table 8.16: FO water permeation response to shell mass transfer coefficient (kF) and 
osmotic pressure difference (at AL-FS mode and 25 °C solutions) 
π 
(bar) 
kF 
(×10-6 ms-1) 
Jw,exp 
(×10-6 m3m-2.s-1) 
21.7 7.41 1.81 
21.7 9.31 2.09 
21.7 10.6 2.33 
46.9 7.41 2.35 
46.9 11.7 2.83 
74.6 7.41 2.48 
74.6 9.31 2.98 
74.6 11.7 3.22 
 
Table 8.17: Effect of packing fraction, hydraulic diameter and Re on the membrane shell 
mass transfer coefficient (in AL-FS mode). 
  dh  Re 
kF 
(×10-6 ms-1) 
0.081 0.00179 273 7.44 
0.0203 0.00526 753 5.05 
0.0101 0.00752 1070 4.45 
0.122 0.0012 191 8.65 
0.162 8.80×10-4 147 9.76 
0.203 6.81×10-4 120 10.8 
0.304 4.05×10-4 81.7 13.5 
0.324 3.70×10-4 76.8 14.1 
0.405 2.63×10-4 61.9 16.5 
0.446 2.23×10-4 56.5 17.8 
0.466 2.06×10-4 54.1 18.6 
0.506 1.75×10-4 49.9 20.1 
0.567 1.38×10-4 44.7 22.8 
0.608 1.17×10-4 41.8 24.9 
0.709 74.5×10-4 35.9 32.0 
0.81 42.6×10-4 31.5 44.6 
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Table 8.18: Influence of fibre length on the shell mass transfer coefficient 
L (m) dhL
-1 Sh 
kF 
(×10-6 ms-1) 
change 
% 
0.1 0.0178 11.9 10.3 22.8 
0.2 0.00890 9.45 8.23 13.36 
0.3 0.00593 8.26 7.20 9.49 
0.4 0.00445 7.52 6.55 7.36 
0.5 0.00356 6.98 6.08 6.01 
0.6 0.00297 6.57 5.73 5.09 
0.7 0.00254 6.25 5.44 4.41 
0.8 0.00223 5.98 5.21 3.89 
0.9 0.00198 5.75 5.01 3.48 
 
Table 8.19: Comparison between this works Sh results using Equation 4.28 and literature 
Sh. 
Re 
Prasad et 
al 
Yang et al 
Viegas et 
al 
Dahuron 
and 
Cussler 
Costello et 
al 
This work 
Equation 
4.28 
272 8.12 17.2 29.7 2.95 24.5 8.5 
543 12.3 32.8 49.6 3.71 35.4 10.7 
815 15.7 47.8 66.9 4.24 43.9 12.3 
136 5.36 9.04 17.8 2.35 17 6.8 
272 8.12 17.2 29.7 2.95 24.5 8.54 
136 5.36 9.04 17.8 2.35 17 6.8 
27.2 2.04 2.02 5.4 1.38 7.23 4 
1.09×103 18.6 62.5 82.8 4.66 51.1 13.5 
272 8.12 17.2 29.7 2.95 24.5 8.54 
543 12.3 32.8 49.6 3.71 35.4 10.7 
1.09×103 18.6 62.5 82.8 4.66 51.1 13.5 
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Table 8.20: Influence of solution hydrodynamic and osmotic pressure on the shell mass 
transfer coefficient 
Reshell 
kF at shell π =1.61 bar 
(×10-6 ms-1) 
kF at shell π =1.61 bar 
(×10-6 ms-1) 
272 7.41 7.30 
543 9.31 9.17 
815 10.6 10.5 
1090 11.7 11.5 
 
8.3.2 Ion diffusion analysis  
Table 8.21: FO feed (F) and filtrate-permeate- (P) ion analysis using IC5000. Filtrate 
obtained at exerted pressure of 0 bar (g) shell and 0.7 bar fibre side, in AL-FS mode 
and 25 °C after 1 hour test. 
F 0 Bar F 0 Bar F 0 Bar F 0 Bar F 0 Bar 
Na  Mg  Ca  Cl  SO4  
Q (×10-
5)m3s-1 
Cont. 
(kgm-
3) 
Q 
(×10-
5)m3s-1 
Cont. 
(kgm-
3 ) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3 ) 
Q 
(×10-
5)m3s-1 
Cont. 
(kgm-
3) 
Q(×10-
5) m3s-
1 
Cont. 
(kgm-
3 ) 
1.67 3.35 1.67 0.101 1.67 0.828 1.67 4.86 1.67 0.796 
3.33 6.48 3.33 0.262 3.33 0.677 3.33 2.05 3.33 1.059 
5.0 3.68 5.0 0.074 5.0 0.687 5.0 2.52 5.0 1.45 
6.67 4.14 6.67 0.073 6.67 0.818 6.67 4.98 6.67 1.15 
          
P 0 Bar P 0 Bar P 0 Bar P 0 Bar P 0 Bar 
Na  Mg  Ca  Cl  SO4  
Q(×10-5) 
m3s-1 
Cont. 
(kgm-3 
) 
Q(×10-
5) m3s-
1 
Cont. 
(kgm-
3 ) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3 ) 
Q(×10-
5) m3s-
1 
Cont. 
(kgm-
3 ) 
Q(×10-
5) m3s-
1 
Cont. 
(kgm-
3 ) 
1.67 12.2 1.67 0.120 1.67 1.61 1.67 9.19 1.67 0.441 
3.33 12.7 3.33 0.104 3.33 1.41 3.33 10.7 3.33 0.049 
5.0 7.75 5.0 0.175 5.0 1.30 5.0 12.8 5.0 0.049 
6.67 6.61 6.67 0.467 6.67 1.28 6.67 7.68 6.67 0.294 
 
 
 
 
 277 
 
 
Table 8.22: FO feed (F) and filtrate –permeate- (P) ion analysis using IC5000. Filtrate 
resultant from applied pressure of 1 bar (g) shell and 0.7 bar fibre side, in AL-FS 
mode and 25 °C after 1 hour test. 
F 1 Bar F 1 Bar F 1 Bar F 1 Bar F 1 Bar 
Na  Mg  Ca  Cl  SO4  
Q 
(×10-
5)m3s-1 
Cont. 
(kgm-
3 ) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3 ) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3) 
1.67 3.50 1.67 0.09 1.67 0.62 1.67 4.35 1.67 2.93 
3.33 5.04 3.33 0.18 3.33 0.93 3.33 7.46 3.33 0.862 
5.0 3.63 5.0 0.11 5.0 0.75 5.0 4.42 5.0 2.77 
6.67 2.96 6.67 0.08 6.67 0.42 6.67 5.17 6.67 1.27 
          
P 
bar 
1 P 1 P 1 P 1 P 1 
Na  Mg  Ca  Cl  SO4  
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3 ) 
Q 
(×10-
5)m3s-1 
Cont. 
(kgm-
3) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3 ) 
Q(×10-
5) m3s-1 
Cont. 
(kgm-
3 ) 
Q 
(×10-
5)m3s-1 
Cont. 
(kgm-
3) 
1.67 
6.40 
1.67 
0.43 
1.67 
1.39 
1.67 
14.42 
1.67 
0.318 
3.33 6.33 3.33 0.45 3.33 1.29 3.33 14.48 3.33 0.0368 
5.0 6.57 5.0 0.49 5.0 1.37 5.0 9.22 5.0 0.0049 
6.67 6.92 6.67 0.44 6.67 1.24 6.67 8.69 6.67 0.098 
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Table 8.23: FO feed (F) and filtrate –permeate- (P) ion analysis using IC5000. Filtrate 
resultant from applied pressure of at 2 bar (g) shell and 0.7 bar fibre side, in AL-FS 
mode and 25 °C after 1 hour test. 
F 2 Bar F 2 Bar F 2 Bar F 2 Bar F 2 Bar 
Na  Mg  Ca  Cl  SO4  
Q 
×10-5 
m3s1  
Cont. 
(kgm-3 ) 
Q 
 m3s-1  
Cont. 
(kgm-3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
1.67  3.030 1.67  0.079 1.67  0.522 1.67  4.589 1.67  3.069 
3.33  3.337 3.33  0.125 3.33  0.707 3.33  4.218 3.33  2.873 
5.0  3.165 5.0  0.091 5.0  0.650 5.0  3.283 5.0  1.672 
6.67  3.082 6.67  0.093 6.67  0.613 6.67  4.861 6.67  1.696 
          
P 2 Bar P 2 Bar P 2 Bar P 2 Bar P 2 Bar 
Na  Mg  Ca  Cl  SO4  
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 ) 
Q  
×10-5 
m3s-1   
Cont. 
(kgm-3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
1.67  4.058 1.67  0.087 1.67  1.073 1.67  12.410 1.67  1.000 
3.33  3.057 3.33  0.125 3.33  0.838 3.33   10.268 3.33  0.956 
5.0  4.569 5.0  0.249 5.0  0.999 5.0  11.080 5.0  0.025 
6.67  4.787 6.67  0.213 6.67  1.227 6.67  7.977 6.67  0.123 
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Table 8.24: FO feed (F) and filtrate –permeate- (P) ion analysis using IC5000. Filtrate 
resultant from applied pressure of at 3 bar (g) shell and 0.7 bar fibre side, in AL-FS 
mode and 25 °C after 1 hour test. 
F 3 Bar F 3 Bar F 3 Bar F 3 Bar F 3 Bar 
Na  Mg  Ca  Cl  SO4  
Q ×10-
5 m3s-1  
Cont. 
(kgm-
3 ) 
Q ×10-
5 m3s-1  
Cont. 
(kgm-3 
) 
Q ×10-
5  m3s-1  
Cont. 
(kgm-
3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q ×10-
5 m3s-1  
Cont. 
(kgm-3 ) 
1.67 3.365 1.67 0.056 1.67 0.492 1.67  3.276 1.67 2.664 
3.33 4.176 3.33 0.072 3.33 0.850 3.33  2.837 3.33 1.574 
5.0 3.376 5.0 0.088 5.0 0.593 5.0  3.277 5.0 2.358 
6.67 3.307 6.67 0.101 6.67 0.752 6.67  3.595 6.67 2.652 
P 3 Bar P 3 Bar P 3 Bar P 3 Bar P 3 Bar 
Na  Mg  Ca  Cl  SO4  
Q ×10-
5 m3s-1  
Cont. 
(kgm-
3 ) 
Q ×10-
5 m3s-1  
Cont. 
(kgm-3 
) 
Q ×10-
5 m3s-1  
Cont. 
(kgm-
3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q ×10-
5 m3s-1  
Cont. 
(kgm-3 ) 
1.67 5.407 1.67 0.281 1.67 0.943 1.67  10.300 1.67 1.275 
3.33 4.617 3.33 0.092 3.33 1.034 3.33  9.815 3.33 0.588 
5.0 6.601 5.0 0.421 5.0 1.117 5.0  7.660 5.0 1.017 
6.67 7.174 6.67 0.273 6.67 1.216 6.67  11.228 6.67 0.833 
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Table 8.25: FO feed (F) and filtrate –permeate- (P) ion analysis using IC5000. Filtrate 
resultant from applied pressure of at 4 bar (g) shell and 0.7 bar fibre side, in AL-FS 
mode and 25 °C after 1 hour test. 
F ions 4 Bar F ions 4 Bar F ions 4 Bar F 4 Bar F ions 4 Bar 
Na  Mg  Ca  Cl  SO4  
Q ×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q ×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q 
 ×10-5 
m3s-1  
Cont. 
(kgm-
3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-
3 ) 
Q 
 ×10-5 
m3s-1  
Cont. 
(kgm-
3 ) 
1.67 3.15 1.67 0.113 1.67 0.859 1.67  3.146 1.67 1.61 
3.33 4.15 3.33 0.153 3.33 0.677 3.33  3.073 3.33 1.69 
5.0 4.13 5.0 0.072 5.0 0.859 5.0  3.289 5.0 2.08 
6.67 3.75 6.67 0.106 6.67 0.738 6.67  3.311 6.67 2.07 
P 4 Bar P 4 Bar P 4 Bar P 4 Bar P 4 Bar 
Na  Mg  Ca  Cl  SO4  
Q ×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q  
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q  
×10-5 
m3s-1  
Cont. 
(kgm-
3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-
3 ) 
Q  
×10-5 
m3s-1  
Cont. 
(kgm-
3 ) 
1.67 4.83 1.67 0.211 1.67 1.12 1.67  10.3 1.67 0.319 
3.33 4.61 3.33 0.164 3.33 0.756 3.33  8.42 3.33 0.326 
5.0 5.31 5.0 0.250 5.0 1.110 5.0  7.682 5.0 0.049 
6.67 5.88 6.67 0.356 6.67 1.200 6.67  7.39 6.67 0.025 
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Table 8.26: FO feed (F) and filtrate –permeate- (P) ion analysis using IC5000. Filtrate 
resultant from applied pressure of at 5 bar (g) shell and 0.7 bar fibre side, in AL-FS 
mode and 25 °C after 1 hour test. 
F 5 bar F 5 bar F 5 Bar F 5 Bar F 5 Bar 
Na  Mg  Ca  Cl  SO4  
Q ×10-
5 m3s-1  
Cont. 
(kgm-
3 ) 
Q ×10-
5 m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 ) 
1.67 2.61 1.67  0.074 1.67  0.433 1.67  2.999 1.67  1.78 
3.33 3.74 3.33  0.063 3.33  0.727 3.33  3.650 3.33  2.18 
5.0 2.53 5.0  0.102 5.0  0.468 5.0  3.172 5.0  1.89 
6.67 2.86 6.67  0.072 6.67  0.446 6.67  2.881 6.67  1.73 
          
P 5 bar P 5 bar P 5 bar P 5 Bar P 5 Bar 
Na  Mg  Ca  Cl  SO4  
Q  
×10-5 
m3s-1  
Cont. 
(kgm-
3 ) 
Q ×10-
5 m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 ) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 
) 
Q 
×10-5 
m3s-1  
Cont. 
(kgm-3 ) 
1.67 7.30 1.67  0.099 1.67  1.18 1.67  12.55 1.67  0.255 
3.33 3.19 3.33  0.083 3.33  0.569 3.33  7.830 3.33  0.059 
5.0 4.85 5.0 0.089 5.0  1.06 5.0  5.98 5.0  0.325 
6.67 3.92 6.67 0.124 6.67  0.865 6.67  -2.95 6.67  -1.42 
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Table 8.27: 

3HCO  concentration analysis in feed solution using Metrohm 848 Titrino plus. 
For AL-FS mode at 25 °C after 1 hour test. 
Sample 
HCL 
(mL) 
dose 
HCO3 
Conct. 
(kgm-3 
) 
Q1F0bar 11.7 0.149 
Q2F0bar 12.8 0.163 
Q3F0bar 10.7 0.137 
Q1F1bar 11.3 0.143 
Q2F1bar 13.7 0.174 
Q3F1bar 7.45 0.152 
Q4F1bar 11.4 0.144 
Q1F2bar 3.55 0.197 
Q2F2bar 3.62 0.187 
Q3F2bar 11.2 0.142 
Q4F2bar 10.9 0.139 
Q1F3bar 11.1 0.144 
Q2F3bar 2.60 0.134 
Q3F3bar 12.2 0.161 
Q4F3bar 3.68 0.166 
Q1F4bar 12.6 0.160 
Q2F4bar 11.7 0.148 
Q3F4bar 12.4 0.158 
Q4F4bar 11.2 0.143 
Q1F5bar 11.2 0.142 
Q2F5bar 3.68 0.168 
Q3F5bar 9.64 0.122 
Q4F5bar 3.77 0.177 
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Table 8.28:  

3HCO  concentration in AL-FS filtrate analysis using Metrohm 848 Titrino 
plus. At 25 °C after 1 hour test.  
Sample 
HCL 
(mL) 
dose 
HCO3 
conct. 
(kgm-3 ) 
Q1P0bar 11.70 0.149 
Q2P0bar 9.87 0.125 
Q3P0bar 9.38 0.119 
Q3P0bar 7.00 0.099 
Q1P1bar 10.47 0.133 
Q2P1bar 11.89 0.151 
Q3P1bar 10.89 0.138 
Q4P1bar 8.10 0.103 
Q1P2bar 2.82 0.146 
Q2P2bar 2.67 0.148 
Q3P2bar 8.69 0.110 
Q4P2bar 8.99 0.114 
Q1P3bar 7.74 0.098 
Q2P3bar 2.35 0.106 
Q3P3bar 2.10 0.107 
Q4P3bar 2.22 0.115 
Q1P4bar 9.77 0.124 
Q2P4bar 9.60 0.122 
Q3P4bar 7.31 0.093 
Q4P4bar 7.28 0.091 
Q1P5bar 10.44 0.133 
Q2P5bar 9.13 0.116 
Q3P5bar 8.90 0.113 
Q4P5bar 10.51 0.134 
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8.3.3 Effect of oil in water in the membrane performance 
To investigate the oil particle size and distribution, a calibrator solution of 20 µm latex beads 
was initially tested in the Coulter counter, to check the validity for the current instrument’s 
calibration. From Table 8.29, Figure 8.6 demonstrates the size distribution for used calibrator: 
 
Table 8.29: Coulter counter calibration using Latex beads of 20 μm 
do size 
range 
(µm) 
Average 
do 
Counts Vi  (µm
3) 
Total 
volume 
(Vf ) % 
10-15 12.5 32 261799.4 1.37 
15-20 17.5 759 17039016.8 89.45 
20-30 25 13 850848.0 4.47 
30-40 35 5 897971.9 4.71 
40-50 45 0 0 0 
 Total 36292 19049636 100 
 
 
Figure 8.6: Size distribution for 20 µm Latex Beads using Coulter counter Z2  
To confirm above graph, after analysing draw solution sample, using coulter counter Z2, 
results in Table 5.24 exhibits the  results  as in the below Figure: 
 285 
 
 
Figure 8.7: Droplet size distribution vs the volume fraction (sample collected from the 
draw solution tank with 1 kgm-3 OiW concentration) 
Table 8.30: Droplet oil analysis U/S the membrane using Coulter counter 
dp size 
range 
(µm) 
Average dp Counts Vi  (µm
3) 
Total 
volume 
(Vf ) % 
10-15 12.5 8229 67323348.8 39.2 
15-20 17.5 1554 34886208.3 20.3 
20-30 25 768 50265482.5 29.3 
30-40 35 97 17420654.9 10.1 
40-50 45 5 1908517.5 1.11 
50-60 55 0 0 0 
Total  10653 171804212 100 
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Table 8.31: Droplet oil analysis D/S the membrane using Coulter counter 
dp size 
range 
(µm) 
Average dp Counts Vi  (µm
3) 
Total 
volume 
(Vf ) % 
10-15 12.5 5553 45430375.01 27.8 
15-20 17.5 1427 32035147.54 19.6 
20-30 25 1150 75267323.99 46.1 
30-40 35 48 8620530.241 5.28 
40-50 45 5 1908517.537 1.16 
Total  8183 163261894 100 
 
8.3.4 UV/VIS calibration and calculations 
Figure 8.8 below indicates that at 268–270 nm most of the samples peak at this range. At auto-
zero (the unit was in calibration with hexane sample) a green vertical line was indicated at 225 
nm, as a threshold limit for the investigated sample.  
 
 
Figure 8.8: UV/IS calibration using Hexane at various wavelength  
However, the above Figure depicts high absorbance readings, which might be due to sample 
preparation. Therefore, the calibration repeated after preparing new samples to reduce the 
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experimental error. For the sake of accuracy, another method was used in order to determine 
the appropriate wavelength to measure the absorbance at just one wavelength set point. This 
method depends on manually adjusting the wavelength, and eventually find out the best fit. 
Figure 8.9 depicts the measurement of absorbance using three wavelength readings. 
 
Figure 8.9: Fast-Hex UV/IS spectrometer calibration curve for Hexane-lamp oil 
solution using adjusTable wavelength  
Figure 8.9 shows at 268 nm, the wavelength produced better linear fit than other wavelengths. 
To double-check the above calibration curve, the same samples were analysed using the same 
method of Figure 8.8, and Figure 8.10 depicts the results. 
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Figure 8.10: Absorbance reading using Hexane-lamp oil solution at about 268 nm 
wavelength.  
The same wavelength at 268-270nm occurred again to produce the peak values for the same 
samples. 
So, a wavelength of 270 nm was used to read the absorbance of the samples. For each 
wavelength detection, three readings were recorded, and accordingly, the mean and standard 
error were calculated based on the following: 
x
n
1i i
n
x
x
  
 
8.19 
Where, xi is the absorbance value (Abs#1, 2 and 3 as in Table 8.32 (Appendix A)), nx is the 
number of x readings.  
To estimate sample standard deviation (Sd): 
1n
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x
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8.20 
Standard error (SE) was estimated based on the following Equation: 
x
d
n
S
SE 
 
8.21 
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Table 8.32: Lamb oil/Hexane calibration readings at 268 nm wavelength using UV/VIS meter. 
Oil in Hexane 
conct. (×10-3 
kgm-3 ) 
Abs #1 Abs #2 Abs# 3 (λ=268 nm) SE (%) Mean Abs# S SE % 
0 0.002 0 0.001 0.001 0.058 0.001 0.001 0.058 
3.95 0.0198 0.0203 0.0193 0.0198 0.029 0.0198 0.0005 0.0289 
10.27 0.0218 0.0232 0.0364 0.0271 0.465 0.0271 0.00806 0.465 
50.56 0.0579 0.0591 0.0562 0.0577 0.084 0.0577 0.00146 0.0841 
102.7 0.0974 0.0979 0.0976 0.0976 0.015 0.0976 0.00025 0.0145 
276.5 0.233 0.212 0.224 0.2231 0.605 0.223 0.01048 0.605 
497.7 0.398 0.379 0.392 0.39 0.567 0.390 0.00982 0.566 
1019.1 0.727 0.709 0.755 0.730 1.34 0.730 0.02318 1.33 
 
Table 8.33: Water flux deterioration over time as a function of solutions salinity and OiW concentration. 
Time 
(h) 
Jw at 94 kgm
-3  
(Lm-2.h-1) 
Time  
(h) 
Jw at 100 ppm OiW 
(Lm-2.h-1)  
Time 
(h) 
Jw at 144 g/L 
(Lm-2.h-1) 
Time 
(h) 
Jw at 1000 ppm OiW 
(Lm-2.h-1) 
0.25 2.75 1 3.07 0.167 2.82 1 2.79 
1 2.18 12 2.32 15 1.36 12 1.88 
3 2.08 24 2.29 16 1.25 24 1.58 
5.5 2.03 36 2.28 18 1.41 36 1.56 
7 2 48 2.25 20.5 1.41 48 1.33 
23.1 1.97 60 1.98 22.5 1.13   
24 1.32 72 1.93 24 1.1   
  84 1.83     
  96 1.64     
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8.3.5 ScaleChem data  
8.3.5.1 Re-injection of 94 kgm-3 co-produced water  
Surface and subsurface scaling Tendencies. 
Table 8.34: Surface and subsurface scaling Tendencies during the re-injection of co-
produced water (94.4 kgm-3 ) 
Locations 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) Pre-
scaling 
tendency 
Temp P 
     °C bar 
Stock 
tank 
8.65 6.46 0.0667 0.0597 40 1.013 
Pump 8.15 6.12 0.0648 0.0572 42 35.5 
Choke 8.72 6.53 0.0687 0.0594 42 2.96 
Wellhead 8.72 6.53 0.0687 0.0594 42 2.96 
Midwell 9.84 7.49 0.0916 0.0574 60.8 11.2 
Downhole 9.79 7.48 0.0937 0.0561 64 27.69 
Reservoir 10.23 7.86 0.1020 0.0553 70 32.34 
 
Table 8.35: Surface-solid precipitation during the re-injection of co-produced water 
Locations 
CaCO3 
(Calcite) 
- Sol 
Temp P 
 ×10
-3 
kgm-3  
°C bar 
Stock 
tank 
77.6 40.0 1.03 
Pump 76.6 42.0 35.5 
Choke 78.7 42.0 2.960 
Wellhead 78.7 42.0 2.960 
Midwell 90.7 60.9 11.2 
Downhole 91.9 64.0 27.7 
Reservoir 95.5 70.0 32.3 
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Table 8.36: Oil reservoir ST during the re-injection of the co-produced water 
Saturated 
formation 
brine ratio 
CaCO3 
(Calcite) 
Pre-scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) 
Pre-scaling 
tendency 
pH 
Ionic 
Strength 
- 
Liquid-
1 
      molkg-1 
1 1.01 0.777 1.01 0.548 5.99 1.96 
0.8 1.85 1.42 0.826 0.448 6.16 1.96 
0.6 3.10 2.38 0.642 0.348 6.31 1.95 
0.4 4.88 3.75 0.460 0.249 6.46 1.95 
0.2 7.25 5.57 0.280 0.152 6.59 1.94 
0 10.23 7.86 0.102 0.055 6.72 1.94 
 
8.3.5.2 Mixing water injection  
Table 8.37: Surface and subsurface scaling Tendencies during the injection of mixing 
waters (brackish water and co-produced water in 40:60%, respectively) 
Locations 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) 
Pre-scaling 
tendency 
Temp. P 
     °C bar 
Tank 7.23 5.40 0.417 0.399 40 1 
Pump 6.83 5.13 0.407 0.383 42 35.5 
Choke 7.31 5.47 0.431 0.398 42 2.96 
Wellhead 7.31 5.47 0.431 0.398 42 2.96 
Midwell 8.53 6.50 0.605 0.404 60.79 11.15 
Downhole 8.54 6.53 0.625 0.399 64 27.69 
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Table 8.38: Solid precipitation during the injection of mixed water (brackish water and 
co-produced water) 
Locations 
CaCO3 
(Calcite) 
- Sol 
Temp P 
 ×10
-3 
kgm-3  
°C bar 
Tank 54.7 40 1 
Pump 53.8 42 35.5 
Choke 55.8 42 2.96 
Wellhead 55.8 42 2.96 
Midwell 69.08 60.8 11.2 
Downhole 70.6 64 27.7 
 
Table 8.39: Scaling Tendency at the reservoir condition during the injection of mixing 
water 
Formation 
water ions 
Ratio 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) 
Pre-scaling 
tendency 
Ionic 
Strength - 
Liquid-1 
     molkg-1 
1 10.2 7.86 0.102 0.055 1.94 
0.8 10.3 7.90 0.287 0.158 1.72 
0.6 10.3 7.88 0.445 0.248 1.50 
0.4 10.1 7.77 0.573 0.324 1.28 
0.2 9.75 7.49 0.664 0.379 1.07 
0 9.03 6.94 0.697 0.403 0.86 
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8.3.5.3 Injection of 144 kgm-3 co-produced water 
Table 8.40: Surface and subsurface ST during the injection of 144 kgm-3co-produced 
water 
Locations 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
FeCO3 
(Siderite) 
Pre-
scaling 
tendency 
BaSO4 
(Barite) 
Pre-
scaling 
tendency 
SrCO3 
(Strontianite) 
Pre-scaling 
tendency 
Temp P 
      °C bar 
Stock 
tank 
13.9 7.75 2.61 1.94 1.19 40 1.01 
Pump 13.9 8.15 2.75 1.88 1.09 42 35.5 
Choke 14.3 8.22 2.77 1.83 1.17 42 2.96 
Wellhead 14.3 8.22 2.77 1.83 1.172 42 2.96 
Midwell 19.6 13.3 4.51 1.10 1.036 60.8 11.2 
Downhole 20.6 14.3 4.85 1.04 0.994 64 27.7 
 
Table 8.41: Solid precipitation during the injection of 144 kgm-3co-produced water 
Locations 
CaCO3 
(Calcite) - 
Sol 
SrSO4 
(Celestine 
(celestite)) 
- Sol 
BaSO4 
(Barite) - Sol 
Temp P 
 ×10
-3 
kgm-3  
×10-3 kgm-3  ×10-3 kgm-3  °C bar 
Stock 
tank 
96.5 81.1 1.9 40 1.0 
Pump 101.2 40.9 2.0 42 35.5 
Choke 99.4 73.4 1.8 42 3.0 
Wellhead 99.4 73.4 1.8 42 3.0 
Midwell 124.9 17.4 0.3 60.8 11.2 
Downhole 130.1 0 0.2 64 27.7 
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Table 8.42: Formation ST during the injection of 144 kgm-3 into a reservoir of 94.4 
kgm-3  
Formation   
ions Ratio 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
FeCO3 
(Siderite) 
Pre-
scaling 
tendency 
SrCO3 
(Strontianite) 
Pre-scaling 
tendency 
SrSO4 
(Celestine 
(celestite)) 
Pre-
scaling 
tendency 
Ionic 
Strength - 
Liquid-1 
      molkg-1 
1 10.7 7.48 0.000 0.000 0.000 1.94 
0.8 12.1 8.49 0.839 0.120 0.110 2.14 
0.6 13.8 9.64 1.72 0.293 0.272 2.34 
0.4 15.7 11.00 2.67 0.506 0.475 2.54 
0.2 18.1 12.6 3.73 0.752 0.714 2.74 
0 20.9 14.6 4.95 1.023 0.984 2.94 
 
8.3.5.4 LowSal water injection at 0 bar and 6.67×10-5 m3s-1  
Table 8.43: Scaling tendency during the injection of FO filtrate of 0 bar and  
6.67×10-5 m3s-1  
Locations 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite
) Pre-
scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) Pre-
scaling 
tendency 
Temp P 
     °C bar 
Tank 4.53 3.38 0.678 0.115 0.112 40 
Pump 4.28 3.21 0.664 0.112 0.108 42 
Choke 4.58 3.43 0.666 0.119 0.112 42 
Wellhead 4.58 3.43 0.666 0.119 0.112 42 
Midwell 5.37 4.08 0.563 0.169 0.115 60.8 
Downhole 5.37 4.11 0.547 0.175 0.115 64 
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Table 8.44: Solid precipitation during the injection of FO filtrate of 0 bar and 6.67×10-5 
m3s-1  
Locations 
CaCO3 
(Calcite) 
- Sol 
Temp P 
 mgL-1 °C bar 
Tank 23.5 40 1 
Pump 22.9 42 35.5 
Choke 24.1 42 2.96 
Wellhead 24.1 42 2.96 
Midwell 31.9 60.8 11.2 
Downhole 32.8 64 27.7 
 
Table 8.45: Reservoir ST during the injection of FO filtrate of 0 bar and 6.67×10-5 m3s-1  
Formation 
water ion 
ratio 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) 
Pre-scaling 
tendency 
pH 
Ionic 
Strength 
- 
Liquid-
1 
      molkg-1 
1 1.01 0.776 1.01 0.548 5.99 1.96 
0.8 1.32 1.01 0.808 0.447 6.15 1.65 
0.6 1.75 1.34 0.631 0.356 6.33 1.34 
0.4 2.42 1.86 0.474 0.272 6.54 1.04 
0.2 3.56 2.74 0.333 0.194 6.81 0.739 
0 5.72 4.39 0.198 0.118 7.20 0.445 
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8.3.5.5 Injection of FO filtrate of 2 bar and 3.33×10-5 m3s-1  
Table 8.46: Scaling tendency during the injection of FO filtrate of 2 bar and 
3.33×10-5 m3s-1  
Locations 
(Calcite) 
Pre-scaling 
tendency 
(Aragonite) 
Pre-scaling 
tendency 
(Anhydrite) 
Pre-scaling 
tendency 
(Gypsum) 
Pre-scaling 
tendency 
Temp P 
     °C bar 
Tank 3.54 2.64 0.681 0.019 0.019 40 
Pump 3.35 2.51 0.668 0.019 0.018 42 
Choke 3.58 2.68 0.669 0.020 0.019 42 
Wellhead 3.58 2.68 0.669 0.020 0.019 42 
Midwell 4.24 3.23 0.566 0.029 0.020 60.8 
Downhole 4.25 3.25 0.550 0.030 0.020 64 
 
Table 8.47: Solid precipitation during the injection of FO filtrate of 2 bar and  
3.33×10-5 m3s-1  
Locations 
CaCO3 
(Calcite) 
- Sol 
Temp P 
 ×10
-3 
kgm-3  
°C bar 
Tank 23.1 40 1 
Pump 22.6 42 35.5 
Choke 23.8 42 2.96 
Wellhead 23.8 42 2.96 
Midwell 32.0 60.8 11.2 
Downhole 33.0 64 27.69 
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Table 8.48: Oil reservoir ST during the injection of FO filtrate of 2 bar and  3.33×10-5 m3s-
1  
formation 
brine ion 
Ratio 
CaCO3 
(Calcite) 
Pre-
scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) 
Pre-scaling 
tendency 
pH 
Ionic 
Strength 
- 
Liquid-
1 
      molkg-1 
1 1.01 0.777 1.01 0.548 5.99 1.96 
0.8 1.38 1.06 0.932 0.516 6.16 1.63 
0.6 1.90 1.46 0.860 0.486 6.35 1.30 
0.4 2.67 2.05 0.791 0.455 6.58 0.974 
0.2 3.89 2.99 0.709 0.415 6.86 0.655 
0 5.75 4.42 0.531 0.316 7.31 0.344 
8.3.5.6 Injection of FO filtrate of 5 bar and 3.33×10-5 m3s-1  
Table 8.49: Scaling Tendency during the injection of FO filtrate of 5 bar and 3.33×10-5 m3s-
1  
Locations 
CaCO3 
(Calcite) 
Pre-scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) 
Pre-scaling 
tendency 
Temp P 
     °C bar 
Tank 3.54 2.64 0.0193 0.0191 40 1 
Pump 3.35 2.51 0.0189 0.0184 42 35.5 
Choke 3.58 2.68 0.0200 0.0191 42 2.96 
Wellhead 3.58 2.68 0.0200 0.0191 42 2.96 
Midwell 4.24 3.23 0.0290 0.0200 60.8 11.2 
Downhole 4.29 3.28 0.031 0.020 64.00 27.69 
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Table 8.50: Solid precipitation during the injection of FO filtrate of 5 bar and 3.33×10-5 
m3s-1  
Locations 
CaCO3 
(Calcite) - 
Sol 
Temp P 
 mgL-1 °C bar 
Tank 14.2 40 1 
Pump 13.8 42 35.5 
Choke 14.7 42 2.96 
Wellhead 14.7 42 2.96 
Midwell 20.7 60.8 11.2 
Downhole 21.5 64 27.7 
 
Table 8.51: Reservoir ST during the injection of FO filtrate of 5 bar and 3.33×10-5 m3s-1  
Formation 
water ions 
Ratio 
CaCO3 
(Calcite) 
Pre-scaling 
tendency 
CaCO3 
(Aragonite) 
Pre-scaling 
tendency 
CaSO4 
(Anhydrite) 
Pre-scaling 
tendency 
CaSO4.2H2O 
(Gypsum) 
Pre-scaling 
tendency 
Ionic 
Strength - 
Liquid-1 
     molkg-1 
1 1.01 0.777 1.01 0.548 5.99 
0.8 1.23 0.948 0.76 0.420 6.14 
0.6 1.55 1.19 0.54 0.305 6.32 
0.4 2.05 1.58 0.35 0.202 6.53 
0.2 2.94 2.26 0.183 0.108 6.83 
0 4.53 3.48 0.0342 0.0205 7.35 
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Figure 8.11: Pre-scaling tendencies for 94 kgm-3 co-produced water injection 
following the  process pH 
 
 
Figure 8.12: CaSO4 ST during the injection of 144 kgm-3 co-produced water 
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Figure 8.13: DSL results using FO filtrate of 0 bar (g) and 6.67×10-5 m3s-1 , showing the 
scaling potential in the reservoir 
 
 
 
 
 
 
 
 
 
 
 
